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Abstract 
 

Nowadays feedstock cost constitutes one of the biggest contributors for overall biodiesel production 

costs, which causes small margins for profit of biodiesel industrial plants. Hence, it is important to 

develop processes with higher flexibility, regarding quality and availability of feedstocks for biodiesel 

production.  

This project studied the concept of a generic process plant where a range of feedstocks can be used 

in the same plant, via flexible modular process design. The combination of Crude Palm Oil (CPO) and 

Palm Fatty Acid Distillate (PFAD) in a flexible enzyme-catalyzed process has been assessed. Using a 

process simulation software – SuperPro Designer® - the main technical and economical differences in 

the process performance for each feedstock have been evaluated.  

Simulation results show that the differences in PFAD’s critical parameters, namely its composition and 

its melting point, cause a significant reduction in the volumetric efficiency of the reactor when using 

this feedstock. Annual biodiesel production is approximately 42% lower if using PFAD in the process 

and annual glycerol production is approximately 90% lower.  

 

 

Keywords : Flexible process; Process simulation; Enzymatic biodiesel; crude palm oil; palm fatty acid 

distillate (PFAD) 

  



 
 

 

  



Resumo 
 

Actualmente o custo da matéria-prima constitui um dos principais contribuintes para o custo total de 

produção de biodiesel, o que gera margens de lucro consideravelmente pequenas para as unidades 

industriais. Deste modo, torna-se importante o desenvolvimento de processos de produção com maior 

flexibilidade no que diz respeito à qualidade e disponibilidade das matérias-primas.  

Este projecto estudou o conceito de um processo genérico, em que uma vasta gama de matérias-

primas pode ser usada na mesma unidade industrial, através do desenvolvimento de um processo 

flexível e modular. Foi avaliada a possível combinação de óleo de palma virgem (não refinado) com 

um destilado de ácidos gordos de palma (Palm Fatty Acid Distillate), que corresponde a um produto 

secundário da refinação do óleo de palma, num processo flexível com um catalisador enzimático. 

Através do software de simulação de processos – SuperPro Designer®- foram avaliadas as principais 

diferenças a nível técnico e económico no desempenho do processo para cada uma das matérias-

primas.  

Os resultados da simulação revelam que as diferenças nos parâmetros críticos do destilado de ácidos 

gordos, nomeadamente na composição e no ponto de fusão, causam uma acentuada redução na 

eficiência volumétrica do reactor quando esta matéria-prima é usada no processo. A produção anual 

de biodiesel é reduzida em aproximadamente 42% quando o destilado de ácidos gordos é escolhido 

como matéria-prima, e a produção anual de glicerol é aproximadamente 90% mais baixa.  

  

 

Palavras-chave : Processo flexível; Simulação de processos; Biodiesel enzimático; Óleo de palma 

não-refinado; Destilado de ácidos gordos de palma (PFAD). 
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1. Introduction 
 

Over the past decades there was an increasing growth in the biodiesel industry. One of the main 

reasons for that is the need to develop alternatives to fossil fuels. The need to decrease the 

dependency on foreign energy supply from fossil fuel resources led to governmental and financial 

incentives which boosted biodiesel production [1], [2]. According to the European Biodiesel Board, 

2.35x104 thousands of tons were produced in the European Union in 2012 with Germany leading with 

5.00x103 thousands of tons produced [3]. 

Biodiesel has a lot of environmental and technical benefits. Regarding the environmental benefits, it 

has reduced emissions of particles, sulfur, carbon monoxide and hydrocarbons [2]; reduced emission 

of greenhouse gas [1]; it is biodegradable [4] and its use in place of conventional fuels would reduce 

the global warming effect [2]. Technically speaking, it has a higher flash point than petroleum diesel, 

which makes it easier to handle, transport and store [5]; it shows an excellent lubricity (resulting from 

the free fatty acids present) which reduces engine wear and therefore prolongs engine life [5] and 

finally, it can be used in the existing transport sector, in contrast with other technologies such as 

hydrogen or electrical vehicles which would require major changes in the sector [1]. 

All these benefits combined with economical benefits result in a worldwide increase in biodiesel 

production. The biodiesel produced is usually blended with petroleum diesel fuel in ratios of 20% 

(labeled as B20); 5% (B5) and 2% (B2) [6], which is used in engines without the need of engine 

modifications. 

However, it also has some drawbacks, namely a lower energy content than diesel fuel [4]. On a weight 

basis the energy level is lower but as biodiesel has a higher density than petroleum diesel, the energy 

content is only 8% lower for biodiesel on a volumetric basis [4]. Several tests showed that the 

efficiency of the conversion of the energy in the fuel into power is the same for biodiesel and 

petroleum diesel. The Brake Specific Fuel Consumption (BSFC) is at least 12.5% higher for biodiesel. 

BSFC is the ratio between the fuel flow rate and the engine’s output power and is used as an indicator 

of fuel economy [4]. Another drawback is the fact that biodiesel is more likely to suffer oxidation than 

diesel. In an advanced stage this oxidation can cause acidification of the fuel and formation of 

insoluble gums and sediments which can plug fuel filters [7]. 

Fuels are produced in a large volume but its value (per volume unit) is low. Petroleum diesel price is 

mainly determined by the price of crude oil. In the same way, biodiesel price is also mostly dependent 

on the cost of feedstocks (including production and transport of feedstocks). 

Currently the high cost of vegetable oils, which are the main type of feedstock used for biodiesel 

production, is jeopardizing the economic viability of many production plants. Many reports have been 

published with an estimation of biodiesel production costs and in all of them feedstock cost constitutes 

up to 70-95 % of total biodiesel production costs [8] [9].  
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This shows how it is important to develop technologies that allow the use of low-quality feedstocks, 

such as waste oils, in a way that is economically viable and profitable.  Besides providing a reduction 

in the biodiesel production cost, using waste oils would avoid the food vs. fuel debate. In October 2012 

the European Union published a proposal to minimize the climate impact of biofuels where it is 

suggested that the amount of food crop-based biofuels that can be countered towards the EU’s 10% 

target for renewable energy in the transport sector by 2020, should be limited to 5%. So, it is essential 

to invest in other types of feedstocks such as waste oils and animal fats.  

As there is a small margin for profit of biodiesel industrial plants (caused by the high prices of the 

feedstock) there is a need for flexibility in biodiesel processes in terms of what feedstock they can use, 

in order to accommodate variations in feedstock quality and availability. 

The design of a multi-feedstock plant that could accept several types of feedstocks, from highly refined 

vegetable oils to waste oils, would improve the overall economy of biodiesel industry. It would ensure 

the production plants’ profitability for a long period of time as the economic viability of the plant would 

not be entirely dependent on the price of a single type of feedstock [10]. 

There are a number of questions that arise when facing the challenge of designing a multi-feedstock 

plant. The necessary unit operations depend on the type of feedstock; the reaction conditions as well 

as the process equipment might also differ according to the feedstock, so it is an enormous task to 

combine all these variables into a single generic process.  

Several scientific papers have been published about transesterification optimization of several 

feedstocks, i.e. castor oil, soybean oil, among others [11], [12], [13], [14], [15], [16]. However, not 

many comparative studies have been published and none of them predict reaction conditions that can 

be applied for several feedstocks. Pinzi et al. 2010, have applied a response surface modeling to 

predict the optimal operations conditions to achieve the highest biodiesel yield in an industrial plant 

using an alkaline catalyst and running with five different feedstocks (sunflower oil, maize oil, olive-

pomace oils, linseed oil and palm oil) [17]. It is still necessary to do a lot of research regarding the 

comparison and combination of different feedstocks.  

Most biodiesel production plants use an alkaline-catalyzed process, which requires highly priced oil 

feedstock. If they use low-quality feedstocks there is the need of an acid-catalyzed pre-esterification 

step to avoid the formation of soaps and catalyst lost. Obviously, this extra step will increase the 

production costs.  

Enzymatic catalysts show several advantages - mild operation conditions; glycerol produced has a 

higher quality-grade; etc. But the most important one is the fact that they are able to esterify both FFA 

and TAG into biodiesel without the formation of soaps. An enzymatic process does not require a pre-

esterification step and it has a higher flexibility regarding the feedstocks quality [1]. This characteristic 

makes enzymatic catalysts an interesting option for a flexible process. 
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2. Scope 
 

In this project, the objective has been to design a generic modular process for enzymatic biodiesel 

production.  

It was chosen to design the process in a modular way, in which the process is organized in different 

modules and each type of feedstock can have different pathways between the modules. Thus, 

different feedstocks might have a different combination of unit operations throughout the entire 

process. 

To support the process design, an extensive literature review (about feedstocks characteristics; 

catalysts options; unit operations and operation conditions; etc.) was made. The different feedstocks 

were grouped and the unit operations necessary for each type of feedstock were identified.  

The project was then focused on a case study- the combination of Crude Palm Oil (CPO) and Palm 

Fatty Acid Distillate (PFAD) in a flexible enzyme-catalyzed process.  PFAD is a by-product of physical 

refining of CPO and therefore considerably cheaper than CPO.  

The goal was to design a generic plant for an annual production of 100,000 tons of biodiesel and 

make an assessment of mass and energy balances, relative efficiency and economics of the process 

running with each feedstock.  
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3. Theoretical Background 
 

3.1 Basics of the transesterification reaction 
 

Biodiesel is a mixture of fatty acid alkyl esters (FAAE) that can be produced from several feedstocks 

as vegetable oils, waste cooking oils or animal fats by a transesterification reaction as represented in 

Figure 1. The triglycerides (TAG) react with an alcohol in the presence of a catalyst to form a mixture 

of alkyl esters and a by-product, glycerol [18]. This reaction occurs stepwise, with mono and 

diglycerides as intermediates.  

 

Figure 1 Transesterification reaction [18].  

The alcohol that is widely used is methanol as it is largely available and is the cheapest one (Brazil is 

the only exception where ethanol is cheaper than methanol) [4]. Hence, in the transesterification 

reaction a mixture of Fatty Acid Methyl Esters (FAME) - term that is commonly used to designate 

biodiesel- is obtained. 

Besides TAG, feedstocks also contain other components, such as Free Fatty Acid (FFA) which might 

react in secondary reactions taking place in the reactor. These secondary reactions are represented in 

Figure 2. 



6 
 

 

Figure 2 Possible reactions in the transesterificat ion reactor. 

In the presence of water, the hydrolysis of alkyl esters may occur to form FFA. Additionally, 

triglycerides can also react with water to form FFA. On the other hand, FFA can be converted into 

FAME in an esterification reaction catalyzed by an acid or an enzyme.  

 

3.2 Catalysts options 
 

Regarding the catalyst, it can be an acid, base or an enzyme. The three options can be used in a 

homogeneous or heterogeneous way [2]. Consequently, there are a lot of different options for the 

catalyst. In Table 1 it is shown a comparison between the different catalysts used for biodiesel 

production. 
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Table 1 Comparison of different catalysts for biodi esel production. 

Variable 

Type of catalyst  

Alkaline Acid Enzymatic 

No catalyst - 

Supercritical 

alcohol 

Heterogeneous 

solid 

Reaction 

temperature (°C) 
55-70 [19] 55-80 [19] 30-40 [19] 200-350 [18] 180-220 [20] 

Reaction time  1-2 h [18] 4-70 h [18] 8-70 h [18] 4-10 min [18] - 

Methanol: Oil 

molar ratio 
6:1 [19] 30:1 [19] 3:1 [19] 42:1 [20] - 

Products from 

FFA 
Soaps [20] Esters [20] Esters [20] Esters [20] Not sensitive [20] 

Water presence 

Interferes 

with 

reaction [20] 

Interferes 

with 

reaction [20] 

Interferes with 

reaction [18] 
-  a) 

Purification  of 

glycerol 
Difficult  [18] Difficult [18] Simple [18] Simple [18] Simple [20] 

Catalyst cost Cheap [20] Cheap [20] 
Relatively 

expensive [20] 
Medium [20] 

Potentially 

cheaper [20] 

a) Water has different effects over different solid catalysts [18]. 

 

3.2.1 Alkaline homogeneous catalysts 

 

In the industry the alkaline homogeneous catalyst is the preferred one. The most common alkaline 

catalysts are potassium hydroxide (KOH) and sodium hydroxide (NaOH) [6]. 

However, the alkaline catalyst reacts with the FFA to form soaps and water (saponification reaction) 

as shown in Equation 1 and Equation 2.  

� − ����

����		���
+	

���

���������	ℎ	�����
	→ 	

� − ����

���������	����
+	��� 

Equation 1  

� − ����

����		���
+	

����

�����	ℎ	�����
	→ 	

� − �����

�����	����
+	��� 

Equation 2  

This saponification reaction raises a lot of problems. First of all, the soaps need to be removed from 

the biodiesel in the biodiesel purification section, namely in the water washing step, which will increase 
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the water consumption and the amount of wastewater produced. Additionally, the soaps inhibit the 

separation between the FAME phase and the glycerol phase. But the biggest problem is that a portion 

of the catalyst will catalyze the saponification reaction instead of the transesterification reaction, which 

will decrease the biodiesel production yield. In order to maintain the same yield, higher catalyst 

consumption will be necessary.  

With a FFA content below ~0.5% the feedstock can enter directly the transesterification step.  

However, if this limit is exceeded there will be an excessive accumulation of soaps and a reduction of 

biodiesel yield.  The amount of extra catalyst necessary to maintain a high biodiesel production yield 

would be too high and it wouldn’t be economically viable to use that amount of catalyst. So a 

pretreatment step to decrease the FFA content is necessary [4].  

If the feedstock has a FFA content between 0.5% and 4%, the catalyst lost for soaps formation is high 

enough to lower the biodiesel production yield, if not compensated by the addition of extra catalyst. In 

these cases FFA can be precipitated as soaps in an alkaline pretreatment step and the feedstock can 

then be subjected to the alkaline transesterification. Feedstocks that are suitable for this approach are 

some crude vegetable oils, as rapeseed crude oil, intermediate grades of animal fats and lightly used 

deep-fat fryer greases.  This approach increases the alkali costs, but converts the FFA to a form that 

can be easily removed and sold to other commercial applications [4]. 

For a FFA content higher than 4% FFA, the alkaline treatment approach is not viable as the alkali 

consumption would be too high and there would be a considerable loss of potential biodiesel to the 

soap fraction [4].  Typically, a pre-esterification step is employed to convert FFA into FAME and water 

as a by-product. The feedstock is then followed to the conventional alkaline transesterification step. 

This pre-esterification step must use an acidic or enzymatic catalyst as alkali catalysts are not very 

efficient catalyzing the FFA esterification and only acids or enzymes are able to esterify FFA into 

methyl esters without the formation of soaps [4]. 

If an alkaline catalyst is used, the presence of water is also a problem as hydrolysis of alkyl esters 

may occur to form FFA. Additionally, triglycerides can also react with water to form FFA, which 

ultimately will lead to the formation of more soaps. Therefore, water content should be maintained as 

low as possible in the transesterification reaction. The feedstocks should be nearly anhydrous, with 

less than 0.1-0.3% of water [4]. 

 

3.2.2 Acid catalysts 

 

Acid catalysts are not commonly used in the industry for the transesterification reaction mainly 

because it requires high alcohol:oil molar ratio and a long reaction time, as shown in Table 1. 

Furthermore, acid-catalyzed transesterification is more sensitive to water concentration than the 

alkaline-catalyzed process. As little as 0.1 wt% water in the reaction mixture affects biodiesel yield and 
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with 5 wt% of water TAG hydrolysis prevails, almost completely inhibiting the transesterification 

reaction [20]. 

But acid catalysts are widely used in the pre-esterification step necessary for the conventional alkaline 

transesterification using a feedstock with a high FFA content. Due to its low price, sulfuric acid is most 

commonly used [4]. However, sulfuric acid has several problems, namely its corrosiveness which 

leads to the need of high-quality and expensive steels for the construction of all equipment pieces in 

contact with the sulfuric acid; and the need to remove residual sulfuric acid in order to meet with 

biodiesel specifications. Recently, some heterogeneous acidic catalysts have been developed, such 

as AMBERLYSTTM BD20 from Rohm and Haas Company (patent-pending technology) and Lewatit® 

GF 101 from Lanxess (macroporous beads with sulfonic acid groups), which show some advantages 

comparatively to sulfuric acid but still require a high methanol excess and high temperatures and 

pressures [21].  

 

3.2.3 Enzymatic catalysts 

 

Enzymes can esterify both FFA and TAG into biodiesel without the formation of soaps, which is one of 

the main advantages of enzymatic catalysts. Moreover, in an enzyme-catalyzed process, mild 

operation conditions can be applied; a higher quality glycerol is obtained and fewer steps are 

necessary for biodiesel purification , which will reduce the impact of manufacturing on the environment 

by reducing the use of chemicals, water and energy [2].  

Enzymes are flexible regarding FFA content of feedstocks and the ability to work under milder 

conditions is particularly important as working with lower temperatures will lead to lower energy 

consumption. Furthermore, the alcohol to oil ratio is lower than for chemical catalysts which also leads 

to lower production costs. 

Another advantage is the fact that an enzymatic process allows a higher water content in feedstocks. 

The feedstocks do not need to be anhydrous. If the water content is too high, hydrolysis of TAG into 

FFA may also occur. However, some water is necessary to maintain the enzymatic activity and to 

maintain the enzyme in solution if a liquid formulation (soluble or free enzyme) is used [1]. It was 

reported that the lipase of Rhizopus oryzae catalyzed the methanolysis of soybean oil in the presence 

of up to 30% of water in the starting materials but was inactive in the absence of water [4]. 

Transesterification catalyzed by free lipase of soybean and rapeseed oil with 10 wt% and 20 wt% of 

water has shown good results [22] [23]. However, the optimal water content is system dependent and 

the amount of water used in the transesterification reaction should be optimized for each system.  

But the enzymatic process also has some drawbacks, namely the high cost of enzyme when 

compared to an alkaline catalyst; the reaction rate is relatively slow compared to the alkaline process 

and the loss of enzyme activity over time [2].  
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The reaction time for an enzymatic process could be decreased in a simple way. It would only require 

the increase of the amount of catalyst used, but as enzymes are an expensive catalyst, this raises 

significant challenges to reuse the enzyme several times.   

Additionally, enzymes suffer inhibition caused by the alcohol, so it needs to be added in fed-batch 

mode. To diminish alcohol inhibition, a cosolvent, like tert-butanol can be added to the system. The 

addition of a cosolvent will increase enzyme lifetime and reaction rate and it allows the addition of 

methanol in a continuous mode. However, it adds one unit operation to the downstream processing as 

it is necessary to recover the cosolvent by distillation [24]. 

Enzymatic catalysts can be used on an immobilized form or in a liquid formulation (free enzyme). The 

liquid formulation is, in general, cheaper than the immobilized one, as the immobilization process and 

the carrier increase the price. Also, a liquid formulation avoids mass transfer through multiple phases 

which makes the system less complex. Theoretically, a liquid formulation of lipase could catalyze a 

faster reaction than the immobilized form of lipase [9].  

The immobilized form of lipases increases its stability and simplifies the downstream processing of 

biodiesel as it is much easier to recover the catalyst and reuse it [9]. However, when applied for the 

production of low-value products, such as biodiesel, immobilized enzymes need to have a high 

productivity, usually in a magnitude of tons of product per kg of immobilized enzyme [9]. To assure the 

economic viability of an industrial plant using immobilized enzymes, the catalyst should be reused a lot 

of times and if there is any problem with the enzymes in a single batch, the profitability of the entire 

industrial plant might be compromised.  

A wide range of lipases and esterases have been used for biodiesel production, including B-lipase 

from Candida Antarctica (CALB), Candida rugosa, Rhizomucor miehei (RML), Pseudomonas cepacia 

and Thermomyces lanuginosa (TLL). Immobilized forms of CALB, RML and TLL were developed and 

are commercialized by Novozymes A/S under the names “Novozym 435”, “Lipozyme RM IM” and 

“Lipozyme TL IM”, respectively [25]. 

Enzymes have different selectivities and a mixture of enzymes with different substrate specificities can 

act synergistically. CALB and TLL are an example of a possible synergy as CALB has a high 

selectivity towards FFA but low activity on glycerides, and TLL has the opposite preference [25]. 

In addition to biodiesel production, enzymes can also be used in biodiesel purification. The 

conventional biodiesel purification includes catalyst neutralization, a water washing step, drying and 

vacuum distillation in order to obtain biodiesel in spec. Enzymes are a good alternative for biodiesel 

polishing, since they can be used in a post-esterification step to decrease FFA content, thus reducing 

wastewater production [9]. The enzymes used in a post-esterification step need to be in an 

immobilized form, as the water present in the liquid formulation could cause the hydrolysis of TAG and 

FAME, thus decreasing FAME production yield. The addition of water to the system would also 

increase the energy requirements to dry the biodiesel produced. Piedmont Biofuels has developed the 
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FAeSTER process (patent pending process), in which enzymes are used in biodiesel polishing steps 

[26]. 

 

3.2.4 No catalyst 

 

In the last few years, new technologies have been developed to produce biodiesel. One of them is the 

production of biodiesel using alcohol under supercritical conditions. This technology has several 

advantages: 

• There is no need of a catalyst and therefore the separation of the catalyst and soaps becomes 

unnecessary. This simplifies the biodiesel purification steps and avoids the wastewater 

streams with acid or alkaline chemicals produced in the neutralization steps. Hence, the 

process is much simpler, eco-friendly and the final product will have a higher purity [20] [18]; 

• The process is extremely fast, taking only 4 to 10 minutes to achieve complete conversion 

into biodiesel [18]; 

• The reaction rate is high [20]; 

• FFA and water content does not influence the transesterification reaction which makes this 

technology suitable for low-quality feedstocks [20]. 

The major drawback of the supercritical method is its high cost, which is related with the high 

temperatures and pressures required, and the high methanol:oil ratios [20].  

 

3.2.5 Heterogeneous solid catalyst 

 

Another recently developed technology is the use of heterogeneous solid catalysts. This technology 

was developed as a consequence of the high energy consumption and high costs for separation of the 

homogeneous catalysts from the reaction mixture in conventional processes [20]. Several solid 

catalysts have been used for transesterification of vegetable oils as zeolites, oxides and γ-alumina. In 

most of the solid catalyzed reactions, the reaction rate is slow as the reaction system is a three-phase 

system (oil, methanol and catalyst) and consequently the mass transfer is slower. Moreover, the 

catalysts require harsh reaction conditions, such as reaction temperatures between 180 and 220°C, in 

order to achieve the desired conversion [20]. 

But on the other hand, all the catalyst neutralization and washing steps become unnecessary and the 

glycerol produced has a high purity grade (higher than 98%) [20]. An example of a heterogeneous 

solid catalyzed process is Esterfip-H process, represented in Figure 3, in which the reaction takes 
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place in two fixed-bed reactors and the catalyst is a mixed oxide of zinc and aluminum. This process is 

currently commercialized by Axens, from IFP Group Technologies [20].  

 

Figure 3 Simplified flowsheet of the heterogeneous process Esterfip-H [20]. 

 

3.3  Feedstocks options 
 

Biodiesel can be produced from several types of feedstocks, namely crude vegetable oils; refined 

vegetable oils, also known as RBD oils which stands for refined, bleached and deodorized oils; Acid 

oils (AO); Fatty Acid Distillates (FAD); waste oils and animal fats. 

 

3.3.1 Crude vegetable oils 

 

Biodiesel can be produced from practically all the known vegetable oils, such as soybean, rapeseed, 

palm, sunflower, peanut, etc.  

The choice of the vegetable oil is largely dependent on the geographical origin of the oil. While in the 

USA biodiesel is mainly produced from soybean oil, in Europe rapeseed oil is the dominant one and in 

Southeast Asia palm oil is mostly used [1]. In Table 2 is shown the main productive areas and the 

amount of oil that can be extracted from several vegetable oils.  
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Table 2 Main productive areas and the amount of oil  of several vegetable oils [18]. 

Seed Amount of oil [%]  Main produc tive areas  

Canola 

(rapeseed) 
40-45 

Canada; China; India; France; Austria; United 

Kingdom; Germany; Poland; Denmark; Check 

Republic 

Soybean  18-20 USA; Brazil; Argentina; China; Paraguay; Bolivia 

Sunflower 35-45 
Russia; Argentina; Austria; France; Italy; Germany; 

Spain; United Kingdom 

Palm 45-50 
Malaysia; Indonesia; China; Filipinas; Mexico; 

Colombia 

Peanut  45-50 China; India; Nigeria; USA; Senegal; South Africa 

Coconut 65-68 
Filipines; Indonesia; India; Mexico; Sri Lanka; 

Thailand; Malaysia; Mozambique 

Olive  15-35 Spain; Italy; Greece; Turkey; Portugal; Morocco 

 

The use of edible vegetable oils has led to the food vs. fuel debate as there are some worries about 

diverting farmlands for biofuel production instead for food supply. This polemic debate combined with 

increasing vegetable oil prices caused an interest on alternative feedstocks, such as non-edible oils 

(Jatropha curcas oil or castor oil) and microalgae oils. Jatropha curcas appears as an interesting 

alternative, because it has a high oil content, between 27% and 40%, and it can be cultivated in land 

that is not suitable for food production, such as wastelands [27]. 

Microalgae are also a great alternative as its oil content can be up to 75%; several other products can 

be obtained from microalgae, such as nutraceutical products or animal food; it can be cultivated in any 

type of land, including land not suitable for food production; and the area necessary is much lower 

than the area required to produce plants for the production of vegetable oils [18]. The oil content of 

several microalgae species can be seen in Table 3. 

Table 3 Oil content from several microalgae species  [18]. 

Microalgae species  Oil content [% dry weight]  

Botryococcus braunii 25-75 

Chlorella sp. 28-32 

Crypthecodinium cohnii 20 

Cylindrotheca sp. 16-37 

Dunaliella primolecta 23 

Schizochytrium sp. 50-77 

 



14 
 

For all these sources of oils, the composition varies substantially. One of the most important 

characteristics of the feedstocks is its FFA content, since oils with a high content of FFA cannot be 

processed in an alkaline-catalyzed transesterification reaction without an acid or enzymatic pre-

esterification step.  

The FFA, TAG, DAG and MAG composition (in wt %) of some of the different crude vegetable oils is 

represented in Table 4 and the fatty acid composition (in wt %) of several vegetable oils is shown in 

Table 5. 

Table 4 Composition (in wt %) of different biodiese l feedstocks [1]. 

Feedstock  TAG (wt %)  DAG (wt %)  MAG (wt %)  FFA (wt %)  

Rapeseed crude oil 96.0 2.0 0.5 1.5 

Soybean crude oil 98.6 0.8 0.1 0.5 

Palm crude oil 87.0 6.0 2.0 5.0 

 

Table 5 Fatty acid composition of several vegetable  oils [6], [18]. 

Feedstock 
Fatty Acid Composition [% by weight]  

16:0 16:1 18:0 18:1 18:2 18:3 20:0 20:1 22:0 22:1 24:0 Other  

Rapeseed - 3.49 0.85 64.4 22.3 8.23 - - - - - - 

Soybean - 11.75 3.15 23.26 55.53 6.31 - - - - - - 

Sunflower - 6.08 3.26 16.93 73.73 - - - - - - - 

Peanut - 11.38 2.39 48.28 31.95 0.93 1.32 - 2.52 - 1.23 - 

Cottonseed - 28.33 0.89 13.27 57.51 - - - - - - - 

Corn - 11.67 1.85 25.16 60.60 0.48 0.24 - - - - - 

Coconut 5.0 - 3.0 6.0 - - - - - - - 86.0 

Palm 42.6 0.3 4.4 40.5 10.1 0.2 - - - - - 1.9 

Olive 11.8 1.5 2.6 74.2 8.5 0.7 0.4 0.3 - - - - 

Jatropha 16.4 1.0 6.2 37.0 36.2 - 0.2 - - - - 3.0 

 

The biodiesel produced will have different properties according to the feedstocks used. Oils with a 

higher level of saturated fatty acids will produce biodiesel with a higher melting point and high cloud 

and pour points. The cloud point is the temperature at which the fuel becomes cloudy due to formation 

of crystals and solidification of saturates; and the pour point is the temperature at which it stops 

flowing [28]. The fuel shows poor low-temperature flow properties which makes it suitable for warmer 

climates [28]. An increasing degree of saturation will also produce a fuel with a higher viscosity [28].  

So higher levels of unsaturation would produce fuels with better properties for cold climates. However, 

generally the oxidative stability (measure of biodiesel degradation during storage) will be lower, as well 

as the cetane number (related with the fuel efficiency within the engine) and the combustion heat. 
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Cetane number, heat of combustion, melting point and viscosity of the fuel increase with increasing 

chain length, but decreases with increasing unsaturation of fatty acids [28]. Hence, there has to be a 

balance between the unsaturation and the length of fatty acids chains [6]. Knothe, 2005 suggests that 

oils with a high content of oleic acid (C 18:1) are the most suitable for biodiesel production [28]. 

Another important characteristic of the different vegetable oils is the melting point, since oils with a 

high melting point will require a melting step. The melting points of several vegetable oils are shown in 

Table 6. 

Table 6 Melting points of several vegetable oils [29]. 

Vegetable oil  Melting point (°C)  

Coconut 25 

Olive -6 

Palm 35 

Peanut 3 

Rapeseed -10 

Sunflower -17 

Soybean -16 

Castor oil -18 

 

The high melting point of palm oil can cause some problems, namely solidification in tubing, as it only 

remains liquid at tropical temperatures. Otherwise it takes the form of butter of a yellow-orange colour 

[30]. 

 

3.3.2 Refined vegetable oils 

 

Crude vegetable oils contain certain impurities, such as FFA, phospholipids, odoriferous matter, trace 

metals, etc. These impurities should be removed in a refining process in order to improve stability and 

fuel properties of the oil [21].  

The refining process can be physical or chemical. The chemical refining includes the following steps in 

this order:  

1) Degumming, which consists in the removal of phospholipids; 

2) Alkaline neutralization, which consists in the removal of FFA in the form of soapstock; 

3) Bleaching. This step consists in the removal of colour, oxidizing bodies, residual gums, soaps 

and trace metals by mixing the oil with adsorbents, like silica or bleaching earth; 
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4) Deodorization/steam stripping – steam is passed through the oil and the remaining 

odoriferous matter is evaporated off.  

The physical refining also includes the degumming, bleaching and deodorization. The difference is 

that instead of having an alkaline neutralization, FFA are removed in the deodorization unit by a steam 

distillation. It is removed in the form of a fatty acid distillate, which also includes volatile impurities, 

tocopherols, sterols and carotenoids pigments [21]. The physical refining should be preferentially 

applied to oils with a high acidity and a low phospholipids content, as the phosphorus content should 

be lower than 5 ppm before steam-stripping, in order to obtain a refined oil of good quality [31]. As 

palm oil has a low phospholipids content and a high FFA content, it is usually refined by the physical 

method [21]. 

However, the price of fully refined vegetable oils is too high and it is not economical viable to use them 

as feedstock in a big industrial plant. Using crude oils can be 10 to 15% cheaper than refined oils [4], 

and as the feedstocks price is one of the major constraints for the economical viability of a biodiesel 

production plant, using crude oils is usually the preferred option.  

According to Knothe et. al, bleaching and deodorization are not essential steps to produce a feedstock 

with an acceptable quality for biodiesel production [4]. But degumming is since phospholipids, 

particularly the calcium and magnesium salts of phosphatidic and lysophatidic acids, are strong 

emulsifiers which causes many problems during storage and processing of the oil [4] [32]. Also, the 

phosphorus content in the final biodiesel is limited by EN14214 and ASTM specifications, so if the 

initial phosphorus content is higher than 10 ppm, it needs to be decreased in a degumming operation. 

Hence, industrial plants can use crude vegetable oils as feedstock and have only a degumming step 

to remove gums from the oil before the reaction step.  

 

3.3.3 Acid oils 

 

Acid oils are a by-product in the chemical refining process of vegetable oils. In the alkaline 

neutralization step it is produced a soapstock which is then acidulated in a process where sulfuric acid 

and steam are employed [21].  

Acid oils are commercially available for approximately half the price of refined vegetable oil [33]. And 

as they are a by-product of refining, they are also considerably cheaper than crude vegetable oils. 

This feedstock is characterized by a high FFA content, between 40-80%; 20-25% neutral glycerides 

and unsaponifiable matter; and other impurities [34]. The unsaponifiable matter includes sterols, 

higher molecular weight alcohols, pigments, waxes and hydrocarbons. These components are very 

non-polar and there is the possibility that they remain in biodiesel after transesterification reaction [35]. 
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In Table 7 is shown the composition of some acid oils and in Table 8 the fatty acids profile of the same 

acid oils.  

Table 7 Composition of acid oils [34]. 

Acid Oil FFA (w/w %) 
Unsaponifiable 

matter (w/w %) 

MAG 

(w/w %) 

DAG 

(w/w %) 

TAG 

(w/w %)  

Coconut 
69.2 (as lauric 

acid - C12:0) 
0.4 5.1 4.2 21.1 

Soybean 
79.2 (as oleic 

acid – C18:1) 
2.9 2.8 3.9 11.2 

Sunflower 
38.8 (as oleic 

acid – C18:1) 
2.8 4.4 6.2 47.8 

 

Table 8 Fatty Acids Profile of acid oils [34].  

a – The other fatty acids that coconut acid oil con tains are 1.2% of C6:0 and 1.8%  of C8:0. 

Acid oil 
Fatty Acid Composition [% by weight]  

10:0 12:0 14:0 16:0 18:0 18:1 18:2 18:3 20:1 22:1 Other  

Coconut 5.1 44.8 18.4 11.5 3.7 10.1 3.4 - - - 3.0a 

Soybean - - - 22.3 3.6 18.1 51.2 4.8 - - - 

Sunflower - - - 11.0 4.6 33.1 50.9 0.4 - - - 

 

3.3.4 Fatty Acid Distillates 

 

A fatty acid distillate is a by-product of physical refining of vegetable oils. As explained in section 3.3.2, 

during physical refining, FFA are removed in the deodorization unit to produce the fatty acid distillate 

(FAD) [21]. It is characterized by a high content of FFA, typically between 80% and 95%, and some 

minor components such as tocopherols and sterols.  

According to Nielsen et. al, 2008 an average composition (in wt %) of palm fatty acid distillate is 85% 

FFA, 8.0% TAG, 5.0% DAG and 2.0% MAG [1].  

In the same way as acid oils, FAD is also considerably less expensive than refined or crude vegetable 

oils [21]. 

 

3.3.5 Waste oils 

 

Waste oils include used frying oils (also known as yellow grease), brown grease and sewage grease. 

Brown grease includes the grease sent down a sink drain and is collected by a grease trap to prevent 



18 
 

it to enter the wastewater treatment system. It is a very low-quality feedstock and is not commonly 

used. Its FFA content can be up to 100% [4]. The type of waste oil that is most frequently used for 

biodiesel production is used frying oil (UFO). 

Previously used cooking oils were used in animal feed. However, since 2002 EU banned the use of 

these oils in animal feed because many harmful compounds are formed during frying, which could 

affect animals and human health through the food chain. Nowadays, due to the very large amount of 

used cooking oils generated all over the world, its disposal has become a problem. In Europe 0.7-1.0 

million tons of waste cooking oils are produced per year and in China 4.5 million tons/year [36]. Most 

countries do not have a systematic collection and processing method for waste oils and most of the 

used cooking oils are sent down the drain, ending up in the wastewater and causing water pollution 

[37]. Biodiesel production from waste cooking oil is one of the best options to use waste oils and 

transform them in a product with economical value [38]. The major challenge is to develop a collection 

and transport system for the waste oils from all the houses and restaurants [39]. Recently, 

cogenerators which burn the waste cooking oil to generate electricity and preheat water have also 

been developed. One example of these cogenerators is VegawattTM commercialized by Owl Power Co 

[40].  

During frying there are some physical and chemical changes in the vegetable oil, namely an increase 

in the viscosity; increase in the specific heat; changes in the surface tension; changes in the color; an 

increase in the tendency of fat to foam, and finally an increase in the FFA and water content [38] [36]. 

The average composition of a used cooking oil is 15% FFA; 62.0% TAG; 16.0% DAG and 7.0% MAG 

[1] and 2000 ppm (0.2 %w/w) of water [9]. 

The products of oil decomposition can cause a decrease in the FAME yield during transesterification 

and the formation of undesirable compounds. Therefore, a treatment is necessary. The UFO treatment 

consists in a combination between mechanical cleaning with water and chemical treatment. The 

chemical treatment is used to decrease the acidity number (AN) by neutralizing FFA, and to remove 

resins and polymers formed during frying [41]. Firstly, there is a separation between the solid and 

liquid fractions of UFO and each fraction is treated separately, as the liquid fraction has a higher 

quality than the solid one. The UFO is heated to approximately 60 ºC and washed with 5 wt% of water 

or vapor at temperatures around 95 ºC. The water-soluble impurities will be dissolved in the water 

phase, which will be subsequently separated from the oil phase in a decanter. Afterwards there is an 

alkali neutralization to remove FFA in the form of soaps. However, this step can be skipped since FFA 

can be esterified in an acid or enzymatic esterification. UFO with a high content of polymers must also 

be treated by adsorption on clay or activated charcoal. The charcoal is then filtered and finally the oil is 

vacuum dried [41]. Drying of waste oils at industrial scale is usually carried out by vacuum distillation 

at 0.05 bar and 30-40°C [42]. 

Supple et al., 2002 have demonstrated that steam injection and sedimentation are also efficient in 

decreasing moisture and FFA content and increasing energy value of UFO [43].  
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3.3.6 Animal fats 

 

Animal fats include tallow (a rendered form of fat) and lard, with different quality grades. Typically, the 

FFA content can vary between 5 and 30% of FFA [4]. An average composition of tallow is 10.0% FFA; 

74.0% TAG; 12.0% DAG and 4.0%MAG [1].  

As it is a by-product of meat industry, its price is considerably lower than vegetable oils and they 

present an advantage when compared with waste oils. They are easily available at meat processing 

plants, in which there is a quality and product control and handling procedures whereas waste oils do 

not have any quality control resulting in a wide quality variation depending of the collection point [39]. 

However, there are some concerns related with the biosafety of animal fats that could come from 

contaminated animals [39]. 

When compared with vegetable oils, animal fats contain a higher content of saturated fatty acids which 

produces biodiesel with a higher cetane number, but higher viscosity and low cloud and pour points, 

so the fuel might be inadequate for cold weather. In addition, animal fats have a high melting point [4], 

e.g. mutton tallow has a melting point of 42°C [29] , which makes a melting operation necessary to 

process the fats . 

 

3.4  Biodiesel production process 
 

The main steps for biodiesel production are represented in Figure 4. The production steps can be 

divided into upstream processing, which includes all the unit operations previous to the 

transesterification reaction; and downstream processing which includes all the steps after the 

transesterification step.   

 

Figure 4 Main steps for biodiesel production.  

After an extensive literature review, it could be concluded that upstream unit operations are mainly 

dependent on the type of feedstock chosen for the production plant whereas the downstream 

operations are mainly dependent on the type of catalyst chosen for the transesterification reaction. But 

this is a simplification of the complex production process. Operations like feedstock drying depend on 

the type of feedstock and on the type of catalyst. If we have the conventional alkaline process the 

Feedstock 
pretreatment Transesterification

Separation 
of  biodiesel 
and glycerol

Purification 
of biodiesel
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feedstock should be kept as dry as possible, whereas if we have an enzymatic process the water limit 

is higher. 

The feedstocks have certain critical parameters, which are represented in Table 9. These parameters 

impose the need of certain unit operations if the critical parameter is higher than a certain limit.  

 

Table 9 Feedstocks critical parameters, its limits and unit operations required by them.  

Critical 

parameters 
Limits Unit operations required 

Melting point Room temperature 

Melting step; 

All unit operations before transesterification 

and the transesterification must be at a 

temperature higher than the melting point. 

Phosphorus 

content 
10 ppm [44] Degumming 

FFA content  Alkaline process: 0.5% [4] Pre-esterification 

Water 

content 
Alkaline process: 0.1-0.3% [4] Drying 

 

According to these critical parameters, the unit operations that typically are necessary for the 

pretreatment of each type of feedstock were identified and are shown in Table 10. In  

Table 11 is shown all the steps that might be necessary in the downstream processing according to 

the catalyst chosen.  The heterogeneous solid catalysts or heterogeneous alkaline or acid catalysts 

were not taken into account because they are not widely used in industry. 
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Table 10 Upstream operations according to the type of feedstock chosen. 

Type of feedstock 

Upstream operations  

Filtration  Melting Degumming 
Water 

removal  

Alkaline 

treatment  

Pre-

esterification 

Crud e vegetable 

oils with FFA< 0.5 %  
X  X X   

Crude vegetable 

oils with 0.5 % < 

FFA < 4 % 

X  X X X  

Crude vegetable 

oils with FFA> 4 % 
X X X X  X 

RBD oils  X      

Acid oils  X X  X  X 

Fatty acid  Distillates  X X  X  X 

Waste oils  X X  X  X 

Animal fats  X X  X  X 

 

Table 11 Downstream operations according to the typ e of catalyst chosen for the transesterification 

reaction.  

Type of 

catalyst 

Downstream operations  

Glycerol 

removal 

Filtration 

for 

enzyme 

recovery 

Catalyst 

neutralization  

Alcohol 

removal  

Alkaline 

washing  

Water 

washing  
Drying  

Vacuum 

distillation  

Polishing 

filtration 

Alkaline  X  X X  X X X X 

Acid  X  X  X  X X X X 

Liquid 

enzyme 
X   X X X X X X 

Immobilized 

enzyme 
X X  X    X X 

 

The main operations in the upstream and downstream processing are discussed in more detail in the 

following sections. 
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3.4.1 Upstream processing 

 

3.4.1.1 Filtration 

 

Filtration is an essential step for biodiesel production. All feedstocks should be filtered to at least 100 

µm (pore size) to ensure no solid particles enter the processing scheme. This step is particularly 

important for animal fats and waste oils which might contain very small particles [32].  

 

3.4.1.2 Degumming 

 

There are several different types of degumming processes, namely water degumming; acid 

degumming; acid-basic degumming; Total degumming; Super degumming; enzymatic degumming; 

Soft degumming and it can also be done by ultrafiltration processes.  

Water and acid degumming are the methods most commonly used in industry [44]. However, in water 

degumming only one type of phospholipids is removed, the hydratable ones. To remove the non-

hydratable phospholipids it is necessary an acid degumming because the phospholipids hydration is 

increased by the addition of phosphoric or citric acid, combined with high temperatures and high-shear 

mixing [44] [31]. However, the use of phosphoric acid might cause an increase in phosphorus content 

in the oil, which can be too high to perform a physical refining afterwards. One way to solve this 

problem is to use citric acid or reduce the acid concentration and the treatment time [31].  

Regarding the other types of degumming, total degumming and super degumming, are rarely used in 

oil industries as they are not always reliable [44]. In addition, super degumming is a multiple-step 

process which makes it complicated [31].  

Soft degumming involves the elimination of phospholipids by a chelating agent, such as 

ethylenediaminetetraacetic acid (EDTA), but the cost of EDTA is too high which makes this process 

unfeasible in industry.  

Membrane processes involves the formation of micelles when the oil contacts with hexane. The 

phospholipids are retained in the micelles and removed by ultrafiltration. However, also because of its 

high cost this process is not yet applied in industry [31].  

The enzymatic process is a good alternative compared to the conventional degumming processes as 

it can reduce the amount of chemicals used in the process and therefore reduce the amount of 

wastewater produced. Furthermore, an enzymatic degumming increases oil yield [44]. 
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Currently, the following enzymes are commercially available for degumming: Lecitase® 10L 

(pancreaticphospholipase A2 (PLA2)); Lecitase® Novo (phospholipase A1 (PLA1) from Fusarium 

oxysporum) and Lecitase® Ultra (PLA1 from Thermomyces lanuginosus/Fusarium oxysporum), 

commercialized by Novozymes A/S [44]; ROHALASE® MPL (phospholipase A2) commercialized by 

AB Enzymes [45]; Purifine® PLC (phospholipase C) commercialized by DSM [46] and LysoMax® 

commercialized by DuPontTM Danisco® [47]. 

All crude vegetable oils need a degumming step but RBD oils, waste oils, animal fats, acid oils and 

fatty acid distillates do not. RBD oils have previously been processed in a degumming step during the 

refining, and waste oils and animal fats do not have gums. Acid oils and fatty acid distillates are a by-

product of refining and they are produced after the degumming step, therefore not containing any 

gums.  

 

3.4.1.3 Water removal 

 

Most feedstocks might need a water removal step prior to the alkaline transesterification, particularly 

waste oils (restaurant grease and trap grease) which have a very high water content [32]. There are 

several techniques that might be used for water removal, namely heating to break any emulsion 

between water and oil, followed by a gravitational separation; centrifugation; or heating the oil under 

pressure and then spraying it into a vacuum chamber [32].  

 

3.4.2 Downstream processing 

 

3.4.2.1 Glycerol removal 

 

In the transesterification reaction, glycerol is produced as a by-product which accounts for 10 %w/w of 

the final product, and it needs to be separated from the methyl esters phase [9]. 

Usually this is the first step of downstream processing, before the methanol removal. The excess 

methanol tends to act as a solubilizer and can slow the separation of glycerol and methyl esters. But 

on the other hand, if the excess methanol is removed first there are some concerns about reversing 

the transesterification reaction. Therefore, glycerol is most commonly removed first [4].  

The glycerol removal can either be done in a decanter system or in a centrifuge system. Regarding 

the centrifuge system, many continuous plants choose this option. The advantages when compared to 

the decanter system are clear - the separation is much faster. However, the initial cost is much higher 

and the centrifuges need considerable and careful maintenance [32].  
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In the decanter system the separation is done by gravitational separation, depending only on the 

density differences and the residence time to achieve the separation. The decanter units should be tall 

and narrow to allow the separation between the two phases- L/D ratios of 5 to 10 are appropriate [32]. 

There are some process considerations that can be taken into account in order to facilitate this 

separation. Firstly, if the pH of the mixture is nearly neutral, the glycerol phase will coalesce faster. 

Hence, if the catalyst is alkaline or acid, its amount should be minimized. In the enzymatic process, 

the reaction takes place at a pH approximately neutral, which provides a faster and better separation 

between the two phases.  

Also, most biodiesel processes use intense mixing in the beginning of the transesterification reaction 

to incorporate the sparingly soluble alcohol into the oil phase. But if the intense mixing continues for 

the entire reaction, the glycerol phase can be dispersed in fine droplets throughout the mixture and it 

would take several hours for the fine droplets to coalesce into a distinct glycerol phase and as a result 

the separation would then take a very long time. Thus, the mixing should be slower as the reaction 

progresses in order to reduce the separation time [32]. In addition, glycerol separation is also 

improved if water is added to the reaction mixture after transesterification [4].  

 

3.4.2.2 Catalyst neutralization 

 

Catalyst neutralization is only needed if the catalyst is alkaline or acidic. No catalyst neutralization is 

necessary if the catalyst is enzymatic.  

If the catalyst is alkaline, acid is added to the biodiesel product not just to neutralize the alkaline 

catalyst but also to split any soaps formed during the reaction. The soaps will react with the acid to 

form salts and FFA. These salts will be removed later in the water washing step, as well as any 

remaining catalyst, residual methanol or residual glycerol. The neutralization step should be before the 

water washing step because then the amount of necessary water is lower and also the risk of 

formation of emulsions when the washing water is added to biodiesel is minimized [4].   

Regarding the acid process, if the transesterification is catalyzed with H2SO4 then the neutralization is 

usually done with calcium oxide, according to the reaction: 

����� + 	���	 → �����	 +	��� 

Equation 3 

The calcium sulfate is then separated by gravity separation [20].  
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3.4.2.3 Alcohol removal 

 

In all types of processes there is removal of excess methanol which is usually recycled in order to 

decrease production costs. 

Methanol has a high solubility in water and glycerol but is poorly miscible with fats and oils. Its 

solubility is higher in esters than in oils but still is not completely miscible. Therefore, methanol will 

prefer glycerol phase rather than methyl esters phase. Residual methanol present in methyl esters 

phase can be removed by flash evaporation as it has a low boiling point (64.7°C) or distillation 

(conventional or vacuum). A falling-film evaporator is also a good alternative [32]. 

Methanol removal should be done before water washing to avoid the presence of methanol in 

wastewater streams. However, in some processes methanol is removed in the water washing step 

and then recovered by evaporation from the water stream [32]. 

When recycled in an alkaline-catalyzed process, methanol needs to be completely dry before it enters 

the transesterification step again as water presence has a strongly negative effect in the reaction. On 

the other hand, in the enzymatic process methanol can be reused with some water as its presence is 

not as deleterious as in the alkaline process.  

 

3.4.2.4 Water washing and drying 

 

The water washing step is necessary in almost all types of processes (acid, alkaline and with liquid 

enzyme as catalyst) but not in the process with immobilized enzyme as catalyst. The goal of the water 

washing step is to remove any remaining catalyst, salts, soaps and residual glycerol and methanol. 

According to Sotoft et al. 2010, no washing or drying steps are necessary for the process with 

immobilized enzyme. No soaps or salts are produced in this type of process, so the washing is not 

necessary. Catalyst neutralization is also not necessary and catalyst is removed by filtration [24].  

After water washing, the residual water has to be removed. It can be done in an evaporator, a flash 

vaporizer, vacuums driers or falling-film evaporators. The advantage of the two last ones is the fact 

that they operate at reduced pressures and the water evaporates at much lower temperatures [32].  

As the total amount of water present in esters is low, other methods as molecular sieves and silica 

gels can be used. However, a disadvantage is the fact that these units must be periodically 

regenerated [32].  
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3.4.2.5 Vacuum distillation 

 

After all these purification steps, biodiesel can still have monodiglycerides, diglycerides, sulfur and 

other components above the limit established in EN14214 and ASTM D6751-08 specifications, shown 

in Appendix I.  

A large number of biodiesel producers are resorting to the use of a vacuum distillation for removal of 

these compounds (MAG, DAG, etc.) and this way comply with biodiesel specifications. Vacuum 

distillation also has the advantage of deodorization and therefore provides biodiesel with a better color 

and quality [32].  

Decreasing DAG and MAG content can also be achieved by an enzymatic post-esterification, after the 

transesterification reaction. For this step, immobilized enzymes should be chosen as a liquid 

formulation of enzymes would add water to the system, which would increase the energy requirements 

for the drying step [9].  

 

3.4.2.6 Polishing filtration 

 

Biodiesel leaving the industrial plant should be filtered to at least 5 µm (pore size) to ensure no 

particles or contaminants enter the engines. Biodiesel can be cooled before filtering to capture the 

saturated esters that crystallize and this way the cloud point of biodiesel will be lower [32]. 

 

3.5  Process intensification technologies 
 

In recent years several process intensification technologies have also been developed to improve 

mixing and mass/heat transfer and therefore increase the reaction rate in continuous biodiesel 

production. These reactions can either be novel reactors or coupled reaction/separation processes 

[48].  

Novel reactors include static mixers; micro-channel reactors; oscillatory flow reactors; cavitational 

reactors; rotating/spinning reactors and microwave reactors and some of them are already 

commercially available. Arisdyne systems, Inc. commercializes a reactor that uses controlled flow 

cavitation to produce biodiesel in specifications, and Four Rivers BioEnergy Company, Inc. 

commercializes a Spinning Tube in a Tube (STT) reactor [48].  

The coupled reaction/separation techniques include membrane reactors and reactive distillation. 

Microporous carbon membranes selectively permeate FAME, methanol and glycerol, excluding TAG, 
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DAG and MAG. Thus, the biodiesel has a high purity grade. Membrane reactors are also able to 

handle feedstocks with a high FFA content as they can retain soaps and other unreactable 

components [48]. In reactive distillation there is an in situ product removal which drives the equilibrium 

to the product side. The advantages are the fact that additional separation units are not necessary and 

consequently the capital costs are lower; and no excess of alcohol is required [48].  
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4 Materials and Methods 
 

4.1 Case study description  
 

The goal of the project is to combine Crude Palm Oil (CPO) and Palm Fatty Acid Distillate (PFAD) in a 

flexible process for enzymatic biodiesel production. The process is based on the BioFAME process 

from Novozymes A/S presented in the 103rd AOCS Annual Meeting in 2012 [49]. The process is 

shown in Figure 5.  

 

Figure 5 BioFAME process layout [49]. 

Some modifications in the transesterification conditions from BioFAME process were made according 

to experimental work currently being done in the Center for Process Engineering and Technology 

(PROCESS) from the Technical University of Denmark (DTU). The transesterification conditions are: 

39 °C; 5 %w/w of water; 0.75 %w/w of enzyme and 1.5  eq. MeOH, meaning that when 1 eq. MeOH is 

added, the molar ratio between MeOH and TAG is 4.5:1. The catalyst used is a liquid formulation of 

the enzyme CalleraTM Trans L, commercialized by Novozymes A/S. 

In order to design the entire process (including feedstock pretreatment and biodiesel purification) an 

extensive literature review was made. The critical parameters (melting point; FFA, water and 

phospholipids content) of CPO and PFAD were analyzed to determine which unit operations are 

necessary for the feedstocks pre-treatment. 
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A process flowsheet was designed for CPO (Figure 26- Appendix II). The process flowsheet includes 

all the main equipment, however not all pumps and storage tanks were taken into account. The unit 

operations and operation conditions that were selected are described in detail in the following 

sections. 

The process was designed in a batch mode and with an annual capacity of 100,000 tons. Industrial 

plants operating in a continuous mode can achieve a higher biodiesel production and the operation 

costs are lower per unit of biodiesel produced [20]. But the batch mode was chosen as it allows the 

industrial plant to be easily adapted to different feedstocks and different operation conditions, which is 

a crucial factor when designing a flexible process. 

The next step was to adapt the process designed for CPO to PFAD, analyzing which unit operations 

would be necessary to add/remove and which operation conditions or process equipment would need 

to be changed.  

To assess the differences in the process performance for both feedstocks, two process simulations 

were carried out. The simulation software chosen was SuperPro Designer®, version 8.5, developed 

and commercialized by Intelligen, Inc. 

The procedures for process simulation involve defining the chemical components, choosing the right 

operation units and operation conditions (temperature, pressure, flowrate, etc.) and design the 

process flowsheet. The different assumptions are shown in the following sections. 

 

4.1.1 CPO case 

 

The unit operations selected for the process are shown in Table 12. The operations are shown in the 

order they are organized in the process. The conditions selected for the operations are shown in the 

section 4.2.2- Process conditions. 
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Table 12 Unit operations selected for CPO case. 

Unit Operation  Equipment type  Equipment number  Function  

Feedstock melting 
Shell&Tube heat 

exchanger 
P-6/HX-101 Melt the feedstock 

Filtration 
Plate&Frame 

filter 
P-7/PFF-101 

Remove the solid impurities that 

the feedstocks contain (sand, clay, 

etc.) 

Degumming 
Stirred Tank 

Reactor (STR) a 
P-10/R-101 Remove the gums 

Transesterification  STR P-17/R-102 
Conversion of TAG and FFA into 

FAME 

Glycerol 

separation 

Decanter 

centrifuge 
P-18/DC-101 

Separation between oil phase and 

glycerol/water phase 

Methanol removal 
Flash 

evaporation unit 
P-19/V-108 

Remove the remaining MeOH 

from FAME phase 

Alkaline washing STR b P-26/R-103 
Remove the unreacted FFA in the 

form of soapstock 

Water washing STR b P-28/R-104 

Remove any remaining soaps, 

MeOH or free glycerol from FAME 

phase 

Drying 
Flash 

evaporation unit 
P-30/V-105 

Remove the remaining water in 

order to comply with the 

specifications 

Glycerol refining 
Distillation 

column 
P-33/C-102 

Increase the purity grade of 

glycerol 

a- The degumming section also includes a heat exchanger to heat the oil to 100ºC (P-9/ HX-102); a flow 
splitter (P-11/ FSP-101); two mixers (P-12/MX-101; P-13/MX-102); a heat exchanger to cool the oil to 
39ºC (P-14/ HX-103) and a Plate&Frame filter (P-15/ PFF-102) to filter the gums. 

b- The alkaline and water washing sections also include a decanter centrifuge to remove soaps (P-27/DC-

102) and water (P-29/DC-103), respectively. 

 

The process is divided in four sections- the feedstock pre-treatment section which includes the 

feedstock melting (P-6/HX-101), filtration (P-7/PFF-101) and degumming (P-10/R-101); the reaction 

section which only includes the reactor P-17/R-102; the biodiesel purification section which includes all 

the downstream operations and the glycerol refining section which includes the distillation column P-

33/C-102. 

Regarding the filtration step it should be noted that the type of filter chosen was a Plate&Frame filter 

since this type of equipment is commonly used for clay removal and it is suitable for batch operation. 
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For the degumming section, several methods can be chosen as discussed in section 3.4.1.2. As crude 

palm oil has a low gums content, it is particularly suitable for a dry acid degumming. This method is 

very simple - it is enough to mix the oil with a strong degumming acid, such as phosphoric or citric acid 

with intense mixing for 30 minutes, which causes the dissociation of non-hydratable phosphatides into 

phosphatidic acid and calcium or magnesium bi-phosphate salts. The phosphatides and salts are then 

removed by adsorption on bleaching earth [50]. 

Phosphoric acid should be used in small quantities because the excess is not adsorbed onto the 

bleaching earth, which might cause hydrolysis problems, and the excess cannot be eliminated with 

calcium carbonate since it reverses the degumming reaction- the phosphatidic acid is reconverted into 

non-hydratable phosphatides [50].  

The option of an enzymatic degumming was also taken into account. However, for crude palm oil the 

dry acid degumming was preferred for its simplicity, efficiency for a vegetable oil with low 

phospholipids content and its large applicability in industry. Moreover, the dry acid degumming has a 

reduced wastewater production.  

The operation conditions for the degumming section as well as for all the other unit operations are 

shown in section 4.2.2- Process conditions. 

Enzyme reuse is a key factor to ensure the economic viability of the process. Based on information 

from the supplier (Novozymes A/S) it was assumed that the enzyme looses activity after 5 batches. So 

in order to reuse the enzyme during 5 batches, 80 %w/w of the glycerol stream (after separation from 

biodiesel) is recirculated back to the reactor. This recirculation allows the reuse of the enzyme without 

expensive unit operations, such as ultrafiltrations.  

It was analyzed the alternative of recycling to the reactor all the glycerol produced per batch, and 

discharge it to the glycerol refining section in the 5th batch.  However, this option would complicate the 

operation of the industrial plant, which should be kept as simple as possible so the operators could 

easily change the feedstocks in this flexible process. 

Since 80 %w/w of the glycerol stream is recycled to the reactor and this stream contains most of the 

unreacted methanol (methanol is more soluble in the glycerol/water phase than in the oil phase), it 

was not considered the option of reusing the methanol recovered in the flash evaporation unit P-19/V-

108.  

The remaining 20% of the water/glycerol stream is sent to the glycerol refining section. As the glycerol 

produced in an enzyme-catalyzed process has a much higher purity-grade than the one produced in 

the conventional process, the refining section consists only of a distillation column to remove the 

remaining water and alcohol. The operation conditions in the distillation column were selected to 

remove water but as methanol boiling point is lower, approximately 65 °C [51], the methanol is also 

removed. No water or methanol recovery and reuse were considered.  
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The liquid formulation of CalleraTM Trans L is not separated from the glycerol stream, but with the high 

temperatures applied in the distillation the enzyme will denature. 

 

4.1.2 PFAD case 

 

When adapting the process to PFAD, no changes were made in the process equipment or in the 

operation conditions, with exception of the transesterification time in the reactor. The enzyme 

CalleraTM Trans L is a lipase from Thermomyces lanuginosa (TLL), which has a high specificity 

towards TAG. CPO has a high content of TAG whereas PFAD has a high content of FFA (80-95%), as 

explained in section 3.3.4. Therefore it was assumed that the reaction would be faster for CPO (16 

hours vs. 20 hours for PFAD). 

However, one of the critical parameters of PFAD imposes a big challenge when adapting the process. 

PFAD’s melting point is around 49 ºC [21] but the reaction temperature is 39 °C and it canno t be higher 

than this value as enzymes might suffer denaturation. The strategy adopted to decrease PFAD 

melting point is to blend it with FAME. It was assumed that 50 %w/w of the biodiesel stream, (after 

separation from glycerol) would be recirculated to a storage tank, blended with PFAD and this 

procedure would decrease the melting point to the desired temperature, 39 °C. The value of 50 %w/w 

was chosen based on experimental work currently being done in the Center for Process Engineering 

and Technology (PROCESS) from DTU. 

 

4.2 Process simulation 
 

4.2.1 Components definition 

 

In order to design the process in the simulation software, the first step was to define the chemical 

components used.  

Water, methanol, glycerol and phosphoric acid are available in SuperPro® components database and 

no changes in these components parameters were made. 

Crude palm oil is a mixture of triglycerides, diglycerides, monoglycerides, water, FFA, phospholipids 

and it may also contain some impurities, such as sand or clay. It was defined as a mixture with 5 

%w/w FFA [1]; 0.02 %w/w water [52]; 0.013 %w/w (130 ppm) of phosphorus [53]; 2 %w/w of impurities 

and 92.967 %w/w of triglycerides. Diglycerides and monoglycerides were not taken into account in the 

simulation in order to simplify the simulation. One of the major fatty acids present in crude palm oil is 

oleic acid (C18:1), so FFA were defined as oleic acid, which is included in SuperPro® database. Since 
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it was assumed that all FFA is oleic acid and triolein contains 3 oleic acid chains, triolein was chosen 

as the triglycerides present in crude palm oil. Triolein is available in SuperPro® components database. 

Impurities present in crude palm oil were defined as debris with a particle size of 100 micron.  

Regarding PFAD, it was assumed that it is a mixture with 85 %w/w FFA [1]; 0.87 %w/w water [21], 

1.14 ppm (1.14x10-4 %w/w) of phosphorus [21]; 12.13 %w/w of TAG and the same percentage of 

impurities as in crude palm oil - 2 %w/w. FFA and TAG were also assumed to be oleic acid and 

triolein, respectively.  

As triolein was assumed to be the only triglyceride present in both feedstocks, the methyl ester 

resulting from the transesterification reactions was assumed to be methyl oleate (C19H36O2).  Methyl 

oleate was define with a molecular weight of 296.49 g/mol; normal boiling point of 343.85 °C and 

density of 873.90 kg/m3 [8].  

The formulation of CalleraTM Trans L contains water, buffer, proteins and some minor components, 

with a concentration of 17 mg protein/mL. The composition of the liquid formulation was obtained from 

the supplier, Novozymes A/S. It was assumed that the formulation only contains water besides the 

enzyme. Hence, the liquid lipase was defined as a mixture with 1.7 %w/w of protein and 98.3 %w/w of 

water. 

Finally, bleaching earth used in the degumming step for crude palm oil was defined as silica, with a 

molecular weight of 60.08 g/mol; normal boiling point of 2200 °C and a particle size of 45 micron [54] .  

Table 13 sums up the definition of all the components used in the process simulation.   
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Table 13 Definition of components in the simulation  software SuperPro Designer ®. 

Component  Definition  

Water  Available in SuperPro® components database 

Methanol  Available in SuperPro® components database 

Glycerol  Available in SuperPro® components database 

Phosphoric acid  Available in SuperPro® components database 

Crude palm oil 

Defined as a mixture with 5 %w/w FFA [1]; 0.02 %w/w water [52]; 

0.013 %w/w (130 ppm) of phosphorus [53]; 2 %w/w of impurities 

and 92.967 %w/w of TAG. 

FFA 
Defined as oleic acid, which is available in SuperPro® components 

database 

TAG 
Defined as triolein, which is available in SuperPro® components 

database 

PFAD 

Defined as a mixture with 85 %w/w FFA [1]; 0.87 %w/w water [21], 

1.14 ppm of phosphorus [21]; 12.13 %w/w of TAG and 2 %w/w of 

impurities. 

Biodiesel 

Defined as methyl oleate, which was defined as a single 

component with a molecular weight of 296.49 g/mol; normal boiling 

point of 343.85 °C and density of 873.90 kg/m 3. 

Liquid lipase 
Defined as a mixture with 1.7 %w/w of protein and 98.3 %w/w of 

water. 

Bleaching earth 

Defined as silica, which was defined as a single component with a 

molecular weight of 60.08 g/mol; normal boiling point of 2200 °C 

and a particle size of 45 micron [54]. 

 

4.2.2 Process conditions 

 

The operation conditions for the several units in the process are shown in Table 14 and Table 15. 
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Table 14 Process conditions. 

Operation 
Equipment 

number 
T (ºC) Pressure Conditions Reference 

Feedstock melting P-6/HX-101 
CPO: 39ºC 

PFAD: 50ºC 
Atmospheric -  - 

Filtration P-7/ PFF-101 39 Atmospheric 
Cake dryness: 5% 

Maximum cake thickness: 15 cm 
- 

Degumming P-10/ R-101 100 Atmospheric 

0.075 wt% of a 85 %w/w solution of H3PO4 (with respect 

to oil); 

1.25 wt% of bleaching earth (with respect to oil); 

Intense mixing (2kW/m3) for 30 minutes; 

Reaction extent: 100% 

[55] 

Transesterification P-18/ R-102 39 Atmospheric 

5 %w/w of water; 

0.75 %w/w of enzyme CalleraTM Trans L; 

1.5 eq. MeOH; 

Intense mixing (2 kW/m3); 

Reaction time: CPO- 16 hours; PFAD- 20 hours;   

Transesterification reaction extent: 95%; 

TAG hydrolysis extent: 95%; 

Extent of esterification of FFA defined in order to have 

2.5 %w/w FFA (with respect to oil) on the outlet stream 

of the reactor. 

Experimental 

work 

currently 

being done 

in PROCESS 

group. 
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Table 15 Process conditions- continuation. 

Operation 
Equipment 

number 
T (ºC) Pressure Conditions  Reference 

Glycerol separation P-18/DC-101 39 Atmospheric 

Separation between oil and glycerol phases: 100%; 

TAG, FAME and FFA partitioning: 100% in the oil 

phase; 

MeOH partitioning: 85% in the glycerol/water phase 

and 15% in the oil phase a; 

Water partitioning: 99.7% in the glycerol/water 

phase and 0.3% in the oil phase. 

[56] 

Methanol removal P-19/V-108 120 Atmospheric 
MeOH evaporation: 99% 

Water evaporation: 90% 

Previous projects 

from PROCESS 

group. 

Alkaline washing P-26/R-103 41.8 Atmospheric 
10% excess of NaOH (solution of 2 %w/w dilute 

NaOH) 
[49] 

Water washing  P-28/R-104 40.2 Atmospheric 5 %w/w of water (with respect to oil phase) [49] 

Drying P-30/ V-105 40.42 
Vacuum (0,2 

bar) b 
- [8] 

Glycerol refining P-33/C-102 
Condenser: 100ºC 

Reboiler: 127.74 °C 
1,0 atm 

Reflux ratio:0.123; 

Theoretical stages: 9.6; 

Stage efficiency of 80%. 

[8] 

a- Gündüz Güzel estimated that approximately 86.6% of the alcohol goes into the oil phase whereas 13.4% goes into the glycerol/water phase [56]. For simplification and 

considering that the values shown are only an estimation, it was assumed that 15% of methanol goes into the oil phase and 85% in the glycerol/water phase. The 

estimation was made for ethanol but it was assumed that the partitioning would be the same for methanol. 

b- Vacuum is necessary to avoid thermal decomposition of biodiesel [57]. 
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5. Results 
 

5.1 Process design 
 

The critical parameters of CPO and PFAD are shown in Table 16.  

Table 16 Critical parameters for crude palm oil and  PFAD.  

Critical parameters  Crude Palm Oil  PFAD 

FFA (wt%)  5 [21] 85 [21] 

Melting point ( °C) 35 [29] 49 [21] 

Phosphorus content (ppm)  5-130 [53] 1.14 [21] 

Water (wt%)  ~0.02 [52] ~0.87 [21] 

 

Analyzing the FFA content of both feedstocks, it can be seen that both have a content much higher 

than 0.5 wt% which means that a pre-esterification step would be necessary if the catalyst chosen was 

alkaline. As the process is enzymatic, the pre-esterification can be skipped as esterification of FFA 

and transesterification of TAG take place as a single-step in the reactor. 

Regarding the melting point, both feedstocks have a melting point higher than room temperature so it 

is necessary a melting step in the beginning of the process. As discussed in section 4.1.2, the strategy 

adopted to decrease PFAD melting point to 39 °C is to recirculate 50 wt% of the FAME and blend it 

with PFAD.  

The phosphorus content of CPO varies between 5 and 130 ppm. It was assumed the highest value- 

130 ppm. This means that CPO will need a degumming step whereas PFAS does not need it.  

Finally, the water content is higher for PFAD than CPO but there is no need of a water removal step 

as the process is catalyzed by enzymes.  

A simplified process layout is shown in Figure 6. It shows how the process is organized in a modular 

way- PFAD will skip the degumming section whereas CPO will need degumming. Another difference 

in the process running with PFAD is the recirculation of 50 %wt of the FAME produced to a storage 

tank where it is blended with PFAD.   

In Figure 26- Appendix II it is shown the detailed process flowsheet for crude palm oil and in Figure 

28- Appendix IV the process flowsheet adapted for PFAD. 
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Figure 6 Simplified process flowsheet. 

 

5.2 Process performance evaluation for CPO 
 

5.2.1 Scheduling 

  

The batch time is assumed to be 24 hours to facilitate the operation of the industrial plant. The longest 

operation in the process is the transesterification reaction which takes 16 hours. From the remaining 8 

hours of batch, 4 hours are used to fill in the reactor and 4 hours to empty it. This way the reactor is 

always occupied during the 24 hours of batch.  

In order to optimize the productivity of the process, the sections for feedstock pre-treatment and 

biodiesel purification were planned to also take 24 hours. In this way, while the reactor is occupied 

converting CPO into biodiesel and glycerol, the feedstock pre-treatment section is treating CPO for the 

following batch and the biodiesel purification section is purifying biodiesel from the previous batch, as 

shown in Figure 7. This mode of operation requires one storage tank before the reactor to accumulate 

pre-treated feedstock (storage tank P-16/V-104) and one after the reactor (P-41/V-112). The resulting 

material from the reactor will be discharged to the tank P-41/V-112 during 4 hours. The biodiesel 

formed will be purified during the remaining 20 hours of batch. The glycerol formed will also be refined 

during 20 hours. Thus all the sections of the process will work continuously. 
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The process equipment occupation of the process running with CPO can be seen in Appendix III.  

 

Figure 7 Scheduling of the process running with CPO.   

 

5.2.2 Process analysis 

 

As the annual capacity of the process is 1.00x105 tons of biodiesel and considering that the batch time 

is 24 hours, the batch capacity must be approximately 303 tons of biodiesel per day. 

According to the reaction conditions shown in section 4.2.2 the flowrates of reagents necessary for the 

transesterification in the first batch was calculated and it is shown in Table 17. 

Table 17 Components consumption for the transesteri fication in the first batch of the process running 

with CPO. 

Component  kg/batch  

Crude palm oil  3.16x105 

Liquid lipase  2.32x103 

Water  1.55x104 

Methanol  5.05x104 

 

However, the recirculation of 80 %w/w of the glycerol/water phase (which also contains methanol and 

catalyst) back to the reactor will lead to an accumulation of glycerol in the reactor in the first batches.  

But this recirculation of glycerol will stabilize and the process will reach a ”pseudo steady-state”. In this 

”pseudo steady-state” the consumption of methanol, water and enzyme will be lower - it corresponds 
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to the difference between the amount necessary (defined by the operation conditions) and the amount 

that is recirculated.  As the enzyme is reused 5 times, in this ”pseudo steady-state” it is only necessary 

to supply 1/5 of the necessary enzyme to the reaction.  

Simulations of the first 30 batches were made to determine how much glycerol, methanol, water and 

enzyme are recycled in order to calculate how much is necessary to supply in the ”pseudo steady-

state”. The results of these simulations are shown in Appendix VI.  

Figure 8 shows the variation of the amount of glycerol recycled to the reactor in the first 30 batches. 

The glycerol accumulates in the reactor in the first 20 batches but from the 20th batch on, it stabilizes 

around 1.22x105 kg/batch.   

The consumption of methanol, water and enzyme in “pseudo steady-state” is shown in Table 19. 

 

Figure 8 Glycerol recirculation in the first 30 bat ches of the process running with CPO. 

 

5.2.2.1 Mass balances 

 

The mass composition and enthalpy of each stream of the process running with CPO can be seen in 

Appendix VII.  

The mass balances to the reactor P17/R-102 (represented in Figure 9) can be seen in Table 18.  
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Figure 9 Representation of the inlet and outlet str eams of the reactor (P-7/R-102) for CPO case. 

Table 18 Stream composition in the inlet and outlet of the reactor running in “pseudo steady-state” in 

CPO case.   

Component 

mass fraction 

(%) 

S-105 S-118 S-119 S-139 S-156 S-117 

FFA 5.10 - - - - 1.57 

Phosphoric 

acid 
2.00x10-4 - - - 1.90x10-3 7.00x10-4 

TAG 94.9 - - - - 1.47x10-1 

Water  3.19x10-2 - - 100 8.62 3.22 

Methanol  - - 100 - 8.14 3.56 

Liquid lipase  - 100 - - 1.25 4.60x10-1 

Glycerol  - - - - 82.0 30.5 

FAME - - - - - 60.6 

Mass flow 

(kg/batch) 
3.09x105 4.64x102 3.84x104 2.65x103 1.49x105 4.99x105 

 

In Table 19 is shown the materials consumption for the entire process in ”pseudo steady-state”.  

 

 



44 
 

Table 19 Materials consumption for the process runn ing in ”pseudo steady-state” in CPO case.  

Component Unit operation kg/batch ton/year 
kg/kg biodiesel 

produced 

Crude palm oil  - 3.16x105 1.04x105 1.04 

Methanol  Transesterification 3.84x104 1.27x104 0.13 

Liquid lipase  Transesterification 4.64x102 1.54x102 1.50x10-3 

Water 

Transesterification 2.65x103 8.75x102 8.74x10-3 

Alkaline washing 6.00x104 1.98x104 0.20 

Water washing 1.55x104 5.12x103 5.11x10-2 

TOTAL 7.81x104 2.58x104 0.26 

NaOH Alkaline washing 1.22x103 4.04x102 4.00x10-3 

Bleaching earth  Degumming 3.95x103 1.30x103 1.30x10-2 

Phosphoric acid 

(85 %w/w) 
Degumming 2.37x102 7.82x101 1.00x10-3 

 

Regarding the lipase consumption, it is consumed 1.50x10-3 kg lipase per kg of biodiesel produced, 

i.e. approximately 654 kg of biodiesel are produced per kg of liquid lipase used. According to 

Novozymes A/S this is an acceptable ratio to ensure the economic viability of an industrial plant.  

In Table 20 is shown the production of biodiesel and glycerol in a batch and annual basis.  

Table 20 Biodiesel and glycerol production for the process running with crude palm oil.  

Component  kg/batch  ton/year  

Biodiesel  3.03x105 1.00x105 

Glycerol (99,0 % purity)  3.08x104 1.01x104 

 

The composition of the biodiesel produced can be seen in Table 21. It obeys to the EN 14214 

specifications with exception of TAG composition which is slightly above the specification (0.2 wt%). 

The esterification reaction is a stepwise reaction, meaning that TAG is converted into DAG, which is 

then converted to MAG. However, DAG and MAG were not considered in the simulation. So in reality, 

if this process would be implemented in an industrial plant, TAG content could be within the 

specifications. Taking the intermediates DAG and MAG into consideration, the final TAG content could 

be lower. On the other hand, DAG and MAG content could be above specifications since they were 

not considered in the simulation.  

To take conclusions regarding TAG, DAG and MAG content, a more complex simulation should be 

done, taking into account the stepwise reaction. 
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However, it is important to note that process simulations have several limitations and they do not 

entirely represent the complexity of a real process. Hence, even though the biodiesel obtained in the 

simulation is within the specifications this might not correspond to a real scenario. It would be 

necessary to perform laboratory tests to be sure that the biodiesel produced in the industrial plant is 

within the specifications.   

Regarding the glycerol produced, applying the conditions explained in section 4.2.2, it is obtained 

glycerol with a high purity grade (99.0%), which allows the industrial plant to commercialize the 

glycerol and get some revenue from it. It should be noted that the purity grade could be lower in a real 

scenario given the software limitations. 

Table 21 Composition of the biodiesel produced when  CPO is used as feedstock.  

Component  kg/batch  Mass composition (%)  EN 14214 specification  

FAME 3.02x105 99.7 Higher than 96.5% 

Methanol  6.00x10-1 2.00x10-4 Lower than 0.2% 

FFA 1.96x101 6.50x10-3 Lower than 0.05% 

TAG 7.33x102 2.41x10-1 Lower than 0.2% 

Water  1.07x102 3.53x10-2 Lower than 0.05% 

 

5.2.2.2 Process Equipment 

 

The flowrates involved in this process are high- 3.16x105 kg of CPO per batch- and given that the 

process is run in batch mode, it is necessary to split the production over several reactors. Admitting 

that the maximum volume of the reactors is 60 m3, the simulation software determined that is 

necessary to have 10 reactors with 58.2 m3 for the transesterification reaction. It is also necessary to 

have multiple reactors for the degumming step, alkaline washing and water washing, and multiple 

storage tanks and filters. The equipment sizing for all the process equipment was obtained from the 

simulation software SuperPro Designer®. In Table 22 is shown all the necessary equipment as well as 

its characteristics. 

With the production split between several reactors operating at the same time, the operators and 

supervisors of the industrial plant will have a big challenge to coordinate the production. Working in a 

continuous mode could allow having just one reactor, which would decrease the capital costs of the 

industrial plant, but the batch mode is necessary to maintain the flexibility of the process. 

Operating in a batch mode imposes another difficulty. As the feedstock flowrate is high and in order to 

run one batch every 24 hours, there is only 4 hours to fill the reactor with approximately 3.16x105 kg of 

CPO. This demands powerful pumps and the energy consumption in these pumps can be 

considerable. Since the pumps are subjected to intense wear they should be regularly checked by the 

maintenance and repair services.  
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Table 22 List of necessary equipment and its charac teristics. 

Name Type Units Capacity 
Material of 

construction 

V-101 Vertical-On-Legs Tank 1 54.0 m3 SS316 

V-102 Vertical-On-Legs Tank 1 0.520 m3 SS316 

HX-101 Heat Exchanger 1 0.300 m2 CS 

PFF-101 Plate&Frame Filter 4 61.5 m2 SS316 

V-103 Vertical-On-Legs Tank 7 54.6 m3 SS316 

HX-102 Heat Exchanger 1 1.76 m2 CS 

R-101 Stirred reactor 7 55.0 m3 SS316 

HX-103 Heat Exchanger 1 2.57 m2 CS 

DC-101 Decanter centrifuge 1 26.0 m3/h SS316 

HX-104 Heat Exchanger 1 4.68 m2 CS 

V-106 Vertical-On-Legs Tank 2 43.6 m2 SS316 

V-107 Vertical-On-Legs Tank 1 0.710 m3 SS316 

R-103 Stirred reactor 8 57.9 m3 SS316 

R-104 Stirred reactor 7 58.6 m3 SS316 

V-108 Flash Drum 1 9.98 m3 CS 

V-104 Vertical-On-Legs Tank 7 54.6 m3 SS316 

PF-102 Plate&Frame Filter 4 71.7 m2 SS316 

V-105 Flash Drum 1 9.69 m3 CS 

C-102 Distillation Column 1 200.7 L CS 

V-109 Vertical-On-Legs Tank 1 27.3 m3 SS316 

HX-105 Heat Exchanger 1 1.29 m2 CS 

HX-106 Heat Exchanger 1 3.15 m2 CS 

V-110 Vertical-On-Legs Tank 7 55.1 m3 SS316 

R-102 Stirred reactor 10 58.2 m3 SS316 

V-111 Vertical-On-Legs Tank 4 35.5 m3 SS316 

V-112 Vertical-On-Legs Tank 10 57.7 m3 SS316 

DC-102 Decanter centrifuge 1 20.9 m3/h SS316 

DC-103 Decanter centrifuge 1 18.5 m3/h SS316 

 

5.2.2.3 Energy consumption 

 

In Table 24, Table 25 and Table 26 is shown the steam, cooling water and chilled water consumption, 

respectively. This consumption was determined by the simulation software. In order to calculate the 

total energy consumption in the process, steam, cooling water and chilled water mass flows were 



 

converted to energy units (MJ) using the mass to ene

were available in the Heat Transfer Agents Databank from the simulation software.

Table 

Utility 
Supply Temperature (Tin) 

(ºC)

Steam 152

Cooling water  25

Chilled water  5

 

Table 24 Steam consumption in

Equipment 

number 
Unit  operation

P-6 
Feedstock melting 

(heating to 39ºC)

P-9 
Heating to 100ºC (before 

degumming reaction)

P-33 Glycerol distillation

TOTAL - 

 

Figure 10 S team consumption in

 

 

converted to energy units (MJ) using the mass to energy factors shown in Table 

were available in the Heat Transfer Agents Databank from the simulation software.

Table 23 Heat transfer agents’ characteristics. 

Supply Temperature (Tin) 

(ºC) 

Return Temperature (Tout) 

(ºC) 

152 152 

25 30 

5 10 

Steam consumption in  the process running with CPO.

Unit  operation  kg/batch ton/year 

kg/kg 

biodiesel 

produced 

Feedstock melting 

(heating to 39ºC) 
6.38x102 2.11x102 0.00

(before 

egumming reaction) 
2.12x103 7.01x102 0.01

Glycerol distillation 1.07x104 3.53x103 0.04

1.35x104 4.44x103 0.04

team consumption in  the process running with CPO.

5%

16%

79%

Steam consumption

P-6 P-9 P-33

47 

Table 23. These factors 

were available in the Heat Transfer Agents Databank from the simulation software. 

Mass to Energy 

factor (kJ/kg) 

2105.39 

20.89 

20.99 

CPO. 

kg/kg 

biodiesel 

produced  

MJ/batch 

00 1.34x103 

01 4.47x103 

04 2.25x104 

04 2.84x104 

 

CPO. 
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Table 25 Cooling water 

 

Figure 11 C ooling water consumption in

Table 26 Chilled water 

Equipment 

number 
Unit operation

P-14 
Cooling to 39ºC (after 

degumming)

P-20 
Cooling to 50ºC (after 

methanol removal)

P-36 Glycerol cooling to 25ºC

P-37 Biodiesel cooling to 25ºC

P-17 
Transesterification 

reaction

TOTAL - 

 

Cooling water consumption

Equipment 

number 
Unit operation

P-10 Degumming reaction

P-33 Glycerol distillation

TOTAL - 

Cooling water consumption in the process running with CPO.

ooling water consumption in  the process running with CPO.

Chilled water consumption in the process running with CPO.

Unit operation  kg/batch ton/year 

kg/kg 

biodiesel 

produced

Cooling to 39ºC (after 

degumming) 
2.28x105 7.53x104 0.75

Cooling to 50ºC (after 

methanol removal) 
1.75x106 5.77x105 5.76

Glycerol cooling to 25ºC 3.65x105 1.20x105 1.20

Biodiesel cooling to 25ºC 4.13x105 1.36x105 1.36

Transesterification 

reaction 
2.80x106 9.24x105 9.24

5.55x106 1.83x106 18.

6%

94%

Cooling water consumption

P-10 P-33

Unit operation  kg/batch ton/year 

kg/kg 

biodiesel 

produced

Degumming reaction 3.87x104 1.28x104 0.13

Glycerol distillation 5.97x105 1.97x105 1.97

6.35x105 2.10x105 2.10

CPO. 

 

CPO. 

CPO. 

kg/kg 

biodiesel 

produced  

MJ/batch  

75 4.79x103 

76 3.67x104 

20 7.66x103 

36 8.67x103 

24 5.88x104 

32 1.17x105 

kg/kg 

biodiesel 

produced  

MJ/batch 

13 8.08x102 

97 1.25x104 

10 1.33x104 



 

Figure 12

Regarding the steam consumption, the biggest contributor for overall steam consumption is the 
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Chilled water consumption

12 Chilled water in the process running with CPO. 

Regarding the steam consumption, the biggest contributor for overall steam consumption is the 
which accounts with 79% for total consumption. The same happens with cooling 

water consumption with glycerol distillation accounting with 94% of overall consumption.
cooling water over chilled water because its price is lower (0.05$/ton vs. 0.

prices defined by SuperPro Designer®). 

Analyzing chilled water consumption it is possible to observe that the highest consumption takes place 
transesterification reactor (P-17/ R-102). This is easily explained by the fact that the reactor has 

) during 16 hours of reaction. The consequent heat production is 
needs to be removed in order to maintain the temperature in 39ºC. 

Consequently, there is a high consumption of chilled water to remove all the heat that is produced. 
this case it is necessary to use chilled water since cooling water does not have the necessary heat 
transfer capacity to remove all the heat that is produced. 

ixing in the reactor should be intense to incorporate the alcohol in the oil phase, as the alcohol has a 
However, the mixing should be slowed as the reaction begins to take place, 

avoid glycerol dispersion in fine droplets throughout the mixture, as explained in section 
simulation software it is not possible to vary the power consumption for agitation over 

time. So, in order to consider the highest energy consumption possible, which corresponds to the 
“worst case scenario”, it was considered a power consumption of 2 kW/m3 for agitation during 

4%

32%

7%
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Regarding the steam consumption, the biggest contributor for overall steam consumption is the 
which accounts with 79% for total consumption. The same happens with cooling 

% of overall consumption. It was 
r because its price is lower (0.05$/ton vs. 0.40$/ton for 

hat the highest consumption takes place 
This is easily explained by the fact that the reactor has 

consequent heat production is high 
needs to be removed in order to maintain the temperature in 39ºC. 

Consequently, there is a high consumption of chilled water to remove all the heat that is produced. In 
er does not have the necessary heat 

ixing in the reactor should be intense to incorporate the alcohol in the oil phase, as the alcohol has a 
n begins to take place, to 

, as explained in section 3.4.2.1. 
simulation software it is not possible to vary the power consumption for agitation over 

time. So, in order to consider the highest energy consumption possible, which corresponds to the 
for agitation during the 
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Table 27 Power consumption in the process running wi th CPO. 

Equipment 

number 
Type of equipment kWh/batch kWh/year MJ/batch 

P-1 Pump 6.65x100 2.19x103 2.39x101 

P-3 Pump 6.00x10-2 2.10x101 2.16x10-1 

P-5 Pump 4.79Ex101 1.58x104 1.72x102 

P-7 Plate&Frame Filter 3.44x102 1.14x105 1.24x103 

P-10 Degumming reactor 4.62x102 1.53x105 1.66x103 

P-18 Decanter centrifuge 8.48x101 2.80x104 3.05x102 

P-24 Pump 1.07x101 3.54x103 3.87x101 

P-25 Pump 9.00x10-2 2.89x101 3.24x10-1 

P-26 Alkaline washing reactor 1.67x103 5.51x105 6.01x103 

P-28 Water washing reactor 1.48x103 4.87x105 5.31x103 

P-15 Plate&Frame Filter 3.44x102 1.14x105 1.24x103 

P-34 Pump 4.86x101 1.60x104 1.75x102 

P-35 Storage tank 9.81x100 3.24x103 3.53x101 

P-38 Pump 6.88x102 2.27x105 2.48x103 

P-17 Transesterification 

reactor 
3.35x104 1.11x107 1.21x105 

P-27 Decanter centrifuge 7.77x101 2.56x104 2.80x102 

P-29 Decanter centrifuge 7.40x101 2.44x104 2.66x102 

Unlisted 

Equipment  

Controllers, sensors, 

etc. 
2.43x103 8.02x105 

8.75x103 

General 

Load 

- 
7.29x103 2.41x106 

2.62x104 

TOTAL - 4.86x104 1.60x107 1.75x105 

 

Regarding the power consumption, as expected the biggest contributor for total power consumption is 
the transesterification reactor (P-17/R-102). There is also high power consumption for agitation in the 
degumming reactor (P-10/R-101) and in the reactors for alkaline washing (P-26/R-103) and water 
washing (P-28/R-104).  

In Table 28 is shown the total energy consumption. Using the biodiesel calorific value (39,305 kJ/kg 
[58]), it was calculated the total energy production, i.e. the energy that the biodiesel produced contains. 
These allowed calculating the energy balance of the process which is positive - the energy production 
is higher than the consumption.  
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Table 28 Total energy produced and consumed and ene rgy balance for CPO case.  

Energy MJ/batch  

Total consumption 3.33x105 

Total production 1.19x107 

Balance 1.16x107 

 

5.3 Process performance evaluation for PFAD 
 

5.3.1 Scheduling 

 

As shown in section 4.2.2, the reaction time is longer in PFAD case - 20 hours vs. 16 hours for CPO. 

As a consequence, the batch time was increased in 4 hours. The batch time is 28 hours for PFAD 

case which will cause a reduction in biodiesel production. The maximum number of batches per year 

decreases to 282, causing a reduction in annual biodiesel production.  

In the same way as for CPO, the scheduling was organized in a way that all the sections work 

simultaneously during the 28 hours. The reactor is filled and emptied in 4 hours, which means that the 

feedstock pre-treatment and the biodiesel purification take 24 hours. However, the glycerol refining 

time was maintained in 20 hours. 

The process equipment occupation of the process running with PFAD can be seen in Appendix V.  

 

5.3.2 Process analysis 

 

The most relevant difference for the process running with PFAD is caused by the differences in PFAD 

composition - it is constituted by 85% of FFA and only 12.13 wt% of TAG. This means that the 

reaction that will mainly take place in the reactor P-17/R-102 is the esterification of FFA and not the 

transesterification of TAG. The esterification reaction will form FAME and water as a by-product 

instead of glycerol. 

When running the simulation of the 1st batch it was observed that there was a high production of water 

- the water/glycerol stream (after separation from biodiesel) was constituted by 64.6% of water. As 80 

wt% of this stream is recycled back to the reactor there is no need to supply water to the reactor in the 

following batches. So besides the 1st batch there is no water consumption for the reactor.  

However, the water formation will also have a negative consequence. Combining the recirculation of 

80 wt% of the water/glycerol phase with the recirculation of 50 wt% of biodiesel stream to decrease 
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PFAD melting point, the reactor will suffer a drastic reduction in its volumetric efficiency. According to 

the simulations only approximately 40% of the volume reactor is available for PFAD phase.  

As a consequence of this decrease in volumetric efficiency of the reactor, the feedstock flowrate 

needs to be decreased. Keeping the same reactors (10 reactors, each with 58.2 m3) is not possible to 

run a flowrate of 3.16x105 kg of feedstock per batch as in CPO case. To maintain the same flowrate 

for the feedstock it would be necessary to have more reactors. As the process equipment is kept, the 

feedstock flowrate had to be decreased, causing a reduction in biodiesel production per batch. 

Several simulations were made in order to find the maximum PFAD flowrate which is possible to run in 

the process. The maximum PFAD flowrate is 2.10x105 kg/batch and the resulting biodiesel production 

is 2.07x105 kg/batch.  

In the same way as in CPO case, there is an accumulation of glycerol in the first batches until the 

process stabilizes reaching a “pseudo steady-state”. However, in PFAD case glycerol production is 

low since there is only 12.13 wt% of TAG in PFAD. Hence, the amount of glycerol accumulated is 

lower than in CPO case. On the other hand, there is also water accumulation which will be higher than 

glycerol accumulation.  

Simulations of the first 30 batches were made in order to study the stabilization of glycerol and water 

recirculation and the results are shown in Appendix VI.  

In Figure 13 and Figure 14 it is possible to observe the stabilization of glycerol and water recirculation, 

respectively. Recirculation of glycerol stabilizes around 1.00x104 kg/batch and water recirculation 

stabilizes around 5.00x104 kg/batch. In both cases, the recirculation stabilizes from the 20th batch on.  

 

 

Figure 13 Glycerol recirculation in the first 30 ba tches of the process running with PFAD. 

0,00E+00

2,00E+03

4,00E+03

6,00E+03

8,00E+03

1,00E+04

1,20E+04

0 5 10 15 20 25 30 35

k
g

/b
a

tc
h

Number of batches

Glycerol recirculation



53 
 

 

Figure 14 Water recirculation in the first 30 batch es of the process running with PFAD. 

 

5.3.2.1 Mass balances 

 

A scheme of the reaction system is shown in Figure 15 and the mass balances to the reactor P-17/R-

102 are shown in Table 29.  

The mass composition and enthalpy of all the stream of the process adapted for PFAD is shown in 

Appendix VIII.  

 

 

Figure 15 Representation of the inlet and outlet st reams of the reactor (P-7/R-102) for PFAD case. The 

storage tanks P-40 and P-41 were not represented in  the scheme. 
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Table 29 Stream composition in the inlet and outlet of the reactor running in “pseudo steady-state” in 

PFAD case.   

Component 

mass fraction 

(%) 

S-103 S-110 S-118 S-119 S-156 S-157 

FFA 86.7 2.60 - - - 2.15 

TAG 12.4 1.49x10-2 - - - 1.10x10-1 

Phosphorus  1.00x10-4 1.00x10-4 - - 3.00x10-4 1.00x10-4 

Water  8.89x10-1 4.60x10-2 - - 71.5 12.4 

Methanol  - 4.38x10-1 - 100 11.9 2.41 

Liquid lipase  - - 100 - 1.73 3.00x10-1 

Glycerol  - - - - 14.9 2.56 

FAME - 96.9 - - - 80.2 

Mass flow 

(kg/batch) 
2.06x105 2.13x105 3.08x102 2.54x104 7.13x104 5.16x105 

 

In Table 30 is shown the materials consumption for the entire process running in ”pseudo steady-

state”.  

Table 30 Materials consumption for the process runn ing in ”pseudo steady-state” in PFAD case. 

Component Unit operation kg/batch  ton/year 
kg/kg biodiesel 

produced 

PFAD - 2.10x105 5.92x104 1.01 

Methanol  Transesterification 2.54x104 7.17x103 0.12 

Liquid lipase  Transesterification 3.08x102 8.70x101  1.50x10-3 

Water 

Alkaline washing 8.47x104 1.94x104 0.33 

Water washing 1.03x104 2.90x103 0.05 

TOTAL 9.50x104 2.22x104 0.38 

NaOH Alkaline washing 1.73x103 5.71x102 7.00x10-3 

 

An interesting point to make, is that even though in PFAD case there is no need to supply water to the 

reactor (since water is produced in the esterification reaction), the overall water consumption is higher 

when using PFAD as a feedstock (approximately 18% higher). That happens because the outlet 

stream of the reactor has a higher amount of FFA in PFAD case, which will require a higher flowrate of 

the 2% dilute sodium hydroxide (NaOH) solution in the alkaline washing step. 

In Table 31 is shown the production of biodiesel and glycerol in a batch and annual basis.  
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Table 31 Biodiesel and glycerol production for the process running with PFAD.  

Compon ent  kg/batch  ton/year  

Biodiesel  2.07x105 5.84x104 

Glycerol (70,8% purity)  3.73x103 1.05x103 

 

It is important to note that glycerol production is much lower than in crude palm oil case because 

glycerol is only formed in the transesterification reaction. PFAD only has 12.13% TAG to participate in 

the transesterification reaction. Consequently glycerol formation will be low and the profit that the 

industrial plant can obtain from glycerol is much lower when the plant is running with PFAD. 

Another important aspect is that if applying the same conditions in the distillation for glycerol refining 

as in CPO case, the purity of the glycerol obtained is lower- 70.8%. This happens because the 

water/glycerol stream in “pseudo steady-state” (S-122) has a high content of water- 73.24 wt%. As the 

water content is much higher than in CPO case, it is necessary a higher energy input in the distillation 

to evaporate all the water and achieve the same purity grade as in CPO case. To obtain a higher 

glycerol purity in PFAD case, the distillation time could be increased; it could be used a heat transfer 

agent with a higher heat transfer capacity (steam at a higher temperature and cooling agents at a 

lower temperature) or the other option is to increase the heat transfer area. But to increase the area, it 

would be necessary to use another column.  

The composition of the biodiesel produced (stream S-155) is shown in Table 32. All the criteria from 

EN 14214 specifications are fulfilled by the biodiesel produced from PFAD. The TAG content is very 

high – 99.9 wt% - but it is very unlikely that in a real scenario the biodiesel produced would have such 

a high purity grade.  

Table 32 Composition of the biodiesel produced when  PFAD is used as feedstock. 

Component  kg/batch  Mass composition (%)  EN 14214 specification  

FAME 2.07x105 99.9 Higher than 96.5% 

Methanol  2.10x10-1 1.00x10-4 Lower than 0.2% 

FFA 1.39x101 6.70x10-3 Lower than 0.05% 

Phosphorus 3.75x10-2 1.81x10-5 
Lower than 10 ppm 

(1.00x10-3 %) 

TAG 3.18x101 1.54x10-2 Lower than 0.2% 

Water  8.55x101 4.13x10-2 Lower than 0.05% 
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5.3.2.2 Process Equipment

 

The process equipment used is the same as in CPO case. 

splitter (P-8/FSP-101) to divide the biodiesel stream (S

sent to the purification section and the other (S

blended with PFAD. It is also necessary to include 

changes constitute minor modifications in the process and do not represent significant

The process equipment included i

P-12/MX-101; P-13/MX-102; P-10/R

is running with PFAD.  

 

5.3.2.3 Energy consumption

 

Steam consumption for the process running with PFAD is shown in 

steam consumption in CPO and PFAD cases is shown in 

Table 33 Steam consumption in

Equipment 

number 
Unit  operation

P-6 
Feedstock melting 

(heating to 50ºC)

P-33 Glycerol distillation

TOTAL - 

 

Figure 16 Comparison between steam consumption in CPO case and  PFAD case.
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Process Equipment  

the same as in CPO case. It is only necessary to include an extra flow 

to divide the biodiesel stream (S-108) in two – one of the streams (S

sent to the purification section and the other (S-110) is recycled to the storage tank P

also necessary to include extra tubing for the stream S

changes constitute minor modifications in the process and do not represent significant

The process equipment included in the degumming section (P-8/V-103; P-9/HX

10/R-101; P-14/HX-103; P-15/PFF-102) is not used when the process 

Energy consumption  

team consumption for the process running with PFAD is shown in Table 33 and 

steam consumption in CPO and PFAD cases is shown in Figure 16. 

Steam consumption in  the process running with PFAD.

Unit  operation  kg/batch ton/year 

kg/kg 

biodiesel 

produced 

Feedstock melting 

ºC) 
4.32x103 1.22x103 0.02

distillation 1.99x104 5.60x103 0.10

2.42x104 6.82x103 0.12

Comparison between steam consumption in CPO case and  PFAD case.

Steam consumption

PFAD

CPO

o include an extra flow 

one of the streams (S- 109) is 

110) is recycled to the storage tank P-16/V-104 and 

extra tubing for the stream S-110 but these 

changes constitute minor modifications in the process and do not represent significant extra costs.  

9/HX-102; P-11/FSP-101; 

is not used when the process 

and a comparison of 

PFAD. 

kg/kg 

biodiesel 

produced  

MJ/batch 

02 9.11x103 

10 4.18x104 

12 5.09x104 

 

Comparison between steam consumption in CPO case and  PFAD case.  

PFAD

CPO



 

There is a high steam consumption in
in the water/glycerol stream, which requires a high energy input 
all the water in the stream. When the process is running with PFAD
refining section (stream S-145) contains 73.
water content of the stream S-145 is only 9.
approximately 80% higher when the process is running with

Cooling water consumption is shown in 
CPO and PFAD cases is shown in

 

Table 34 Cooling water 

Figure 17 Comparison between cooling water consumption in CPO case and PFAD case.

Regarding cooling water consumption, even though cooling water is only used in one unit operation 
(glycerol distillation) in PFAD case whereas in CPO case is used in two unit operations, its 
consumption is much higher in PFAD case 

This means that the glycerol distillation 
in PFAD case. The steam and co
higher in PFAD case and cooling water consumption is 157% higher.
distillation it would be necessary to use 
steam at a higher temperature and instead of cooling water it should be used chilled water at a lower 
temperature. The other alternative 
area. Both options are expensive and given the low 
viable to keep the glycerol refining section working in the PFAD case.

As the glycerol production is very low, the industrial plant would not
glycerol commercialization. Combining 
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Cooling water consumption

Equipment 

number 
Unit operation

P-33 Glycerol distillation

TOTAL - 

is a high steam consumption in PFAD case, mainly due to the high mass composition of water 
in the water/glycerol stream, which requires a high energy input in the distillation in order to 

When the process is running with PFAD, the stream sent to t
145) contains 73.2% whereas when the process is running with CPO the 

145 is only 9.9%. As a consequence, the steam consumption is 
approximately 80% higher when the process is running with PFAD, as shown in Figure 

Cooling water consumption is shown in Table 34 and a comparison of cooling water consumption in 
CPO and PFAD cases is shown in Figure 17. 

Cooling water consumption in the process running with PFAD.

 

Comparison between cooling water consumption in CPO case and PFAD case.

Regarding cooling water consumption, even though cooling water is only used in one unit operation 
case whereas in CPO case is used in two unit operations, its 

h higher in PFAD case - it is 157% higher.  

This means that the glycerol distillation using the same conditions as in CPO case might
in PFAD case. The steam and cooling water consumption is very high – steam consumption is 80% 

in PFAD case and cooling water consumption is 157% higher. In order to optimize the 
it would be necessary to use heat transfer agents with a higher heat transfer capacity, 

steam at a higher temperature and instead of cooling water it should be used chilled water at a lower 
alternative would be to acquire another column with a higher heat transfer 

area. Both options are expensive and given the low glycerol production, it could not be 
to keep the glycerol refining section working in the PFAD case. 

very low, the industrial plant would not make a significant
bining this with the fact that there is a high energy consumption 

Cooling water consumption

PFAD

CPO

Unit operation  kg/batch ton/year 

kg/kg 

biodiesel 

produced

Glycerol distillation 1.63x106 4.60x105 7.88

1.63x106 4.60x105 7.88
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PFAD case, mainly due to the high mass composition of water 
in the distillation in order to evaporate 

the stream sent to the glycerol 
% whereas when the process is running with CPO the 

, the steam consumption is 
Figure 16. 

a comparison of cooling water consumption in 

PFAD. 

 

Comparison between cooling water consumption in CPO case and PFAD case.  

Regarding cooling water consumption, even though cooling water is only used in one unit operation 
case whereas in CPO case is used in two unit operations, its 

CPO case might not be viable 
steam consumption is 80% 

In order to optimize the 
heat transfer agents with a higher heat transfer capacity, i.e. 

steam at a higher temperature and instead of cooling water it should be used chilled water at a lower 
another column with a higher heat transfer 

ould not be economically 

make a significant profit out of 
there is a high energy consumption in the 

PFAD

CPO

kg/kg 

biodiesel 

produced  

MJ/batch 

88 3.41x104 

88 3.41x104 
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distillation to refine the small amount of glycerol that is produced,
if it is worth having high operation costs in a single unit operation to prod
revenue might not be significant for the profitability of the industrial plant.

Chilled water consumption is shown in 
CPO and PFAD cases is shown in 

Table 35 Chilled water 

Equipment 

number 
Unit operation

P-16 

Storage tank P

(where PFAD is blended 

with biodiesel)

P-20 
Cooling to 50ºC (after 

methanol removal)

P-36 Glycerol cooling to 25ºC

P-37 Biodiesel cooling to 25º

P-17 Transesterification reaction

TOTAL - 

 

Figure 18 Comparison between chilled water consumption in CPO case and PFAD case.

Chilled water consumption is also higher for PFAD 

This small difference is explained by the longer re

higher production of heat that needs to be removed

Finally, power consumption for the process running with PFAD is shown in 

of power consumption in CPO case and PFAD case is shown in 
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Chilled water consumption 

distillation to refine the small amount of glycerol that is produced, it should be economically evaluated 
having high operation costs in a single unit operation to produce a by-

not be significant for the profitability of the industrial plant. 

Chilled water consumption is shown in Table 35 and a comparison of cooling water consumption in 
CPO and PFAD cases is shown in Figure 18. 

Chilled water consumption in the process running with PFAD.

Unit operation  kg/batch ton/year 

kg/kg 

biodiesel 

produced

Storage tank P-16/ V-104 

where PFAD is blended 

with biodiesel) 

1.85x105 5.21x104 0.89

Cooling to 50ºC (after 

methanol removal) 
1.20x106 3.38x105 5.78

Glycerol cooling to 25ºC 5.33x104 1.50x104 0.26

Biodiesel cooling to 25ºC 2.82x105 7.96x104 1.36

Transesterification reaction 3.96x106 1.12x106 19.11

 5.67x106 1.60x106 27.40

Comparison between chilled water consumption in CPO case and PFAD case.

Chilled water consumption is also higher for PFAD case; however the difference is only around 2%. 

ed by the longer reaction time for PFAD (20 hours) which will cause a 

higher production of heat that needs to be removed from the reactor.  

Finally, power consumption for the process running with PFAD is shown in Table 

of power consumption in CPO case and PFAD case is shown in Figure 19. 

Chilled water consumption 

PFAD

CPO

it should be economically evaluated 
-product whose 

of cooling water consumption in 

PFAD. 

kg/kg 

biodiesel 

produced  

MJ/batch  

89 3.87x103 

78 2.51x104 

26 1.12x103 

36 5.93x103 

11 8.30x104 

40 1.19x105 

 

Comparison between chilled water consumption in CPO case and PFAD case.  

the difference is only around 2%. 

action time for PFAD (20 hours) which will cause a 

Table 36 and a comparison 

PFAD

CPO



 

Table 36 Power consumption 

Equipment 

number 
Type of equipment

P-1 

P-3 

P-5 

P-7 Plate&Frame Filter

P-18 Decanter centrifuge

P-24 

P-25 

P-26 Alkaline washing reactor

P-28 Water washing reactor

P-34 

P-35 

P-38 

P-17 Transesterification reactor

P-27 Decanter centrifuge

P-29 Decanter centrifuge

Unlisted 

Equipment 
Controllers, sensors, etc.

General Load  

TOTAL 

 

Figure 19 Comparison between power consumption in CPO case and  PFAD case.

Regarding power consumption, it is 

by the longer reaction time. In the extra 4 hours of reaction there is an intense mixing (2kWh) which 

will cause the increase in power consumption.
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Power consumption in the process running with PFAD.

Type of equipment  kWh/batch kWh/year

Pump 4.40x100 1.24x10

Pump 4.00x10-2 1.20x10

Pump 9.09x103 3.23x10

Plate&Frame Filter 2.36x102 6.65x10

Decanter centrifuge 9.89x101 2.79x10

Pump 1.08x101 3.05x10

Pump 1.00x10-1 2.82x10

Alkaline washing reactor 1.50x103 4.24x10

Water washing reactor 1.22x103 3.44x10

Pump 6.34x100 1.79x10

Storage tank 1.28x100 3.61x10

Pump 4.70x102 1.33x10

Transesterification reactor 4.67x104 1.32x10

Decanter centrifuge 7.73x101 2.18x10

Decanter centrifuge 7.12x101 2.01x10

Controllers, sensors, etc. 3.15x103 8.88x10

- 9.45x103 2.67x10

- 6.30x104 1.78x10

Comparison between power consumption in CPO case and  PFAD case.

Regarding power consumption, it is approximately 30% higher in PFAD case which is also 

by the longer reaction time. In the extra 4 hours of reaction there is an intense mixing (2kWh) which 

will cause the increase in power consumption. 

Power consumption

PFAD

CPO
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PFAD. 

kWh/year  MJ/batch 

24x103 1.58x101 

20x101 1.44x10-1 

23x101 1.16x102 

65x104 8.48x102 

79x104 3.56x102 

05x103 3.90x101 

82x101 3.60x10-1 

24x105 5.41x103 

44x105 4.40x103 

79x103 2.28x101 

61x102 4.61x100 

33x105 1.69x103 

32x107 1.68x105 

18x104 2.78x102 

01x104 2.56x102 

88x105 1.13x104 

67x106 3.40x104 

78x107 2.27x105 

 

Comparison between power consumption in CPO case and  PFAD case.  

30% higher in PFAD case which is also explained 

by the longer reaction time. In the extra 4 hours of reaction there is an intense mixing (2kWh) which 

PFAD

CPO



60 
 

Although the overall energy consumption is higher if the process runs with PFAD, the energy balance 

is still positive, as can be seen in Table 37. 

Table 37 Total energy produced and consumed and ene rgy balance for PFAD case. 

Energy MJ/batch  

Total consumption 4.31x105 

Total production 8.14x106 

Balance 7.71x106 

 

5.4 Comparison between process productivity in CPO case 

and PFAD case 
 

Biodiesel and glycerol production (in a batch and annual basis) for the process running with CPO and 

running with PFAD can be seen in Table 38. 

 

Table 38 Biodiesel and glycerol production in a bat ch and annual basis for CPO and PFAD cases. 

    kg/batch  ton/year  

Biodiesel production 
CPO 3.03x105 1.00x105 

PFAD 2.07x105 5.84x104 

Glycerol production 
CPO 3.08x104 1.01x104 

PFAD 3.73x103 1.05x103 

 

In Figure 20 it is shown a comparison between biodiesel production per batch in CPO case and 

biodiesel case. 

 



 

Figure 20 Comparison between biodiesel production per batch i n CPO 

 

As a consequence of the reduction in the reactor 

basis is 31.7% lower when using PFAD instead of CPO

A comparison between annual biodiesel production in CPO case and biodiesel cas

Figure 21. 

Figure 21 Comparison between annual biodiesel production in C PO case and PFAD case.

 

It can be observed that the reduction in biodiesel production is even higher when adapting the process 

to PFAD. This can be explained by the longer batch time, which will decrease the maximum number of 

batches per year and consequently reduce the amount of biodiesel produced per year
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A comparison between annual biodiesel production in CPO case and biodiesel cas

Comparison between annual biodiesel production in C PO case and PFAD case.

reduction in biodiesel production is even higher when adapting the process 

to PFAD. This can be explained by the longer batch time, which will decrease the maximum number of 

batches per year and consequently reduce the amount of biodiesel produced per year

ual biodiesel production is 41.7%.  
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Annual biodiesel production
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case and PFAD case.  

volumetric efficiency, biodiesel production in a batch 

A comparison between annual biodiesel production in CPO case and biodiesel case is shown in 

 

Comparison between annual biodiesel production in C PO case and PFAD case.  

reduction in biodiesel production is even higher when adapting the process 

to PFAD. This can be explained by the longer batch time, which will decrease the maximum number of 

batches per year and consequently reduce the amount of biodiesel produced per year. The reduction 
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Other significant difference is the reduction on glycerol production, as shown in

 

Figure 22 Comparison between annual glycerol production in CPO  case and PFAD case.

 

The annual glycerol production will be 89.

PFAD case the reaction that is mainly taking place in the rea

does not form any glycerol.  

 

5.5 Economics of the process
 

PFAD is a type of feedstock considerable cheaper than CPO, which could indicate that the industrial 

plant could have significant savings in operation costs if 

previous sections, the productivity of the process is lower when using PFAD and the energy costs are 

higher. An estimation of production costs of the process running with each of the feedstocks was 

made. This estimation is based on prices used in an economical evaluation made for Novozymes A/S 

on 2010 (with exception of CPO, PFAD and methanol 

prices were not updated to 2013 since the 

not to determine the exact production costs but only to predict the differences in the operation costs 

when adapting the process to PFAD.

The capital cost of the process was not calculated. It should be the same in both cases, since the 

industrial plant is the same, with the same process equipment. 

different when using different feedstocks, only this variable was studied. 
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Comparison between annual glycerol production in CPO  case and PFAD case.

glycerol production will be 89.6% lower when using PFAD as a feedstock because in 

PFAD case the reaction that is mainly taking place in the reactor is the esterification of FFA, which 

of the process  

PFAD is a type of feedstock considerable cheaper than CPO, which could indicate that the industrial 

plant could have significant savings in operation costs if using PFAD. However, as seen in the 

previous sections, the productivity of the process is lower when using PFAD and the energy costs are 

higher. An estimation of production costs of the process running with each of the feedstocks was 

is based on prices used in an economical evaluation made for Novozymes A/S 

(with exception of CPO, PFAD and methanol cost price and biodiesel selling price)

prices were not updated to 2013 since the variation was not very significant and given

not to determine the exact production costs but only to predict the differences in the operation costs 

when adapting the process to PFAD. 

The capital cost of the process was not calculated. It should be the same in both cases, since the 

dustrial plant is the same, with the same process equipment. Given that only operating costs will be 

different when using different feedstocks, only this variable was studied.  
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Comparison between annual glycerol production in CPO  case and PFAD case.  
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The cost price of the materials and utilities used in this estimation as well as the selling price of the 

products is shown in Table 39. The cost price of utilities was available in SuperPro® database.  

Table 39 Materials and utilities cost price and pro ducts selling price. 

  Price  

Materials 

CPO 786 $/MT [59]  

PFAD 563.25 $/MT [60] 

Catalyst 50 $/kg 

Bleaching earth 500 $/MT 

Methanol 450 $/MT [49]  

Phosphoric acid 150 $/MT 

NaOH 120 $/MT 

Water 1.08 $/m3 

Utilities 

Steam 12 $/MT 

Cooling water 0.05 $/MT 

Chilled water 0.4 $/MT 

Power 0.1 $/kWh 

Products 
Biodiesel 1250 $/MT [49] 

Glycerol 200 $/MT  

  

In Table 40 is shown the cost of each material used in both cases and the total material cost.  

Table 40 Materials cost (per batch and per year) fo r CPO case and PFAD case. 

Material 

CPO case  PFAD case  

Amount 

per batch 

(ton) 

Annual 

amount 

(ton) 

Cost per 

batch 

($) 

Annual 

cost ($) 

Amount 

per batch 

(ton) 

Annual 

amount 

(ton) 

Cost per 

batch 

($) 

Annual 

cost ($) 

CPO 3.16x102 1.04x105 2.48x105 8.17x107 - - - - 

PFAD - - - - 2.10x102 5.92x104 1.18x105 3.33x107 

Catalyst  4.64x10-1 1.54x102 2.32x104 7.70x106 3.08x10-1 8.70x101 1.54x104 4.35x106 

Bleaching 

earth 
3.95x100 1.30x103 1.98x103 6.50x105 - - - - 

MeOH 3.84x101 1.27x104 1.73x104 5.72x106 2.54x101 7.17x103 1.14x104 3.23x106 

H3PO4 2.73x10-1 7.82x101 3.56x101 1.17x104 - - - - 

NaOH 1.22x100 4.04x102 1.46x102 4.85x104 1.73x100 5.71x102 2.08x102 6.85x104 

Water  7.81x101 2.58x104 8.44x101 2.79x104 9.50x101 2.22x104 1.03x102 2.40x104 

TOTAL - - 2.91x105 9.59x107 - - 1.45x105 4.80x107 

 

The utilities cost (per batch and per year) for CPO case and PFAD case is shown in Table 41. 



64 
 

Table 41 Utilities cost (per batch and per year) fo r CPO case and PFAD case. 

Utility 

CPO case  PFAD case  

Amount 

per batch 

Annual 

amount 

Cost per 

batch ($) 

Annual 

cost ($) 

Amount 

per batch 

Annual 

amount 

Cost per 

batch ($) 

Annual 

cost ($) 

Steam 
1.35x101 

ton 

4.44x103 

ton 
1.62x102 5.33x104 

2.42x101 

ton 

6.82x103 

ton 
2.90x102 8.18x104 

Cooling 

water 

6.35x102 

ton 

2.10x105 

ton 
3.18x101 1.05x104 

1.63x103 

ton 

4.60x105 

ton 
8.15x101 2.30x104 

Chilled 

water 

5.55x103 

ton 

1.83x106 

ton 
2.22x103 7.32x105 

5.67x103 

ton 

1.60x106 

ton 
2.27x103 6.40x105 

Power 
4.86x104 

kWh 

1.60x107 

kWh 
4.86x103 1.60x106 

6.30x104 

kWh 

1.78x107 

kWh 
6.30x103 1.78x106 

TOTAL - - 7.27x103 2.40x106 - - 8.94x103 2.52x106 

 

In Table 42 is shown the revenue obtained from both products (biodiesel and glycerol) when using 

CPO as feedstock and when using PFAD. 

Table 42 Revenue obtained from biodiesel and glycer ol sales in CPO case and PFAD case. 

Product 

CPO case  PFAD case  

Amount 

per batch 

(ton) 

Annual 

amount 

(ton) 

Revenue 

per batch 

($) 

Annual 

revenue 

($) 

Amount 

per batch 

Annual 

amount 

Revenue  

per batch 

($) 

Annual 

revenue

($) 

Biodiesel  3.03x102 1.00x105 3.79x105 1.25x108 2.07x102 5.84x104 2.59x105 7.30x107 

Glycerol  3.08x101 1.01x104 6.15x103 2.03x106 3.73x100 1.05x103 7.46x102 2.10x105 

TOTAL - - 3.85x105 1.27x108 - - 2.60x105 7.32x107 

 

Regarding the price of the feedstock, PFAD is considerably cheaper than CPO - approximately 28.3%. 

Considering the difference in the price of feedstock and the fact that the batch consumption of all the 

materials (with exception of water and NaOH) is higher in CPO case, it was concluded that the total 

materials cost (per batch) is around 50.0% higher in CPO case. It should also been taken into account 

the fact that when the process is running with CPO, bleaching earth and H3PO4 are consumed 

whereas in PFAD there is no consumption of these two materials.  

However, the relative importance of the cost of each material is similar in both cases, with the 

feedstock being the biggest contributor for the total materials cost, followed by the catalyst (Figure 23). 
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Figure 23 Comparison between the distribution of ma terials cost in CPO case and PFAD case. 

 

Analyzing Table 41 can be seen that the utilities cost is around 18.6% higher if the process runs with 

PFAD, since utilities consumption is higher in PFAD case (as explained in section 5.3.2.3). 

Regarding the revenue, given that the biodiesel production is higher in CPO case, the revenue 

obtained from biodiesel (per batch) is approximately 31.7% higher than in PFAD case. Since glycerol 

production is drastically reduced if using PFAD instead of CPO, the difference in the revenue obtained 

from glycerol in the two cases is high. The revenue obtained from glycerol (per batch) in CPO case is 

87.9% higher than in PFAD case. Overall, the total revenue of the process (per batch) is 32.6% lower 

if using PFAD.  

In CPO case, the revenue obtained from glycerol corresponds to a small fraction of the total revenue, 

given the fact that its production is much lower than biodiesel production as well as its selling price. 

The revenue obtained from biodiesel (per batch) is 98% of the total revenue (per batch) , with glycerol 

revenue accounting with only 2% for the total revenue (per batch) . In PFAD case, as glycerol 

production suffers a severe reduction, the revenue obtained from glycerol (per batch) is almost 

negligible and the total revenue (per batch) can be considered approximately the same as the revenue 

obtained from biodiesel (per batch).  

Assuming that the variation in feedstock, materials and utilities costs is linear, in Figure 24 can be 

seen how these costs can vary between “scenario 0” in which the industrial plant only uses CPO and 

“scenario 1” in which the plant runs exclusively with PFAD. Given that feedstock cost corresponds to 

70-95% of total operation costs [9], it could be assumed that total operation cost follows the same trend 

as feedstock and materials cost.  

Following the same reasoning, revenue variation between “scenario 0” and “scenario 1” is also shown 

in Figure 25.  
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Figure 24 Variation of feedstock, materials, utiliti es and operation costs between “scenario 0”- indust rial 

plant using exclusively CPO – and “scenario 1”- ind ustrial plant using exclusively PFAD. 

 

 

Figure 25 Variation of the revenue obtained from bio diesel and from glycerol between “scenario 0”- 

industrial plant using exclusively CPO – and “scenar io 1”- industrial plant using exclusively PFAD. 

 

Analyzing Figure 24 and Figure 25, can be seen how operating only with PFAD has lower operating 

costs but also a lower revenue. On the other hand, operating exclusively with CPO has an operating 

cost (per batch) 50% higher than in PFAD case but the revenues (per batch) are only around 33% 

higher. Hence, the optimal operating point should be somewhere between “scenario 0” and “scenario 

1”. The industrial plant should run an “x” number of batches with PFAD and a “y” number of batches 

with CPO in order to obtain the ideal balance between operating costs and revenue.  

Simulations with several distributions between the number of batches with CPO and with PFAD 

(example: 30% batches PFAD+70%batches CPO; 50% batches PFAD+50% batches CPO) should be 

done in order to determine if the variation of operating costs and revenue is linear, and to determine 

0 1

CPO PFAD

Total materials cost

Feedstock cost

Utilities cost

Operation cost

0 1

CPO PFAD

Biodiesel revenue

Glycerol revenue
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the ideal number of batches the plant should run with each feedstock. Only after that study, a full 

economic analysis of the process could be done in order to calculate the gross margin and payback 

time of the investment.  

Another interesting analysis would be to calculate how many extra reactors would be necessary to 

acquire if the productivity of the process was maintained in PFAD case, i.e. if the feedstock flowrate 

was maintained in PFAD case how much would be the extra capital cost (for extra process 

equipment)? Following this strategy, the revenue obtained from biodiesel would be approximately the 

same as in CPO case. But would it be worth to purchase extra equipment; would that extra capital 

cost be balanced by the savings in operating cost? 
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6. Discussion 
 

The combination of two different feedstocks in a single integrated and flexible process has been 

evaluated. To design a flexible process, several questions need to be taken into account, such as, 

“how will the feedstock composition affect the process (unit operations, operation conditions)?” or 

“does the process equipment need to be different if using a different feedstock?”. The combination of 

feedstocks is a complex challenge since there are several variables and many of them are dependent 

on each other - for example, the need of water removal from the feedstocks depends on the 

feedstocks’ characteristics but also on the type of catalyst chosen for the process.  

The combination of crude palm oil and PFAD in a flexible enzymatic process was evaluated and it has 

been accomplished but with significant differences in the process throughput. 

The main difference concerns the reduced space-time yield of the reactor P-17/R-102 when adapting 

the process to PFAD. This reduction is caused by the recirculation of 50 wt% of FAME to decrease 

PFAD’s melting point, and by the high production of water in the esterification reaction. The reduced 

volumetric efficiency in PFAD case causes a lower production of biodiesel and glycerol, decreasing 

the process productivity. 

Having an enzyme that could maintain its activity at temperatures higher than 39 ºC would avoid the 

recirculation of 50 %w/w of FAME back to the reactor in PFAD case. This would increase overall 

efficiency of the process and it would be possible to maintain a higher biodiesel production when 

changing the feedstock from CPO to PFAD. Therefore, research in genetic engineering and protein 

modification is crucial to develop enzymes stable at high temperatures, which would play a major role 

in the optimization of this process. 

Regarding the efficiency of the process, several optimizations could be done. One of the main factors 

that decrease the efficiency of the process is the fact that it operates in batch and not continuous 

mode. A higher biodiesel production and lower operation costs, as well as a simpler organization of 

the logistics in the industrial plant, could be achieved in a continuous process. But in order to maintain 

the flexibility of the process, which is the main goal of this work, it is necessary to sacrifice the 

efficiency that could be achieved in continuous mode.  

Assuming a longer reaction time in PFAD case led to a longer batch time which will decrease annual 

production and will complicate the operation of the industrial plant. If the process was running with 

CPO and at a certain point it would be adapted to PFAD, several changes in the operation of the plant 

had to be made, namely changing the shifts of the operators. Instead of assuming a longer reaction 

time, the amount of enzyme in the reactor could be increased. With a higher amount of enzyme the 

reaction would be accelerated which would allow maintaining the batch time and facilitating the 

operation of the plant. However, the catalyst cost would increase and given that the catalyst is 
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enzymatic (which is more expensive than an alkaline catalyst), an economical evaluation should be 

done in order to determine the effects of this extra cost in the profitability of the plant.  

Regarding the energy consumption of the process, no energy optimization was considered. The hot 

streams in the process could be reused to heat the cold streams and vice-versa in order to reduce 

energy consumption.  

The option of not refining the glycerol that is produced in PFAD case should also be considered in 

order to save energy costs.  The amount of glycerol produced in PFAD case and the revenue obtained 

from it is minor when compared to CPO case, but the energy required to refine it is higher. So 

discharging the glycerol produced to waste instead of refining it, would not have significant effect in 

the total revenue and could decrease the production costs. If it is taken the option of maintaining the 

glycerol refining section running in PFAD case, the distillation operation should be scaled for PFAD 

case. 

The option of using a solution with a higher amount of NaOH instead of a 2 %w/w dilute NaOH 

solution in the alkaline washing step could also be considered in order to optimize the water 

consumption. 
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7. Conclusions 
 

The combination of two different feedstocks – crude palm oil and palm fatty acid distillate – in a single 

modular enzymatic process has been evaluated. As expected there are significant differences in the 

process throughput when the feedstock is changed.  

When changing the feedstock from CPO to PFAD it was observed a significant reduction in the 

volumetric efficiency of the reactor. This reduction is essentially caused by two factors: the 

recirculation of 50 wt% of the biodiesel produced (strategy adopted to decrease PFAD’s melting point) 

and a high production of water, which is a by-product of esterification of FFA. 

Consequently, the biodiesel production per batch is approximately 32% lower when using PFAD as 

feedstock. Since the enzyme used is more specific towards TAG, the reaction is slower for PFAD than 

for CPO (if using the same amount of enzyme) given that PFAD is mainly constituted by FFA. As a 

result, the batch time is longer which complicates the operation of the industrial plant and causes a 

larger reduction in annual biodiesel production (42%).  

The reduction in glycerol production is 89.6% lower when adapting the process to PFAD because the 

esterification of FFA does not form glycerol as a by-product. The glycerol obtained has also a lower 

purity-grade caused by the high water content in the water/glycerol phase. Thus, the energy 

consumption to refine glycerol is higher in PFAD case, increasing the utilities cost. On the other hand, 

the feedstock, materials and overall operation costs are lower in PFAD case but given the lower 

production of biodiesel, the revenue is also lower.  
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8. Future work 
 

In general, the feasibility of an industrial plant includes technical and economical aspects. This project 

includes a study of some of the technical aspects of a flexible enzymatic process for biodiesel 

production, but a complete economical evaluation of the process should also be done. As previously 

said, PFAD is considerably cheaper than CPO. However, when using PFAD the biodiesel production 

is lower reducing also the revenue obtained. Hence, it would be helpful to make an economical study 

to determine the ideal number of batches that the industrial plant should run with PFAD in order to 

decrease annual operation costs (by decreasing the feedstock cost in an annual basis) but without 

drastically decreasing annual biodiesel production.  

Other interesting point would be to develop a methodology that would allow adapting any industrial 

plant running with any feedstock to other feedstock for biodiesel production. This is an enormous task 

as there are several factors that need to be taken into account- the feedstocks critical parameters, the 

catalyst used in the process, the process equipment installed in the plant, etc.  

But this methodology would help any industrial plant to be fully flexible regarding the feedstock, which 

would improve significantly the overall profitability of biodiesel industry, since plants could switch 

between several feedstocks in order to obtain the highest biodiesel production possible at a lower 

operation cost.  
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Appendix I - Biodiesel specifications 
Table 43 EN 14214 biodiesel specifications [4]. 

Property   EN 14214 Specifications limits  
Test Method 

 Lower limit  Upper limit  

Acid number  - 0.50 mg KOH/g EN 14104 

Carbon residue  - 0.30 % (m/m) EN OSO 10370 

Cetane number  51.0 -  EN ISO 5165 

Copper Strip Corrosion 

(3 hours at 50°C) 
Class 1 rating EN ISO 2160 

Density at 15°C  860 kg/m3 900 kg/m3 EN ISO 3675; EN ISO 12185 

Ester content  96.5 % (m/m) -  EN 14103 

Flash point  101 °C -  ISO/CD 3679 

Free Glycerol -  0.02 % (m/m) EN 14105; EN 14106 

Total Glycerol -  0.25 % (m/m) EN 14105 

Monoglyceride content -  0.80 % (m/m) EN 14105 

Diglyceride content -  0.20 % (m/m) EN 14105 

Triglyceride content -  0.20 % (m/m) EN 14105 

Iodine value -  120 EN 14111 

Linolenic acid methyl 

ester 
-  12 % (m/m) EN 14103 

Methanol content -  0.20 % (m/m) EN 14110 

Oxidation stability at 

110°C 
6 hours -  EN 14112 

Phosphorus content -  10.0 mg/kg EN 14107 

Polyunsaturated methyl 

esters (more than 4 

double bounds) 

-  1.00 % (m/m) -  

Sodium and potassium  - 5.00 mg/kg EN 14108; EN 14109 

Sulfated ash content  - 0.02 % (m/m) ISO 3987 

Sulfur - 10 mg/kg 
ASTM D5453 or other total 

sulfur method 

Viscosity at 40°C  3.50 mm2/s 5.00 mm2/s EN ISO 310 

Water content  - 500 mg/kg EN ISO 12937 

Total contamination  - 24.0 mg/kg EN 12662 (ASTM D 5452) 

Calcium and 

magnesium 
- 5.0 mg/kg EN 14538 
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Table 44 ASTM D6751-08 biodiesel specifications [61]. 

Property 

ASTM D6751-08 

Specifications limits Test Method 

Lower limit  Upper limit  

Acid number - 
0.50 mg 

KOH/g 
ASTM D664 

Carbon residue  - 0.050 wt% ASTM D4530 

Cetane number  47 - ASTM D 613 

Cold soak filterability  - 360 seconds ASTM Annex A1 

Copper strip corrosion  - Class 3 ASTM D130 

Distillation - Atmospheric 

equivalent temperature 90% 

recovery 

- 360 °C ASTM D1160 

Flash  Point  130 °C - ASTM D93 

Free glycerin  - 0.02 wt% ASTM D6584 

Total glycerin  - 0.240 wt% ASTM D6584 

Kinematic viscosity at 40°C  1.9 mm2/s 6.0 mm2/s ASTM D445 

Methanol content  - 0.20 wt% EN14110 

Oxidation stability  3 hours - EN 14112 

Phosphorus content - 
0.001 wt% or 

10 ppm 
ASTM D 4951 

Sodium and potassium  - 5.00 ppm EN 14538 

Sulfated ash  - 0.02 wt% ASTM D874 

Sulfur (S15)  - 15.0 ppm ASTM D5453 

Sulfur (S500)  - 500 ppm ASTM D5453 

Water and sediment  - 0.050 vol.% ASTM D2709 

Calcium and magnesium  - 5 ppm EN 14538 
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Appendix II- Process flowsheet for CPO case 
 

 

Figure 26 Process flowsheet for the process running  with CPO. 
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Process Equipment Identification    

    
P-1/PM-101 Centrifugal pump P-36/HX-105 Heat exchanger to cool glycerol to 25ºC 
P-2/V-101 Methanol storage tank P-37/HX-106 Heat exchanger to cool biodiesel to 25ºC 
P-3/PM-102 Centrifugal pump P-38/PM-107 Centrifugal pump 
P-4/V-102 Liquid lipase storage tank P-39/V-110 Biodiesel storage tank 
P-5/PM-103 Centrifugal pump P-40/V-111 Storage tank for water/glycerol phase 
P-6/HX-101 Heat exchanger to melt the feedstock P-41/V-112 Storage tank for the output of the reactor 
P-7/PFF-101 Plate&Frame filter to remove impurities from the feedstock   
P-8/V-103 Feedstock storage tank   
P-9/HX-102 Heat exchanger to heat CPO to 100ºC   
P-10/R-101 Degumming reactor   
P-11/FSP-101 Flow splitter   
P-12/MX-101 Flow mixer to mix CPO with H3PO4   
P-13/MX-102 Flow mixer to mix CPO with bleaching earth   
P-14/HX-103 Heat exchanger to cool CPO to 39ºC   
P-15/PFF-102 Plate&Frame filter to remove the gums adsorbed in bleaching earth   
P-16/V-104 Feedstock storage tank   
P-17/R-102 Reactor for biodiesel and glycerol production   
P-18/DC-101 Decanter centrifuge for separation between biodiesel phase and glycerol/water 

phase 
  

P-19/V-108 Flash evaporation for methanol removal from biodiesel phase   
P-20/HX-104 Heat exchanger to cool biodiesel phase to 50ºC   
P-21/MX-103 Flow mixer to mix water and NaOH   
P-22/V-106 Water storage tank   
P-23/V-107 NaOH storage tank   
P-24/PM-104 Centrifugal pump   
P-25/PM-105 Centrifugal pump   
P-26/R-103 Reactor for alkaline washing   
P-27/DC-102 Decanter centrifuge to remove soaps from biodiesel   
P-28/R-104 Reactor for water washing   
P-29/DC-103 Decanter centrifuge for separation between water and biodiesel   
P-30/V-105 Flash evaporation for water removal   
P-31/FSP-102 Flow splitter to divide the water/glycerol phase    
P-33/C-102 Distillation column for glycerol refining   
P-34/PM-106 Centrifugal pump   
P-35/V-109 Glycerol storage tank   
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Streams  Identification    

    
Crude palm oil Crude palm oil at 25ºC  S-129 NaOH at 25ºC 
Methanol  Methanol at 25ºC S-130 Biodiesel phase at 50ºC  
Liquid lipase Liquid lipase at 25ºC S-131 Water  
Phosphoric 
acid 

Solution 85 %w/w of H3PO4 S-132 NaOH 

Bleaching 
earth 

Bleaching earth at 25ºC S-133 Output of the alkaline washing reactor  

Glycerol Refined glycerol S-135 Soaps removed from biodiesel phase 
S-101  Crude palm oil at 39ºC  S-136 Output of the water washing reactor  
S-102 Methanol S-137 Water for the water washing reactor   
S-103 Filtered palm oil at 39ºC (after degumming reaction) S-139 Water for the transesterification reactor  
S-104 Liquid lipase  S-140  Water with remaining soaps and methanol 
S-105 Filtered and degummed palm oil at 39ºC S-141 Biodiesel phase after removal of remaining soaps and methanol  
S-106 Impurities removed from crude palm oil S-142  Bleaching earth with adsorbed gums   
S-107 Crude palm oil at 25ºC  S-143 Glycerol/water phase recycled back to the reactor 
S-108 Filtered palm oil S-144 Water removed from biodiesel phase 
S-109 Filtered palm oil S-145 Glycerol/water phase sent to the glycerol refining section 
S-110 Filtered palm oil at 100ºC S-146 Biodiesel phase after soaps removal  
S-111 Filtered palm oil mixed with a solution of 85 %w/w of H3PO4 S-148 Water and methanol removed from glycerol  
S-112 Filtered palm oil mixed with bleaching earth S-149 Refined glycerol at 127.74ºC 
S-113 Filtered palm oil at 100ºC (50 %w/w of stream S-110)  S-150  Refined glycerol at 25ºC  
S-114 Filtered palm oil at 100ºC (50 %w/w of stream S-110) S-151 Biodiesel at 25ºC  
S-115 Output of the degumming reactor S-152 Refined glycerol at 25ºC  
S-116  Filtered and degummed palm oil at 39ºC  S-153 Biodiesel phase after water removal  
S-117  Output of the transesterification reactor  S-154 Biodiesel at 25ºC 
S-118 Liquid lipase  S-155 Biodiesel in spec. 
S-119 Methanol S-156 Glycerol/water phase recycled back to the reactor 
S-120 Biodiesel phase  S-157 Output of the transesterification reactor 
S-122 Water/Glycerol phase   
S-123 Biodiesel phase at 120ºC (after methanol removal)   
S-124 Methanol removed from biodiesel phase   
S-125 2 %w/w dilute NaOH solution   
S-126 Water at 25ºC    
S-127  Water for the preparation of the 2 %w/w dilute NaOH solution   
S-128 NaOH   
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Appendix III- Process equipment occupation for CPO case 

 

Figure 27 Process equipment occupation in CPO case.  
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Appendix IV- Process flowsheet for PFAD case 
 

 

Figure 28 Process flowsheet adapted for PFAD. 
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Process Equipment Identification    

    
P-1/PM-101 Centrifugal pump   
P-2/V-101 Methanol storage tank   
P-3/PM-102 Centrifugal pump   
P-4/V-102 Liquid lipase storage tank   
P-5/PM-103 Centrifugal pump   
P-6/HX-101 Heat exchanger to melt the feedstock   
P-7/PFF-101 Plate&Frame filter to remove impurities from the feedstock   
P-8/FSP-101 Flow splitter to divide biodiesel phase   
P-16/V-104 Feedstock storage tank   
P-17/R-102 Reactor for biodiesel and glycerol production   
P-18/DC-101 Decanter centrifuge for separation between biodiesel phase and glycerol/water 

phase 
  

P-19/V-108 Flash evaporation for methanol removal from biodiesel phase   
P-20/HX-104 Heat exchanger to cool biodiesel phase to 50ºC   
P-21/MX-103 Flow mixer to mix water and NaOH   
P-22/V-106 Water storage tank   
P-23/V-107 NaOH storage tank   
P-24/PM-104 Centrifugal pump   
P-25/PM-105 Centrifugal pump   
P-26/R-103 Reactor for alkaline washing   
P-27/DC-102 Decanter centrifuge to remove soaps from biodiesel   
P-28/R-104 Reactor for water washing   
P-29/DC-103 Decanter centrifuge for separation between water and biodiesel   
P-30/V-105 Flash evaporation for water removal   
P-31/FSP-102 Flow splitter to divide the water/glycerol phase    
P-33/C-102 Distillation column for glycerol refining   
P-34/PM-106 Centrifugal pump   
P-35/V-109 Glycerol storage tank   
P-36/HX-105 Heat exchanger to cool glycerol to 25ºC   
P-37/HX-106 Heat exchanger to cool biodiesel to 25ºC   
P-38/PM-107 Centrifugal pump   
P-39/V-110 Biodiesel storage tank   
P-40/V-111 Storage tank for water/glycerol phase   
P-41/V-112 Storage tank for the output of the reactor   
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Streams  Identification    

    
PFAD PFAD at 25ºC  S-137 Water for the water washing reactor   
Methanol  Methanol at 25ºC S-138 Output of the water washing reactor  
Liquid lipase Liquid lipase at 25ºC S-141 Water with remaining soaps and methanol 
Glycerol Refined glycerol S-143 Glycerol/water phase recycled back to the reactor 
Soaps Soaps removed from biodiesel phase S-144 Water removed from biodiesel phase 
S-101  PFAD at 50ºC  S-145 Glycerol/water phase sent to the glycerol refining section 
S-102 Methanol S-148 Water and methanol removed from glycerol  
S-103 Filtered PFAD at 50ºC  S-149 Refined glycerol at 127.74ºC 
S-104 Liquid lipase  S-150  Refined glycerol at 25ºC  
S-105 PFAD blended with FAME S-151 Biodiesel at 25ºC  
S-106 Impurities removed from PFAD S-152 Refined glycerol at 25ºC  
S-107 PFAD at 25ºC  S-153 Biodiesel phase after water removal  
S-108 Biodiesel phase S-154 Biodiesel at 25ºC 
S-109 Biodiesel phase sent to the biodiesel purification section (50 %w/w of 

stream S-108) 
S-155 Biodiesel in spec. 

S-110 Biodiesel phase recycled to storage tank P-16/V-104 (50 %w/w of 
stream S-108)  

S-156 Glycerol/water phase recycled back to the reactor 

S-117  Output of the main reactor P-17/R-102 S-157 Output of the main reactor P-17/R-102 
S-118 Liquid lipase    
S-119 Methanol   
S-122 Water/Glycerol phase   
S-123 Biodiesel phase at 120ºC (after methanol removal)   
S-124 Methanol removed from biodiesel phase   
S-125 2 %w/w dilute NaOH solution   
S-126 Water at 25ºC    
S-127  Water for the preparation of the 2 %w/w dilute NaOH solution   
S-128 NaOH   
S-129 NaOH at 25ºC   
S-130 Biodiesel phase at 50ºC    
S-131 Water    
S-132 NaOH   
S-133 Output of the alkaline washing reactor    
S-135 Biodiesel phase after soaps removal   
S-136 Biodiesel phase after removal of remaining soaps and methanol    
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Appendix V- Process equipment occupation for PDAD c ase 

 

Figure 29 Process equipment occupation in PFAD case . 
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Appendix VI- Results of process simulations 
 

Table 45 Results of the simulations of the first 30  batches of the process running with crude palm oil .  

Number of 

batches  

Total inlet on the reactor  Recirculation  ”Fresh” supply to the reactor  

MeOH Glycerol  Lipase  Water  Glycerol  MeOH Lipase  Water  MeOH Lipase  Water  

1 5.05x104 - 2.32x103 1.55x104 2.43x104 1.22x104 1.86x103 1.28x104 - - - 

2 5.05x104 2.43x104 2.32x103 1.55x104 4.38x104 1.22x104 1.86x103 1.28x104 3.84x104 4.64x102 2.65x103 

3 5.05x104 4.38x104 2.32x103 1.55x104 5.94x104 1.22x104 1.86x103 1.28x104 3.84x104 4.64x102 2.65x103 

4 5.05x104 5.94x104 2.32x103 1.55x104 7.18x104 1.22x104 1.86x103 1.28x104 3.84x104 4.64x102 2.65x103 

5 5.05x104 7.18x104 2.32x103 1.55x104 8.18x104 1.22x104 1.86x103 1.28x104 3.84x104 4.64x102 2.65x103 

6 5.05x104 8.18x104 2.32x103 1.55x104 8.98x104 1.22x104 1.86x103 1.28x104 3.84x104 4.64x102 2.65x103 

7 5.05x104 8.98x104 2.32x103 1.55x104 9.61x104 1.22x104 1.86x103 1.28x104 3.84x104 4.64x102 2.65x103 

8 5.05x104 9.61x104 2.32x103 1.55x104 1.01x105 1.22x104 1.86x103 1.28x104 3.84x104 4.64x102 2.65x103 

9 5.05x104 1.01x105 2.32x103 1.55x104 1.05x105 1.22x104 1.86x103 1.28x104 3.84x104 4.64x102 2.65x103 

10 5.05x104 1.05x105 2.32x103 1.55x104 1.09x105 1.22x104 1.86x103 1.28x104 3.84x104 4.64x102 2.65x103 

11 5.05x104 1.09x105 2.32x103 1.55x104 1.11x105 1.22x104 1.86x103 1.28x104 3.84x104 4.64x102 2.65x103 

12 5.05x104 1.11x105 2.32x103 1.55x104 1.13x105 1.22x104 1.86x103 1.28x104 3.84x104 4.64x102 2.65x103 

13 5.05x104 1.13x105 2.32x103 1.55x104 1.15x105 1.22x104 1.86x103 1.28x104 3.84x104 4.64x102 2.65x103 

14 5.05x104 1.15x105 2.32x103 1.55x104 1.16x105 1.22x104 1.86x103 1.28x104 3.84x104 4.64x102 2.65x103 

15 5.05x104 1.16x105 2.32x103 1.55x104 1.17x105 1.22x104 1.86x103 1.28x104 3.84x104 4.64x102 2.65x103 

16 5.05x104 1.17x105 2.32x103 1.55x104 1.18x105 1.22x104 1.86x103 1.28x104 3.84x104 4.64x102 2.65x103 

17 5.05x104 1.18x105 2.32x103 1.55x104 1.19x105 1.22x104 1.86x103 1.28x104 3.84x104 4.64x102 2.65x103 

18 5.05x104 1.19x105 2.32x103 1.55x104 1.19x105 1.22x104 1.86x103 1.28x104 3.84x104 4.64x102 2.65x103 

19 5.05x104 1.19x105 2.32x103 1.55x104 1.20x105 1.22x104 1.86x103 1.28x104 3.84x104 4.64x102 2.65x103 
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Number of 

batches 

Total inlet on the reactor  Recirculation  ”Fresh” supply to the reactor  

MeOH Glycerol  Lipase  Water  Glycerol  MeOH Lipase  Water  MeOH Lipase  Water  

20 5.05x104 1.20x105 2.32x103 1.55x104 1.20x105 1.22x104 1.86x103 1.28x104 3.84x104 4.64x102 2.65x103 

21 5.05x104 1.20x105 2.32x103 1.55x104 1.21x105 1.22x104 1.86x103 1.28x104 3.84x104 4.64x102 2.65x103 

22 5.05x104 1.21x105 2.32x103 1.55x104 1.21x105 1.22x104 1.86x103 1.28x104 3.84x104 4.64x102 2.65x103 

23 5.05x104 1.21x105 2.32x103 1.55x104 1.21x105 1.22x104 1.86x103 1.28x104 3.84x104 4.64x102 2.65x103 

24 5.05x104 1.21x105 2.32x103 1.55x104 1.21x105 1.22x104 1.86x103 1.28x104 3.84x104 4.64x102 2.65x103 

25 5.05x104 1.21x105 2.32x103 1.55x104 1.21x105 1.22x104 1.86x103 1.28x104 3.84x104 4.64x102 2.65x103 

26 5.05x104 1.21x105 2.32x103 1.55x104 1.21x105 1.22x104 1.86x103 1.28x104 3.84x104 4.64x102 2.65x103 

27 5.05x104 1.21x105 2.32x103 1.55x104 1.21x105 1.22x104 1.86x103 1.28x104 3.84x104 4.64x102 2.65x103 

28 5.05x104 1.21x105 2.32x103 1.55x104 1.21x105 1.22x104 1.86x103 1.28x104 3.84x104 4.64x102 2.65x103 

29 5.05x104 1.21x105 2.32x103 1.55x104 1.21x105 1.22x104 1.86x103 1.28x104 3.84x104 4.64x102 2.65x103 

30 5.05x104 1.21x105 2.32x103 1.55x104 1.22x105 1.22x104 1.86x103 1.28x104 3.84x104 4.64x102 2.65x103 
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Table 46 Results of the simulations of the first 30  batches of the process running with PFAD. 

Number 

of 

batches 

Total inlet of the reactor Recirculation from the g lycerol stream 
Recirculation from biodiesel 

stream 

”Fresh” supply to the 

reactor 

MeOH Glycerol  Lipase  Water  FAME Glycerol  MeOH Lipase  Water  FAME MeOH Water  MeOH Lipase  

1 3.45x104 - 1.54x103 1.03x104 1.05x105 2.11x103 8.52x103 1.23x103 1.83x104 1.54x105 9.40x102 3.66x101 - - 

2 3.45x104 2.11x103 1.54x103 1.83x104 1.54x105 3.80x103 8.19x103 1.23x103 2.49x104 1.80x105 9.03x102 4.91x101 2.50x104 3.08x102 

3 3.45x104 3.80x103 1.54x103 2.49x104 1.80x105 5.16x103 8.18x103 1.23x103 3.02x104 1.94x105 9.02x102 5.90x101 2.54x104 3.08x102 

4 3.45x104 5.16x103 1.54x103 3.02x104 1.94x105 6.24x103 8.18x103 1.23x103 3.44x104 2.01x105 9.02x102 6.70x101 2.54x104 3.08x102 

5 3.45x104 6.24x103 1.54x103 3.45x104 2.01x105 7.10x103 8.18x103 1.23x103 3.78x104 2.04x105 9.02x102 7.33x101 2.54x104 3.08x102 

6 3.45x104 7.10x103 1.54x103 3.79x104 2.04x105 7.80x103 8.18x103 1.23x103 4.05x104 2.06x105 9.02x102 7.84x101 2.54x104 3.08x102 

7 3.45x104 7.80x103 1.54x103 4.06x104 2.06x105 8.35x103 8.18x103 1.23x103 4.26x104 2.07x105 9.02x102 8.25x101 2.54x104 3.08x102 

8 3.45x104 8.35x103 1.54x103 4.27x104 2.07x105 8.80x103 8.18x103 1.23x103 4.44x104 2.07x105 9.02x102 8.57x101 2.54x104 3.08x102 

9 3.45x104 8.80x103 1.54x103 4.44x104 2.07x105 9.15x103 8.18x103 1.23x103 4.57x104 2.08x105 9.02x102 8.83x101 2.54x104 3.08x102 

10 3.45x104 9.15x103 1.54x103 4.58x104 2.08x105 9.43x103 8.18x103 1.23x103 4.68x104 2.08Ex105 9.02x102 9.04x101 2.54x104 3.08x102 

11 3.45x104 9.43x103 1.54x103 4.69x104 2.08x105 9.66x103 8.18x103 1.23x103 4.77x104 2.08x105 9.02x102 9.20x101 2.54x104 3.08x102 

12 3.45x104 9.66x103 1.54x103 4.78x104 2.08x105 9.84x103 8.18x103 1.23x103 4.84x104 2.08x105 9.02x102 9.33x101 2.54x104 3.08x102 

13 3.45x104 9.84x103 1.54x103 4.85x104 2.08x105 9.99x103 8.18x103 1.23x103 4.90x104 2.08x105 9.02x102 9.44x101 2.54x104 3.08x102 

14 3.45x104 9.99x103 1.54x103 4.91x104 2.08x105 1.01x104 8.18x103 1.23x103 4.94x104 2.08x105 9.02x102 9.52x101 2.54x104 3.08x102 

15 3.45x104 1.01x104 1.54x103 4.95x104 2.08x105 1.02x104 8.18x103 1.23x103 4.98x104 2.08x105 9.02x102 9.59x101 2.54x104 3.08x102 

16 3.45x104 1.02x104 1.54x103 4.99x104 2.08x105 1.03x104 8.18x103 1.23x103 5.01x104 2.08x105 9.02x102 9.65x101 2.54x104 3.08x102 

17 3.45x104 1.03x104 1.54x103 5.02x104 2.08x105 1.03x104 8.18x103 1.23x103 5.03x104 2.08x105 9.02x102 9.69x101 2.54x104 3.08x102 

18 3.45x104 1.03x104 1.54x103 5.04x104 2.08x105 1.04x104 8.18x103 1.23x103 5.05x104 2.08x105 9.02x102 9.72x101 2.54x104 3.08x102 

19 3.45x104 1.04x104 1.54x103 5.06x104 2.08x105 1.04x104 8.18x103 1.23x103 5.06x104 2.08x105 9.02x102 9.75x101 2.54x104 3.08x102 

20 3.45x104 1.04x104 1.54x103 5.07x104 2.08x105 1.04x104 8.18x103 1.23x103 5.08x104 2.08x105 9.02x102 9.77x101 2.54x104 3.08x102 

21 3.45x104 1.04x104 1.54x103 5.09x104 2.08x105 1.05x104 8.18x103 1.23x103 5.08x104 2.08x105 9.02x102 9.79x101 2.54x104 3.08x102 

22 3.45x104 1.05x104 1.54x103 5.09x104 2.08x105 1.05x104 8.18x103 1.23x103 5.09x104 2.08x105 9.02x102 9.80x101 2.54x104 3.08x102 
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Number 

of 

batches 

Total inlet of the reactor  Recirculation from the glycerol stream  
Recirculation from biodiesel 

stream  

”Fresh” supply to the 

reactor  

MeOH Glycerol  Lipase  Water  FAME Glycerol  MeOH Lipase  Water  FAME MeOH Water  MeOH Lipase  

23 3.45x104 1.05x104 1.54x103 5.10x104 2.08x105 1.05x104 8.18x103 1.23x103 5.10x104 2.08x105 9.02x102 9.82x101 2.54x104 3.08x102 

24 3.45x104 1.05x104 1.54x103 5.11x104 2.08x105 1.05x104 8.18x103 1.23x103 5.10x104 2.08x105 9.02x102 9.83x101 2.54x104 3.08x102 

25 3.45x104 1.05x104 1.54x103 5.11x104 2.08x105 1.05x104 8.18x103 1.23x103 5.11x104 2.08x105 9.02x102 9.83x101 2.54x104 3.08x102 

26 3.45x104 1.05x104 1.54x103 5.12x104 2.08x105 1.05x104 8.18x103 1.23x103 5.11x104 2.08x105 9.02x102 9.84x101 2.54x104 3.08x102 

27 3.45x104 1.05x104 1.54x103 5.12x104 2.08x105 1.05x104 8.18x103 1.23x103 5.11x104 2.08x105 9.02x102 9.84x101 2.54x104 3.08x102 

28 3.45x104 1.05x104 1.54x103 5.12x104 2.08x105 1.05x104 8.18x103 1.23x103 5.11x104 2.08x105 9.02x102 9.85x101 2.54x104 3.08x102 

29 3.45x104 1.05x104 1.54x103 5.12x104 2.08x105 1.06x104 8.18x103 1.23x103 5.12x104 2.08x105 9.02x102 9.85x101 2.54x104 3.08x102 

30 3.45x104 1.06x104 1.54x103 5.13x104 2.08x105 1.06x104 8.18x103 1.23x103 5.12x104 2.08x105 9.02x102 9.85x101 2.54x104 3.08x102 
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Appendix VII- Stream data for the process running w ith CPO 
 

Table 47 Stream data for the process running with c rude palm oil. 

Stream name 
Liquid 

lipase 
S-104 S-118 Methanol S-102 S-119 S-129 S-132 S-128 S-126 S-131 

Mass flow 

(kg/batch) 

 

Liquid lipase  4.64x102 4.64x102 4.64x102 - - - - - - - - 

Methanol  - - - 3.84x104 3.84x104 3.84x104 - - - - - 

NaOH - - - - - - 1.22x103 1.22x103 1.22x103 - - 

Water  - - - - - - - - - 7.81x104 7.81x104 

TOTAL 4.64x102 4.64x102 4.64x102 3.84x104 3.84x104 3.84x104 1.22x103 1.22x103 1.22x103 7.81x104 7.81x104 

Temperature (ºC)  25.04 25.04 25.04 25.00 25.07 25.07 25.00 25.04 25.04 25.00 25.04 

Pressure (bar)  1.01 4.46 10.13 1.01 4.46 10.13 1.01 4.46 10.13 1.01 4.46 

Total enthalpy 

(kWh) 
1.33x101 1.33x101 1.33x101 6.78x102 6.80x102 6.80x102 1.85x101 1.86x101 1.86x101 2.26x103 2.27x103 
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Table 48 Stream data for the process running with c rude palm oil – Continuation (I). 

Stream name S-139 S-137 S-127 
Crude 

palm oil 
S-107 S-101 S-106 S-108 S-109 S-156 S-105 

Mass flow 

(kg/batch) 

 

Water  2.65x103 1.55x104 6.00x104 6.32x101 6.32x101 6.32x101 6.80x10-2 6.31x101 6.31x101 1.28x104 9.86x101 

Impurities  - - - 6.32x103 6.32x103 6.32x103 6.32x103 - - - - 

Phosphorus  - - - 4.11x101 4.11x101 4.11x101 4.4x10-2 4.10x101 4.10x101 - - 

FFA - - - 1.58x104 1.58x104 1.58x104 1.70x101 1.58x104 1.58x104 - 1.58x104 

TAG - - - 2.94x105 2.94x105 2.94x105 3.16x102 2.93x105 2.93x105 - 2.93x105 

Glycerol  - - - - - - - - - 1.22x105 - 

Methanol  - - - - - - - - - 1.21x104 - 

Phosphoric acid  - - - - - - - - - 2.87x100 7.20x10-1 

Liquid lipase  - - - - - - - - - 1.85x103 - 

TOTAL 2.65x103 1.55x104 6.00x104 3.16x105 3.16x105 3.16x105 6.65x103 3.09x105 3.09x105 1.49x105 3.09x105 

Temperature (ºC)  25.04 25.04 25.04 25.00 25.52 39.00 39.00 39.00 38.91 39.13 38.91 

Pressure (bar)  10.13 1.23 7.76 1.01 4.46 4.46 4.46 4.46 10.61 10.61 10.61 

Total enthalpy 

(kWh) 
7.71x101 4.49x102 1.74x103 6.93x102 7.07x102 1.08x103 2.88x102 7.94x102 7.92x102 4.19x103 7.92x102 
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Table 49 Stream data for the process running with c rude palm oil – Continuation (II). 

Stream name S-117 S-157 S-154 S-155 S-125 S-120 S-122 S-143 S-145 S-148 S-149 

Mass flow 

(kg/batch) 

    

FFA 7.86x103 7.86x103 1.96x101 1.96x101 - 7.86x103 - - - - - 

Phosphoric acid  3.58x100 3.58x100 - - - - 3.58x100 2.87x100 7.20x10-1 - 7.20x10-1 

TAG 7.33x102 7.33x102 7.33x102 7.33x102 - 7.33x102 - - - - - 

Water  1.61x104 1.61x104 1.07x102 1.07x102 6.00x104 5.50x101 1.60x104 1.28x104 3.20x103 3.35x103 3.04x102 

FAME 3.02x105 3.02x105 3.02x105 3.02x105 - 3.02x105 - - - - - 

Glycerol  1.52x105 1.52x105 - - - - 1.52x105 1.22x105 3.04x104 3.04x100 3.04x104 

Methanol  1.78x104 1.78x104 6.00x10-1 6.00x10-1 - 2.67x103 1.51x104 1.21x104 3.02x103 3.02x103 3.00x10-1 

Liquid lipase  2.32x103 2.32x103 - - - - 2.32x103 1.85x103 4.64x102 - - 

NaOH - - - - 1.22x103 - - - - - - 

Protein 

(denatured) 
- - - - - - - - - - 

7.88x100 

TOTAL 4.99x105 4.99x105 3.03x105 3.03x105 6.12x104 3.14x105 1.86x105 1.49x105 3.71x104 6.38x103 3.08x104 

Temperature 

(ºC) 
39.00 38.99 26.46 26.46 25.04 39.14 39.14 39.14 39.14 100.00 127.74 

Pressure (bar)  9.78 10.61 50.20 10.18 7.76 1.01 1.01 1.01 1.01 1.01 1.01 

Total enthalpy 

(kWh) 
1.10x104 1.10x104 3.75x103 3.75x103 1.76x103 5.78x103 5.23x103 4.19x103 1.05x103 1.63x103 2.65x103 
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Table 50 Stream data for the process running with c rude palm oil – Continuation (III). 

Stream name  S-152 S-150 Glycerol  S-124 S-123 S-130 S-116 S-133 S-146 S-134 S-135 

Mass flow 

(kg/batch) 

 

Glycerol  3.04x104 3.04x104 3.04x104 - - - - - - - - 

Methanol  3.00x10-1 3.00x10-1 3.00x10-1 2.64x103 2.67x101 2.67x101 - 2.67x101 4.00x100 - 2.27x101 

Phosphoric acid  7.20x10-1 7.20x10-1 7.20x10-1 - - - 7.20x10-1 - - - - 

Liquid lipase  - - - - - - - - - - - 

Water  3.04x102 3.04x102 3.04x102 4.95x101 5.50x100 5.50x100 9.86x101 6.00x104 5.99x103 6.00x100 5.40x104 

Protein 

(denatured) 
7.88x100 7.88x100 7.88x100 - - - - - 

- - - 

FAME - - - - 3.02x105 3.02x105 - 3.02x105 3.02x105 - - 

TAG - - - - 7.33x102 7.33x102 2.93x105 7.33x102 7.33x102 - - 

FFA - - - - 7.86x103 7.86x103 1.58x104 7.86x103 3.93x102 - 7.46x103 

NaOH - - - - - 1.22x103 - 1.22x103 - - 1.22x103 

TOTAL 3.08x104 3.08x104 3.08x104 2.69x103 3.11x105 3.11x105 3.09x105 3.72x105 3.09x105 6.00x100 6.27x104 

Temperature 

(ºC) 
25.00 25.70 26.18 120.00 120.00 50.00 39.00 41.86 42.04 42.04 42.04 

Pressure (bar)  1.01  51.01 10.17 1.01 1.01 1.01 12.68 10.71 1.01 1.01 1.01 

Total enthalpy 

(kWh) 
5.18x102 5.18x102 5.42x102 1.15x103 1.75x104 7.29x103 7.94x102 9.04x103 6.25x103 2.90x10-1 2.83x103 
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Table 51 Stream data for the process running with c rude palm oil – Continuation (IV). 

Stream name S-136 S-141 S-138 S-140 S-144 S-153 S-151 S-110 S-113 S-114 
Bleaching 

earth 

Mass flow 

(kg/batch) 

 

FAME 3.02x105 3.02x105 - - - 3.02x105 3.02x105 - - - - 

Methanol  4.00x100 6.00x10-1 - 3.40x100 - 6.00x10-1 6.00x10-1 - - - - 

FFA 3.93x102 1.96x101 - 3.73x102 - 1.96x101 1.96x101 1.58x104 7.89x103 7.89x103 - 

NaOH - - - - - - - - - - - 

TAG 7.33x102 7.33x102 - - - 7.33x102 7.33x102 2.93x105 1.47x105 1.47x105 - 

Water  2.14x104 2.14x103 2.15x101 1.93x104 2.04x103 1.07x102 1.07x102 6.31x101 3.16x101 3.16x101 - 

Phosphorus  - - - - - - - 4.10x101 2.05x101 2.05x101 - 

Bleaching earth  - - - - - - - - - - 3.95x103 

TOTAL 3.25x105 3.05x105 2.15x101 1.97x104 2.04x103 3.03x105 3.03x105 3.09x105 1.55x105 1.55x105 3.95x103 

Temperature 

(ºC) 

40.20 40.42 40.42 40.42 42.00 42.00 25.00 100.00 100.00 100.00 25.00 

Pressure (bar)  10.65 1.01 1.01 1.01 0.20 0.20 0.20 10.61 10.61 10.61 1.01 

Total enthalpy 

(kWh) 
6.70x103 5.82x103 1.00x10-1 9.13x102 1.55x103 5.95x103 3.54x103 2.03x103 1.02x103 1.02x103 

3.44x101 
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Table 52 Stream data for the process running with c rude palm oil – Continuation (V). 

Stream name S-112 
Phosphoric 

acid 
S-111 S-115 S-103 S-142 

Mass flow 

(kg/batch) 

 

FFA 7.89x103 - 7.89x103 1.58x104 1.58x104 1.13x101 

Phosphorus  2.05x101 - 2.05x101 - - - 

TAG 1.47x105 - 1.47x105 2.93x105 2.93x105 2.09x102 

Water  3.16x101 - 6.71x101 9.87x101 9.87x101 7.00x10-2 

Bleaching earth  3.95x103 - - 3.95x103 3.95x103 3.95x103 

Phosphatides  - - - 1.71x102 1.71x102 1.71x102 

Phosphoric acid  - 2.01x102 2.01x102 7.16x101 7.16x101 7.09x101 

TOTAL 1.59x105 2.01x102 1.55x105 3.14x105 3.14x105 4.41x103 

Temperature (ºC)  91.07 25.00 99.10 100.00 39.00 39.00 

Pressure (bar)  1.01 1.01 1.01 12.68 12.68 12.68 

Total enthalpy 

(kWh) 
1.05x103 3.10x100 1.02x103 2.18x103 8.51x102 5.67x101 
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Appendix VIII- Stream data for the process running with PFAD 
 

Table 53 Stream data for the process running with P FAD. 

Stream name PFAD S-107 S-101 S-106 S-103 
Liquid 

lipase 
S-104 S-118 Methanol S-102 

Mass flow 

(kg/batch) 

 

Impurities  4.20x103 4.20x103 4.20x103 4.20x103 - - - - - - 

FFA 1.79x105 1.79x105 1.79x105 1.92x102 1.78x105 - - - - - 

Phosphorus  2.10x10-1 2.10x10-1 2.10x10-1 - 2.10x10-1 - - - - - 

TAG 2.55x104 2.55x104 2.55x104 2.74x101 2.54x104 - - - - - 

Water  1.83x103 1.83x103 1.83x103 1.96x100 1.83x103 - - - - - 

Liquid lipase  - - - - - 3.08x102 3.08x102 3.08x102 - - 

Methanol  - - - - - - - - 2.54x104 2.54x104 

TOTAL 2.10x105 2.10x105 2.10x105 4.42x103 2.06x105 3.08x102 3.08x102 3.08x102 2.54x104 2.54x104 

Temperature (ºC)  25.00 25.10 50.00 50.00 50.00 25.00 25.04 25.04 25.00 25.07 

Pressure (bar)  1.01 4.46 4.46 4.46 4.46 1.01 4.46 10.13 1.01 4.46 

Total enthalpy 

(kWh) 
2.54x103 2.55x103 5.08x103 2.49x102 4.83x103 8.81x100 8.82x100 8.82x100 4.49x102 4.51x102 
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Table 54 Stream data for the process running with P FAD – Continuation (I). 

Stream name  S-119 S-108 S-110 S-109 S-105 S-156 S-117 S-157 S-129 S-132 

Mass flow 

(kg/batch) 

 

 Methanol  2.54x104 1.87x103 9.34x102 9.34x102 9.34x102 8.47x103 1.25x104 1.25x104 - - 

FAME - 4.14x105 2.07x105 2.07x105 2.07x105 - 4.14x105 4.14x105 - - 

FFA - 1.11x104 5.55x103 5.55x103 1.84x105 - 1.11x104 1.11x104 - - 

Phosphorus  - 3.00x10-1 1.50x10-1 1.50x10-1 3.60x10-1 2.40x10-1 5.99x10-1 5.99x10-1 - - 

TAG - 6.37x101 3.18x101 3.18x101 2.55x104 - 6.37x101 6.37x101 - - 

Water  - 1.96x102 9.82x101 9.82x101 1.92x103 5.10x104 6.39x104 6.39x104 - - 

Glycerol  - - - - - 1.06x104 1.32x104 1.32x104 - - 

Liquid lipase  - - - - - 1.23x103 1.54x103 1.54x103 - - 

NaOH - - - - - - - - 1.73x103 1.73x103 

TOTAL 2.54x104 4.27x105 2.13x105 2.13x105 4.19x105 7.13x104 5.16x105 5.16x105 1.73x103 1.73x103 

Temperature (ºC)  25.07 39.16 39.16 39.16 39.00 39.15 39.00 38.99 25.00 25.04 

Pressure (bar)  10.13 1.01  1.01 1.01 10.44 10.61 9.94 10.61 1.01 4.46 

Total enthalpy 

(kWh) 
4.51x102 7.88x103 3.94x103 3.94x103 7.69x103 2.88x103 1.14x104 1.14x104 2.62x101 2.62x101 
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Table 55 Stream data for the process running with P FAD – Continuation (II). 

Stream name  S-128 S-126 S-131 S-137 S-127 S-154 S-155 S-122 S-143 S-145 

Mass flow 

(kg/batch) 

 

NaOH 1.73x103 - - - - - - - - - 

Water  - 9.50x104 9.50x104 1.03x104 8.47x104 9.36x101 9.36x101 6.37x104 5.10x104 1.27x104 

FAME - - - - - 2.07x105 2.07x105 - - - 

Methanol  - - - - - 2.10x10-1 2.10x10-1 1.06x104 8.47x103 2.12x103 

FFA - - - - - 1.39x101 1.39x101 - - - 

Phosphorus  - - - - - 3.70x10-2 3.70x10-2 3.00x10-1 2.40x10-1 6.00x10-2 

TAG - - - - - 3.18x101 3.18x101 - - - 

Glycerol  - - - - - - - 1.32x104 1.06x104 2.64x103 

Liquid lipase  - - - - - - - 1.54x103 1.23x103 3.08x102 

TOTAL 1.73x103 9.50x104 9.50x104 1.03x104 8.47x104 2.07x105 2.07x105 8.91x104 7.13x104 1.78x104 

Temperature (ºC)  25.04 25.00 25.04 25.04 25.04 25.10 25.10 39.16 39.16 39.16 

Pressure (bar)  10.13 1.01  4.46 10.13 4.66 3.65 10.14 1.01 1.01 1.01 

Total enthalpy 

(kWh) 
2.62x101 2.76x103 2.76x103 2.99x102 2.46x103 2.43x103 2.43x103 3.60x103 2.88x103 7.21x102 
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Table 56 Stream data for the process running with P FAD – Continuation (III). 

Stream name  S-148 S-149 S-152 S-150 Glycerol  S-124  S-123 S-130 S-125 S-133 

Mass flow 

(kg/batch) 

 

Glycerol  2.64x10-1 2.64x103 2.64x103 2.64x103 2.64x103 - - - - - 

Methanol  2.12x103 2.12x10-1 2.12x10-1 2.12x10-1 2.12x10-1 9.25x102 9.34x100 9.34x100 - 9.34x100 

Water  1.20x104 7.80x102 7.80x102 7.80x102 7.80x102 8.83x101 9.82x100 9.82x100 8.47x104 8.47x104 

Phosphorus  - 6.00x10-2 6.00x10-2 6.00x10-2 6.00x10-2 - 1.50x10-1 1.50x10-1 - 1.50x10-1 

Liquid lipase  - 3.08x102 3.08x102 3.08x102 3.08x102 - - - - - 

FAME - - - - - - 2.07x105 2.07x105 - 2.07x105 

FFA - - - - - - 5.55x103 5.55x103 - 5.55x103 

TAG - - - - - - 3.18x101 3.18x101 - 3.18x101 

NaOH - - - - - - - - 1.73x103 1.73x103 

TOTAL 1.41x104 3.73x103 3.73x103 3.73x103 3.73x103 1.01x103 2.12x105 2.12x105 8.65x104 2.99x105 

Temperature (ºC)  100.00 127.74 25.00 25.04 25.47 120.00 120.00 50.00 25.04 38.86 

Pressure (bar)  1.03 1.03  1.03 4.48 10.15 1.01 1.01 1.01 4.66 10.60 

Total enthalpy 

(kWh) 
2.26x103 3.87x102 7.57x101 7.58x101 7.71x101 4.59x102 1.20x104 4.99x103 2.01x103 7.48x103 
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Table 57 Stream data for the process running with P FAD – Continuation (IV). 

Stream name  S-135 S-134 Soaps  S-138 S-136 S-140 S-141 S-144 S-153 S-151 

Mass flow 

(kg/batch) 

 

FAME 2.07x105 - - 2.07x105 2.07x105 - - - 2.07x105 2.07x105 

Methanol  1.40x100 - 7.94x100 1.40x100 2.10x10-1 - 1.19x100 - 2.10x10-1 2.10x10-1 

FFA 2.78x102 - 5.27x103 2.78x102 1.39x101 - 2.64x102 - 1.39x101 1.39x101 

Phosphorus  7.50x10-2 - 7.50x10-2 7.50x10-2 3.70x10-2 - 3.70x10-2 - 3.70x10-2 3.70x10-2 

TAG 3.18x101 - - 3.18x101 3.18x101 - - - 3.18x101 3.18x101 

Water  8.46x103 8.47x100 7.63x104 1.87x104 1.87x103 1.87x100 1.69x104 1.78x103 9.36x101 9.36x101 

NaOH - - 1.73x103 - - - - - - - 

           

           

TOTAL 2.16x105 8.47x100 8.33x104 2.26x105 2.09x105 1.87x100 1.71x104 1.78x103 2.07x105 2.07x105 

Temperature (ºC)  37.74 37.74 37.74 36.45 36.75 36.75 36.75 42.00 42.00 25.00 

Pressure (bar)  1.01 1.01  1.01 10.56 1.01 1.01 1.01 0.20 0.20 0.20 

Total enthalpy 

(kWh) 
4.03x103 3.70x10-1 3.48x103 4.33x103 3.64x103 8.00x10-2 7.24x102 1.36x103 4.07x103 2.42x103 

 


