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Resumo 
 

Os anticorpos monoclonais têm demonstrado o seu potencial como moléculas terapêuticas com 

aplicações tão diversas como diagnóstico, oncologia e tratamento de doenças auto-imunes sendo a sua 

procura maior do que nunca, estima-se que o mercado global para anticorpos monoclonais atinja quase 

$ 58 bilhões em 2016. No entanto a sua produção tem de ser suficientemente rentável para preencher a 

demanda atual. Embora tenham sido alcançados processos de produção produtivos e eficientes, o 

processamento a jusante tornou-se o passo limitante para a produção de anticorpos. Como tal é crucial 

melhorar as plataformas de purificação existentes. Para resolver este problema várias alternativas foram 

testadas começando com a triagem de possíveis sistemas de duas fases aquosas (SDA) para partição 

por afinidade de anticorpos monoclonais com o ligando LYTAG, seguido do teste intensivo do tipo de 

sistema mais promissor (PEG-Sulfato de Amónia) com diferentes parâmetros e dum processo de 

purificação combinado com o sistema PEG6000-Sulfato de Amónia e cromatografia de interação 

hidrofóbica (CIH) com diferentes resinas disponíveis comercialmente. A introdução de um ligando de 

afinidade teve como objetivo melhorar a seletividade da SDA mantendo as suas qualidades inerentes de 

elevada capacidade, custo moderado e escalabilidade. No entanto, os sistemas testados foram 

incapazes de efetuar a purificação desejada. A CIH foi introduzida para maior seletividade, constituindo 

uma alternativa acessível para a tradicional cromatografia de proteína A, a combinação de 10% PEG 

6000- 12% Sulfato de Amónia e cromatografia com a HiTrap Butil FF alcançou os melhores resultados 

com rendimentos de extração superior a 99% e purezas até 96,5%. 

 

Palavras-chave: anticorpos monoclonais, processos de purificação, sistemas de duas fases 

aquosas, cromatografia de interação hidrofóbica. 
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Abstract 
 

Monoclonal antibodies have proven their potential as therapeutic molecules with applications as 

diverse as diagnosis, oncology and treatment of autoimmune diseases; the need for their supply is higher 

than it ever was, with the global market for monoclonal antibodies being expected to grow to nearly $58 

billion in 2016. The main challenge for this growth remains the fact these products need to be 

manufactured cost-effectively to meet the current demand and although productive and efficient upstream 

processes have been developed, the downstream processing has become the new bottleneck for 

monoclonal antibody production. Thus, it is crucial to improve the existing purification platforms. To 

address this problem several alternatives were tested, starting from the screening of new possible 

aqueous two phase systems (ATPS) for affinity partitioning of monoclonal antibodies with the  LYTAG 

ligand, followed by the intensive testing of the most promising system (PEG-Ammonium sulfate) with 

different parameters and finally a purification process combing ATPS with PEG6000-Ammonium sulfate 

followed by hydrophobic interaction chromatography (HIC) with different commercially available resins. 

The introduction of an affinity ligand aimed to improve ATPS selectivity whilst taking advantage of its 

inherent qualities of cost effectivity, scalability and high capacity however the tested systems were 

fruitless in achieving a desirable purification. The HIC was introduced to increase the selectivity, still 

representing an accessible substitute to the traditional protein A chromatography. The combination of a 

10%PEG6000-12% Ammonium Sulfate and a chromatography with HiTrap Butyl FF achieved of the best 

results with extraction yields up to 99% and purities as high as 96.5%. 

 

Keywords: monoclonal antibodies, downstream processing, aqueous two-phase systems, 

hydrophobic interaction chromatography. 
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1 Introduction 
 

1.1 Antibodies: an overview 
 

Antibodies, collectively called immunoglobulins, are glycoproteins produced by the immune 

system in order to neutralize foreign elements such as viruses and microbial toxins by specifically binding 

to them. Produced exclusively by lymphocyte B cells, they are present in billions of different forms and 

are among the most abundant protein components in the blood, constituting about 20% of the total 

protein in plasma by weight.  

Antibody molecules are “Y” shaped molecules, composed of four polypeptide chains: two 

identical light (L) chains (each containing about 220 amino acids) and two identical heavy (H) 

chains (each usually containing about 440 amino acids). The four chains are held together by a 

combination of noncovalent and covalent (disulfide) bonds, thus forming a molecule with two identical 

halves in which both light and heavy chains usually cooperate to form the antigen-binding surface. The 

two antigen-binding sites are identical, each formed by the N-terminal region of a light chain and the N-

terminal region of a heavy chain. Both the tail (Fc) and the flexible hinge region belong to the two heavy 

chains (figure 1) (1). 

 
Figure 1 - Schematic drawing of a typical antibody molecule (2). 

 

Both light and heavy chains have a variable sequence at their N-terminal ends but a constant 

sequence at their C-terminal ends. In the case of light chains the constant region is composed of about 

http://www.ncbi.nlm.nih.gov/books/n/mboc4/A4754/def-item/A5688/
http://www.ncbi.nlm.nih.gov/books/n/mboc4/A4754/def-item/A5658/
http://www.ncbi.nlm.nih.gov/books/n/mboc4/A4754/def-item/A4830/
http://www.ncbi.nlm.nih.gov/books/n/mboc4/A4754/def-item/A5395/
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110 amino and the variable region has the same size, as for the heavy chains the variable region is about 

110 amino acids long but the constant region is about three or four times longer (330 or 440 amino acids), 

depending on the class. 

It is the N-terminal ends of the light and heavy chains that come together to form the antigen-

binding site (see Figure 1), and the variability of their amino acid sequences provides the structural basis 

for a great diversity of antigen-binding sites, thus antibodies exist in billions of different forms, each form 

having a distinct antigen-binding site. This enables antibodies to recognize a wide variety of antigens: 

antigens are unique parts of foreign targets; each antigen binding site is specific to a certain antigen 

allowing the two structures to bind together with precision. 

By binding to an antigen antibodies can either directly neutralize it (by blocking a part of a 

microbe that is essential for its invasion and survival for instance) or “tag” it for attack and destruction by 

other elements of the immune system. 

Since they possess two antigen-binding sites, antibody molecules are described as bivalent, 

providing that they have two or more antigen determinants, bivalent antibody molecules can cross-link 

antigens into large lattices (Figure 2) which can be rapidly phagocytosed and degraded by macrophages. 

The efficiency of antigen binding and cross-linking is greatly increased by the flexibility of the hinge 

region, which allows the distance between the two antigen-binding sites to vary (Figure 3) (1). 

 

 

Figure 2 - Antibody-antigen interactions (1). 

   

Furthermore, the protective effect of antibodies is not due simply to their ability to bind to foreign 

molecules, they engage in a variety of activities that are mediated by their tail. Antibodies with the same 

antigen-binding sites can have any one of several different tail regions, each type providing different 

functional properties.  

http://www.ncbi.nlm.nih.gov/books/n/mboc4/A4754/def-item/A5919/
http://www.ncbi.nlm.nih.gov/books/n/mboc4/A4754/def-item/A4830/
http://www.ncbi.nlm.nih.gov/books/n/mboc4/A4754/def-item/A4882/
http://www.ncbi.nlm.nih.gov/books/n/mboc4/A4754/def-item/A4807/
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First it is important to refer that antibodies exist both in soluble form or inserted into the plasma 

membranes of B cells; all antibody molecules, produced by an individual B cell, have the same antigen-

binding site but the first antibodies made by a newly formed B cell are not secreted. Instead, they are 

inserted into the plasma membrane, where they serve as antigen receptors. Once activated by an antigen 

these cells can proliferate and differentiate into an antibody-secreting cells that secrete large amounts of 

soluble antibodies. 

Mammals possess five classes of antibodies, IgA, IgD, IgE, IgG, and IgM, each with a type of 

heavy chain—α, δ, ε, γ, and μ, respectively. In addition, there are a number of subclasses of IgG and IgA 

immunoglobulins; for example, there are four human IgG subclasses (IgG1, IgG2, IgG3, and IgG4), 

having γ1, γ2, γ3, and γ4 heavy chains, respectively. The various heavy chains give a 

distinctive conformation to the hinge and tail regions of antibodies, so that each class (and subclass) has 

characteristic properties of its own. 

IgM has μ heavy chains, it is always the first class of antibody made by developing B cells. In 

immature naïve B cells light chains combine with the μ chains to form four-chain IgM molecules (each 

with two μ chains and two light chains), these molecules then insert into the plasma membrane, where 

they function as receptors for antigens.  

After leaving the bone marrow these cells start to produce cell-surface IgD molecules as well, 

with the same antigen-binding site as the IgM molecules, achieving the stage of mature naïve B 

cells. These cells are the ones that can respond to foreign antigen in peripheral lymphoid organs. 

 IgM is also the major class of antibodies secreted into the blood on first exposure to an antigen 

(Unlike IgD molecules which are secreted only in small amounts and seem to function mainly as cell-

surface receptors for antigens.) In its secreted form, IgM is a pentamer composed of five four-chain units. 

Each pentamer contains a polypeptide chain, called a J (joining) chain. The J chain is produced by IgM-

secreting cells and is covalently inserted between two adjacent tail regions (Figure 4). 

The major class of immunoglobulin in the blood is IgG. IgG molecules are four-

chain monomers produced in large quantities during secondary immune responses. Macrophages and 

neutrophils have specific receptors (Fc receptors) that bind to the IgG’s tail region thus ingesting and 

destroying infecting microorganisms that have become coated with the IgG antibodies (Figure 3) (1). 

http://www.ncbi.nlm.nih.gov/books/n/mboc4/A4754/def-item/A4830/
http://www.ncbi.nlm.nih.gov/books/n/mboc4/A4754/def-item/A4882/
http://www.ncbi.nlm.nih.gov/books/n/mboc4/A4754/def-item/A5642/
http://www.ncbi.nlm.nih.gov/books/n/mboc4/A4754/def-item/A5019/
http://www.ncbi.nlm.nih.gov/books/n/mboc4/A4754/def-item/A4830/
http://www.ncbi.nlm.nih.gov/books/n/mboc4/A4754/def-item/A4882/
http://www.ncbi.nlm.nih.gov/books/n/mboc4/A4754/def-item/A4830/
http://www.ncbi.nlm.nih.gov/books/n/mboc4/A4754/def-item/A5658/
http://www.ncbi.nlm.nih.gov/books/n/mboc4/A4754/def-item/A5489/
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Figure 3 - Antibody-activated phagocytosis (1). 

 

IgG molecules are the only antibodies that can pass from mother to fetus via the placenta. Cells 

of the placenta that are in contact with maternal blood have Fc receptors that bind blood-borne IgG 

molecules and direct their passage to the fetus. Because other classes of antibodies do not bind to these 

particular Fc receptors, they cannot pass across the placenta. IgG is also secreted into the mother's milk 

and taken up from the gut of the neonate into the blood, providing protection for the baby against 

infection. 

IgA is the principal class of antibody in secretions, including saliva, tears, milk, and respiratory 

and intestinal secretions. Whereas IgA is a four-chain monomer in the blood, it is an eight-chain dimer in 

secretions; it is transported through secretory epithelial cells from the extracellular fluid into the secreted 

fluid by a Fc receptor that is unique to secretory epithelia. This Fc receptor can also, with less efficiency 

transport IgM into secretion.  

Finally IgE molecules are four chain monomers whose tail binds to Fc receptors that are located 

on the .surface of mast cells in tissues and of basophils in the blood. This binding triggers the mast cells 

or basophils to secrete a variety of cytokines and biologically active amines, especially histamine that 

cause blood vessels to dilate and become leaky, which helps white blood cells and antibodies to enter 

sites of infection. The same molecules are also largely responsible for allergic reactions as hay fever, 

asthma, and hives. In addition, mast cells secrete factors that attract and activate white blood cells, 

http://www.ncbi.nlm.nih.gov/books/n/mboc4/A4754/def-item/A5489/
http://www.ncbi.nlm.nih.gov/books/n/mboc4/A4754/def-item/A5172/
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called eosinophils that also have Fc receptors that bind IgE molecules and can kill various types of 

parasites, especially if the parasites are coated with IgE antibodies (1).  

 

Figure 4 - schematization of the different types of antibodies (3). 
 

In addition to the five classes of heavy chains found in antibody molecules, higher vertebrates 

have two types of light chains, κ and λ, which seem to be functionally indistinguishable. Either type of light 

chain may be associated with any of the heavy chains. An individual antibody molecule, however, always 

contains identical light chains and identical heavy chains: an IgG molecule, for instance, may have either 

κ or λ light chains, but not one of each. As a result of this symmetry, an antibody's antigen-binding sites 

are always identical. Such symmetry is crucial for the cross-linking function of secreted antibodies.. (1) 

 
Table 1 - Properties of the major classes of antibodies in humans (1). 

 

http://www.ncbi.nlm.nih.gov/books/n/mboc4/A4754/def-item/A5395/
http://www.ncbi.nlm.nih.gov/books/n/mboc4/A4754/def-item/A5395/
http://www.ncbi.nlm.nih.gov/books/n/mboc4/A4754/def-item/A5486/
http://www.ncbi.nlm.nih.gov/books/n/mboc4/A4754/def-item/A4830/
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1.2 From polyclonal to monoclonal antibodies 
 

As mentioned in section 1.1, once a B cell is activated by an antigen it can proliferate and 

differentiate into an antibody secreting cell. Each antigen binding site contains a structure analogous to a 

lock, a paratope, that will bind specifically to an epitope, a structure analogous to a key, on an antigen 

allowing the two structures to bind, if this happens between an antigen and an antibody inserted in the 

membrane of a B cell it will activate the corresponding cell which will culminate in the production of this 

specific antibody. 

Since most antigens are quite complex they possess numerous epitopes therefore being 

recognized by a large number of lymphocyte B cells, thus inducing a polyclonal immune response. 

Monoclonal antibodies in contrary to polyclonal antibodies are produced by a single lymphocyte B clone. 

Monoclonal antibodies were first discovered in the sera of patients with multiple myeloma, in which the 

clonal expansion of malignant plasma cells resulted in the production of high amounts of an identical 

antibody. In the 1970s, Köhler and Milstein created a technique for the production of specific monoclonal 

antibodies by chemically fusing splenic B cells, which were able to produce specific antibodies but 

presented productivity problems namely related to their mortality, with immortal myeloma cells thus 

generating immortal hybrid cells named hybridomas, each producing a unique type of monoclonal 

antibody. (4). The homogeneity and specificity for a single antigen epitope of this revolutionary type of 

antibody makes them most suitable for several therapeutic and analytic applications (5).  

 

 

1.3 Major applications of monoclonal antibodies  
 

Due to their unique properties monoclonal antibodies have innumerous applications in research, 

medical diagnosis and therapy. They can be used for the identification of particular cell types since there 

are monoclonal antibodies specific to markers that are only present in certain cells (the so called cluster 

of differentiation (CD) markers). Monoclonal antibodies also permit the functional analysis of cell surface 

molecules by binding to them thus stimulating, inhibiting or blocking certain cellular functions. They can 

also be used to purify certain cell populations or molecules from complex mixtures to facilitate the study of 

their properties and functions. 

 

As far as diagnostics is concerned, monoclonal antibodies have also proven to be important tools 

for the diagnosis of infectious and systemic diseases by detecting, in immunoassays, corresponding 

antigens or antibodies present in the blood or tissues of patients. Tumor-specific monoclonal antibodies 

are used analogously for the detection of tumors either through imaging techniques or by staining the 

cancer tissues with labeled antibodies.  
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Regarding their therapeutic applications, monoclonal antibodies are able to target cells, viruses 

and bacteria that are involved in the pathogenesis of many diseases. Their vast spectrum of action 

includes for example: i) the treatment of rheumatoid arthritis through the use of antibodies against the 

cytokine tumor necrosis factor (TNF), ii) the depletion of B cells in certain autoimmune diseases, iii) the 

treatment of B cell leukemias by antibodies against CD20, iv) the use of antibodies against the type 2 

epidermal growth factor receptor to target breast cancer cells, v) antibodies against vascular endothelial 

growth factor to treat patients with colon cancer among many other applications (5). In addition, antibody 

drug conjugates have been proving to be interesting allies in oncological treatments as they combine, 

typically, a monoclonal antibody with specificity for a tumor specific antigen and a potent cytotoxic 

chemical that is linked in a way that assures its release only when the antibody is bound or internalized by 

a target cell (6). 

 

 

1.4 Monoclonal antibody market prospects  
 

According to BCC research the global market for therapeutic monoclonal antibodies, which was 

estimated at $44.6 billion in 2011, is expected to rise at a compound annual growth rate of 5.3% to nearly 

$58 billion in 2016 (7). One of the key factors contributing to this market growth is the prevalence of 

cancer and the limitations of existing alternative treatments. In fact, approximately 286 monoclonal 

antibodies are in various stages of clinical development and oncology is the area of greatest activity, with 

approximately 150 new monoclonal antibodies being tested. In addition, some 70 monoclonal antibodies 

are in clinical development for treatment of inflammatory and autoimmune diseases, others are in clinical 

development for different indications including 15 products for treatment of various metabolic disorders, 

16 for central nervous system disorders, and 25 for infectious diseases. A further 10 are in development 

for treatment of cardiovascular diseases or transplant rejection. (8)   

 

Despite the efficacy of monoclonal antibodies in the treatment of various diseases, the main 

challenge for this industry remains the fact that complex products need to be manufactured cost-

effectively in order to meet the market’s demands and to achieve commercial success. Whilst enabling 

sufficient productivity and efficiency of manufacturing processes was a major challenge for monoclonal 

antibody production the industry and societal pressure to produce more product at reasonable costs 

pushed process scientists and engineers to  generate high expressing production cell lines (such as 

CHO) and culturing these cell lines for maximum productivity. Therefore, as it will be further discussed, 

the resulting advances in cell line generation and cell culture have enabled companies to routinely 

express monoclonal antibodies at high titers, resulting in the capacity and ability of downstream 
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processes to handle these high quantities of antibody to be new bottleneck and the new focus area for 

process scientists crucial for the market rise of monoclonal antibodies. (9) 

 

 

1.5 Monoclonal Antibody Production  
 

1.5.1 Antibody engineering 
 

Since their discovery monoclonal antibodies have witnessed quite an evolution. If at first the 

hybridoma technology allowed the production of murine monoclonal antibodies, these still presented 

several drawbacks in terms of therapeutic applications. Not only do they often cause allergic reactions 

and induce the formation of anti-drug antibodies but they also have short life times in men when 

compared to their human counterparts and exhibit low performances regarding the recruiting of the 

effector function, antibody-dependent cellular cytotoxicity and complement dependent cytotoxicity which 

are quite important for their effectiveness. 

In order to eliminate these problems, chimeric mouse-human antibodies were developed by 

grafting, through genetic engineering techniques, the antigen-specific variable domain of mouse 

antibodies onto the constant domains of human antibodies. The chimeric monoclonal antibodies obtained 

this way are 65% human and present therefore a higher half-life in man and a reduced immunogenicity 

but they still have a considerable propensity to induce the production of anti-drug antibodies. 

Consequently they had to be further improved resulting in humanized monoclonal antibodies developed 

by grafting just the murine hypervariable regions onto the human framework. The ensuing antibodies are 

approximately 95% human being mostly free of the immunogenic problems associated with murine and 

chimeric antibodies but humanization is limited and requires a laborious process. There was still room for 

improvement and so new techniques of in vitro phage display (in which antibodies are expressed in the 

surface of a phage who is then used to infect E. coli that will then replicate producing the desired 

antibody) and the creation of transgenic mice that express human variable domains coupled with the 

hybridoma technology enabled the production of fully human monoclonal antibodies who poses a low 

immunogenic potential and properties similar to human endogenous antibodies (10).  
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Figure 5 - Mouse, chimeric, humanized and human antibodies (11). 

 

There seems to be no clinical difference between the monoclonal antibodies isolated using phage 

display and the ones generated with transgenic mice but as the process of antibody discovery with phage 

display permits a more directed lead isolation and control over the specificity and affinity of the antibody it 

also requires more often a lead optimization. Therefore these techniques provide each other with a 

complementarity that has made monoclonal antibodies more accessible than ever before (6).  

The acquired knowledge about the immunogenicity triggering factors permitted the development 

of in silico and in vitro tools to reduce it either through deselection or deimmunization so while the second 

generation monoclonal antibodies were mainly engineered to reduce immunogenticy the progress 

achieved in antibody engineering now enables the development of other interesting qualities. Due to the 

fact that there are still limitations to antibody therapy, namely inefficient effector cell recruitment initiation 

of complement-dependent cytotoxicity or induction of phagocytosis, Fc engineering is now under the 

spotlight as it permits the tailoring of these Fc-mediated effector functions. (12) 

 

Other key areas being developed are the antibody drug conjugates (that combine an antibody 

with specificity for, typically, a tumor-specific antigen with a highly potent cytotoxic chemical that will only 

be released once the antibody is bound to the target cell), bispecifics (monoclonal antibody based 

therapeutics that have two different binding domains within the same construct, allowing the interaction 

with two target antigens) and monoclonal antibodies suited for brain delivery (antibodies able to cross the 

blood-brain barrier targeting neuro-oncology and neurodegenerative disorders). (6) 

 

1.5.2 Expression systems 
 

As the demand for monoclonal antibodies grows, it is most essential to develop and use reliable 

and productive expression systems. Nowadays, mammalian cells as the Chinese hamster ovary cells 

(CHO), murine lymphoid cells and even human cells are the most used for large scale production but a 

variety of new systems is emerging as it will be further discussed.  
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The mammalian cell line success is mainly due to their ability to produce monoclonal antibodies 

most biochemically similar to the human form since they are capable to perform the correct protein 

assembly, folding and post-translational modifications such as glycosylation. Furthermore, they are also 

adaptable to culture in large-scale suspension bioreactors thus being able to produce large amounts of 

antibodies with consistent quality.  

Since their discovery CHO cells quickly gained recognition for ease of culture and fast generation 

times. Nowadays, they are the most widely used mammalian cells for therapeutic protein production and 

are expected to continue being so in the following years. CHO’s proven track record of producing safe 

biocompatible and bioactive monoclonal antibodies often results in a faster regulatory approval for their 

products. There are many reasons that fundament this success; pathogenic human viruses such as HIV, 

influenza and polio do not replicate in CHO cells increasing the safety of the monoclonal antibodies 

produced which results in a simpler downstream processing. Another advantage of CHO cells is how 

easily they can be genetically modified for optimization and on that note the recent assembly of the 

ancestral CHO-K1 cell line can increase the understanding of these cells and further increase their 

popularity.  

Murine lymphoid cells NS0 and SP2/0 are the next preferred cell cultures used for monoclonal 

antibody production after the CHO since they originate from differentiated B cells that naturally produce 

large amounts of immunoglobulin. However they are not the main choice for antibody production because 

the antibodies that they produce can have residues that are immunogenic resulting in a reduced half-life 

when administered.  

The use of human sourced cells is an option to eliminate the presence of antigenic groups in the 

antibodies produced. There are currently several possible types undergoing studies, namely, human 

embryonic kidney-derived HEK293, immortalized human amnioctyes from CEVEC and human embryonic 

retinoblast derived PER.C6 from Crucell. Although HEK293 and amniocytes are reported to be better 

suited for transient protein production, PER.C6 is considered the most promising candidate since it is the 

most productive (it can reach cell densities tenfold higher than CHO cells and produce up to 27 g/l of 

protein in fed-batch reactors). Therefore, although human based cell lines are still submitted to regulatory 

concerns due to their lack of resistance against adventitious agents, several PER.C6 products are 

currently undergoing clinical trials (13). 

When talking about production in mammalian cells, cell line development is a crucial step, it is 

time-consuming as clones with high productivity, stable long-term expression and good product quality 

are rare occurrences but cell line generation efficiency and monoclonal antibody quality can be improved 

through host cell engineering, vector optimization and high-throughput clone selection. Production of 

monoclonal antibodies in mammalian cells can be achieved either with transient or stable transfection, the 

first allows quick generation of small amounts of product for use during early stages of drug discovery and 

the second is the most used in industrial large scale production. Cell lines used for manufacturing come 

from a single cell clone in order to obtain high amounts of consistent product. The development process 
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of cell lines starts with the transfection of a mammalian cell line with plasmid vectors carrying the light 

chain (LC), the heavy chain (HC) and selection marker genes that permit the selection of transfected cells 

by conferring resistance to certain antibiotics or growth advantage in a nutrient-deficient condition. For 

example, the DHFR marker that is used in CHO cells with DHFR-deficient DG44 or DXB11 and confers 

the ability to reduce dihydrofolate to tetrahydrofolate, which is needed for the nucleic acid metabolism 

thus enabling only the cells that incorporated the vector with the DHFR gene to survive in a media without 

hypoxanthine and thymidine. Amplification can be further carried out by adding methotrexate to the 

medium which inhibits DHFR activity so that cells will need to amplify the DHFR gene copy in order to 

survive resulting in the simultaneous amplification of the monoclonal antibody genes. Another example is 

the glutamine synthetase selection marker (GS) that catalyzes the formation of glutamine from glutamate 

and ammonia which is used with NS0 cells lacking the expression of this gene allowing transfected cells 

to survive in media without glutamine. It is combined with methionine sulphoximine, a GS inhibitor, whose 

action is similar to the one of methotrexate with DHFR, forcing the cells to amplify the vector including the 

monoclonal antibody gene. This latest method is faster and requires less copies of the recombinant gene 

per cell than the DHFR method resulting in a faster selection of high-producing cell lines. Once the 

selection and amplification of transfectants is concluded single clones are chosen for characterization of 

product quality, scale up and long-term expression. It is important to refer that random integration and 

amplification originate very heterogeneous pools making the process of producing and selecting clones 

an extremely lengthy and laborious process. Nevertheless recent developments for selecting high-

producing clones have also seen a heavier reliance on use of automation to save on labor and improve 

process consistency. For instance, flow cytometry applied to fluorescence-activated cell sorting permits 

the fast screening of millions of cells to isolate specific subpopulations from the very heterogeneous 

pools, it can be applied to the sorting of surface-labeled antibody producing cells since level of secreted 

proteins is proportional to the protein found on the cell surface. (13) 

 

It is nevertheless important to refer that although mammalian cell lines clearly present 

considerable advantages they do have some setbacks. First they are fragile when compared to microbial 

or plant cells since they are approximately 10- to 50-fold larger than microbial cells, without the tough cell 

wall plus they are sensitive to impurities and require complex and often costly medium (frequently 

needing vitamins, amino acids, nucleotides, lipids, precursors, protectants, reducing agents, and even 

growth factors) resulting in high production costs. Thus, alternative expression systems are being studied 

for the industrial production of monoclonal antibodies. (14) 

As it was previously mentioned, human monoclonal antibodies have been produced in transgenic 

mice for quite a while, transgenic animals offer particularly attractive possibilities to prepare monoclonal 

antibodies. The advantages being the high capacity of production at low cost and also the high quality of 

the produced proteins, the drawbacks are the difficulty to separate the human proteins from their animal 

counterparts and the additional risk associated to the presence of animal pathogens active in humans 
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that requires extra care in the downstream processing. Several transgenic animal species can produce 

monoclonal antibodies (mice, rabbits, cows…) which can be extracted from their serum but other two 

systems are being developed; the first is milk from farm transgenic mammals, the second system is 

chicken egg white which recently became more attractive after essential improvement of the methods 

used to generate transgenic birds, those offer the advantage of ease and economy of extraction when 

compared to serum. (15)  

Another alternative to mammalian cell cultures is the use of transgenic plants. Since the first 

report of monoclonal antibody-expressing tobacco (Hiatt et al., 1989) the advantages and disadvantages 

of using plant systems such as tobacco, alfalfa and soybean for the production of “plantibodies” have 

been studied. Although transgenic plants are efficient protein producers that permit easy and low cost 

scale up, free of human pathogens, and capable of post-translational modifications, the transgenic plant 

production time, regulatory uncertainty along with concerns related to differences between generated 

carbohydrates compared to mammalian antibodies and purification challenges are cited as 

disadvantages. Therefore safety and regulatory concerns for open-field production systems have been 

addressed by using contained systems such as greenhouses or production in bioreactors (namely with 

tobacco cell culture suspension although other types of systems such as other types of cell suspensions 

like carrot,  hairy root culture, aquatic plants, plant cell culture, moss, and algae have been studied for 

protein production). The main advantages of bioreactors are controlled growth conditions with complete 

containment, consistency in product yield, quality and homogeneity, and speed of production from gene 

to protein in a matter of weeks. However, using contained systems eliminates several advantages of 

open-field production, such as inexpensive upstream production and scale-up costs. (16) 

 

Moreover microbial systems such as bacteria, fungi and yeast are an attractive alternative 

because of their low cost, high productivity, and rapid implementation. Another advantage is the absence 

of possible adventitious virus although the presence of endotoxins needs to be taken into consideration. 

Antibody fragments are already being produced in microbial systems, for example E. coli and Pichia 

pastoris are used to produce antibody fragments. A nonglycosylated whole antibody can be produced in 

E. coli that is secreted into the periplasm. Filamentous fungi such as Aspergillus are also used to produce 

antibodies and antibody fragments secreted into the supernatant. However, there are things microbes 

simply cannot yet do, even the lower eukaryotic forms such as fungi and yeasts. Complex biomolecules, 

such as functional monoclonal antibodies require the posttranslational the posttranscriptional metabolic 

machinery available in mammalian cells. Indeed, the glycosylation of antibodies is important for their 

biological function and pharmacokinetics. Aglycosylated forms of glycoproteins tend to be misfolded, 

biologically inactive, or rapidly cleared from circulation, and proper posttranslational modifications provide 

a higher or “humanlike” quality and efficacy to the protein when compared with proteins produced by 

microbes. Although eukaryotic fungi and yeast can glycosylate proteins, the resultant glycans are not the 
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structures normally found on human proteins. Genetic engineering tries to tackle these limitations of 

microbes for instance by improving the glycosylation machinery of the yeast P. pastoris. (14)  

 

1.5.3 Bioreactors 
 

When initiating a culture cells are firstly taken out of a working cell bank and thawed. The cell 

population is then expanded through a series of seed trains in different culture vessels until it is 

transferred to the production bioreactor where the cells continue to grow and express the monoclonal 

antibodies that accumulate in the culture broth (Figure 6) (17)  

 

Figure 6 - A typical cell culture process (17). 

 

The cell culture can be either anchorage dependent or grown in suspension: anchorage-

dependent cells generally require large surface areas to generate sufficient biomass for the required 

productivity, cell growth in suspension is not dependent on two-dimensional surface areas; it is thus far 

more straightforward to cultivate than adherent cells, since there is a much bigger surface/volume ratio 

between the cell surface and the culture medium, plus no enzymatic treatment is necessary, meaning 

less manual handling and contamination risk. For these reasons suspension culture dominates the 

biopharmaceutical Industry (14).  

As mammalian cells are extremely sensitive, production can very easily be limited by external 

factors. They often overreact to small changes in temperature and pH requiring a very narrow 

temperature range, typically around 37°C; therefore mammalian cell bioreactors require a regulation 

capability of 0.1°C. As for pH, a drop of just 0.4 can lower antibody titers from 500 mg/liter to 50 mg/liter 

so they also require a narrow pH range of 6.8 to 7.4 therefore indirect addition of acid for pH control by 

CO2 sparging must be used to avoid a harsh environment, nitrogen can also be added to neutralize the 

effect of CO2 and thus raise the pH.  Due to the low growth rate and the limited growth mass reached by 
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mammalian cell cultures, in comparison to the ones of microbial cells, the oxygen uptake is lower so the 

airflow-control capabilities of mammalian bioreactors must be refined (delivering up to 0.5 vvm). 

Mammalian cells are also very shear sensitive, just the stirring of the liquid medium can break them, thus 

usually no more than 150 rpm of agitation can be used and forced-air sparging is the major means of 

introducing air into the medium. Moreover, the production can also be limited by the accumulation of by-

products like ammonia or lactate and the depletion of nutrients so it is important to appropriately renew 

the medium. Finally, direct sparging of gas and high protein content originate foam, manual addition of 

antifoam based on need is generally the practice used to meet the rapidly growing demands of large 

production capacity (14). 

Two types of suspension culture systems remain popular for large-scale manufacturing: fed-batch 

and continuous-perfusion culture. In perfusion culture (or repeated-batch) fresh medium is added 

continuously in balance with the volumetric removal rate of the product-containing, cell-free, spent 

medium. Therefore, both the culture time and the harvested volume are high but the product titer per liter 

of medium consumed is relatively low. Furthermore, the operation is complex, involving the use of internal 

or external cell-retention devices and the continuous changing of medium conditions. Long culture times 

frequently result in inconsistent processes, higher contamination risks, and variable glycosylation and 

other posttranslational modifications in the product making the process difficult to scale up and generally 

less robust. The main advantage of this production mode is that smaller reactors can be used to produce 

large amounts of product. For instance, a 500-liter industrial perfusion system was claimed to operate for 

about 15 to 35 days, generating multi-kilograms of monoclonal antibodies at a throughput about 10 times 

higher than the ones achieved in a batch or fed-batch system. However, since the productivity of cells has 

been dramatically improved leading to high product titers, this advantage has been reduced. The 

perfusion mode is also very useful for cultures that produce sensitive protein products whose 

accumulation can inhibit or be toxic to cell growth. Finally, in harvests of perfusion culture cell viability is 

often high while residual host cell protein and DNA are often low (14).  

 

As for fed-batch, cultures are supplied with a concentrated nutrient solution at particular intervals 

to replenish the depleting nutrients, with no spent medium removal, increasing the broth volume. They 

present high harvest titers, volumetric productivity and are easier to scale-up. The advantages of this type 

of system include: reduced direct cost due to reduced medium consumption, waste generation, and 

personnel requirement, ease of process validation and characterization, reduced footprint and turnaround 

time, greater lot consistency, ease of downstream clarification, harvest concentration, and storage and 

overall reduced time to product approval. Fed-batch processes are currently the most commonly used for  

the industrial production of biopharmaceuticals because of their robust, reproducible, scalable, and 

reliable manufacturing outcomes, and they are now being operated at scales as high as 20,000-liter 

working volumes (14).  
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In terms of reactor models, the stainless steel bioreactor system is robust in design and proven in 

both small and large-scale production but it has high capital costs and requires high maintenance, 

sterilization and cleaning validation. The use of disposable bag bioreactors has become an alternative to 

stainless steel bioreactors, they are particularly useful for seed culture development and for rapidly 

meeting early development’s needs because they are flexible and quick to implement, eliminating the 

need for cleaning and sterilizing-in-place, along with significant economic benefits. A wide range of 

disposable bioreactors are currently available, including Wave (Figure 8), Xcellerex, and single-use 

bioreactor. Critical components for the practical use of disposable bioreactors are now available, including 

disposable mixing technologies, aseptic connections, and sensing technology. In-process monitoring and 

control conferred by traditional stirred-tank bioreactors have been incorporated into disposable systems. 

(14) 

 

Figure 8 - Schematic representation of a wave bioreactor. The wave action created by the rocking motion 
generates a turbulent surface that assures the oxygen transfer and keeps the cells in motion preventing the settling in 
the Cellbag bioreactor (18). 

Figure 7 - Schematic representation of perfusion and fed batch cultures. In the perfusion mode fresh medium 
is added as the culture medium containing the product is removed. In the fed batch culture medium is supplied during 
the production. At the end of the process, the entire content of the bioreactor is harvested and the valuable protein is 
purified. (61). 
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1.5.4 Culture media 
 

Mammalian cells are known to be extremely sensitive to their culture media, it is of the upmost 

importance to find appropriate cell culture mediums as they will greatly influence the process 

performance; an individual optimization can normally improve production levels two-to fivefold. 

Mammalian cells need to be supplied with complex media containing all essential nutrients for cell 

metabolism, growth and proliferation frequently including vitamins, amino acids, nucleotides, lipids, 

precursors, protectants, reducing agents, and even growth factors, that vary with the cell line and clone. 

Mammalian cells are unique in their ability to “adapt” to new medium formulations inducting the selection 

of variants. (14) 

 

One option to provide such conditions relies in the presence of animal-derived components such 

as serum that create a more natural environment for better cell growth. Bovine serum has been a medium 

of choice since it provides all the necessary nutrients to allow the growth and productivity of cells. Besides 

the more general components like low-molecular-weight nutrients, anti-oxidants, macromolecular proteins 

and carrier proteins (for water insoluble components) it also contains the very important anti-apoptotic 

factors and albumin that can protect cells from stress factors (19). Although there are clear advantages 

related to its use, bovine serum is also associated to serious safety concerns about the 

biopharmaceuticals produced since animal-derived substances can potentially introduce contaminants 

into the process and thus into the final product. There are clearly risks associated with using animal-

sourced materials, as they can be a source for prion transmission and mycoplasma and viral 

contamination. Other major drawbacks are its batch to batch variability that can lead to process and 

product inconsistency and the complex downstream processing required to remove all serum 

contaminants (20). 

 

As more monoclonal antibodies are being used as therapeutic agents, their production is being 

submitted to increasing regulatory scrutiny and particular focus has been given to ensure that the 

biopharmaceutical production process is free of potential contamination by adventitious agents from 

animal origin. For example, regulatory authorities specifically require that non-animal alternatives be used 

whenever available and demand that manufacturers always justify the use of materials of animal origin, 

thus posing a major disadvantage to the use of serum as culture media. In order to achieve better 

composition definition, reduce the probability of contamination by adventitious and infectious agents, and 

lower the costs in the downstream, serum-free media are now commonly used in industry. However, to 

preserve the multifaceted beneficial functions of serum, many of the serum-free media still contain some 

bovine-derived large-molecule components, namely bovine proteins such as albumin, insulin, transferrin, 

and lipoproteins (nutrient carriers or facilitators of cell metabolism).  
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Since any animal-derived proteins have a theoretical risk of introducing prions or other 

adventitious agents, it is highly desirable to develop animal protein-free media for cell culture processes. 

Recombinant proteins can replace their animal-sourced counterparts, using organic or inorganic small 

molecules where possible may dramatically lower the medium cost and minimize the risks. Furthermore, 

entire medium formulations can now be animal free because all components, including small molecules 

such as amino acids that are usually animal derived, are available from fermentation, synthetic, or plant 

sources. For serum free media without animal proteins the risk of animal product contamination is no 

longer a concern, the persistent drawback being the fact that high protein contents recurrent in these 

media can still make the purification process quite laborious and expensive (14). 

 

Besides the previously cited alternatives, chemically defined media were reported to support 

high-density cell cultures and to facilitate small-scale development activities. Chemically defined media 

are inherently less expensive and make downstream processing more straightforward as all contaminants 

are known and present in smaller amounts. Furthermore working with a defined environment also makes 

process optimization a lot easier. Nevertheless it should be pointed out that some chemical media still 

include recombinant proteins such as insulin-like growth factor-1, transferrin, and insulin, etc., as signals 

for cell growth. A chemically defined medium should only contain well-characterized components, with 

known identity, structure and consistent purity/impurity profiles. (14) 

 

Not only animal protein-free media but also protein-free media for CHO and NS0 have become 

commercially available, and some can be found in the literature (14). This type of medium contains only 

the non-proteic elements necessary for cell growth promoting higher cell growth and protein expression 

and making downstream processing easier and less costly. Indeed the purity of monoclonal antibodies at 

harvest is less than 30% in an optimized protein-containing culture and it reaches 60-75% in an optimized 

protein-free culture (21). 

 

Finally it is most relevant to mention that although there has been a major focus on developing 

safe and optimized cell culture media, the serum free alternatives require the adaptation of the cells to 

new conditions which is a very laborious and expensive process especially considering that the medium 

performance is culture history dependent, and a conclusion about a new medium can only be drawn after 

multiple passages. Other difficulties include the large variations in medium evaluation methods, such as 

growth assessment by cell counting, which can vary by about 10 to 20%. In addition, there can easily be 

over 50 components in a typical cell culture medium, making it practically quite difficult to fully optimize 

the composition (14). It should also be well-thought-out that adaption to serum-free conditions is not 

always possible or suitable since even different clones of the same cell type often require distinct 

formulations and media must be designed accordingly (22). 
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1.6 Monoclonal Antibody Downstream Processing 
 

1.6.1 General trends 
 

Despite a clear evolution, as it was previously mentioned, the downstream processing of 

monoclonal antibodies is far from being a mature engineering field and its improvement is of the upmost 

importance for the success of monoclonal antibodies as the predefined criteria for purity, quality, efficacy, 

and safety of therapeutic antibodies as well as the process economy, have to be met and require 

sophisticated purification strategies. Critical attributes of this part of the production process are the overall 

yield, sustained product quality, and feasibility in pilot- and large-scale production.  

 

Downstream processing aims at removing both impurities and contaminants. Impurities can be 

related to the process or to the product itself as contaminants are adventitiously introduced materials that 

were not intended to be part of the manufacturing process, such as intracellular proteases or any 

microbial or viral contamination. Impurities are considered process related, if they come from the 

manufacturing process, and typically include host cell proteins and DNA. Depending on the cell-culture, 

certain culture derived impurities such as media components or nutrients, growth hormones, for example, 

insulin or IGF, or bacterial endotoxins arising from certain nutrients are deemed inevitable. Downstream 

processing itself can also be a source of impurities including enzymes, processing reagents (e.g., 

oxidizing and reducing agents, detergents), inorganic salts (e.g., heavy metals, nonmetallic ion), solvents, 

or leachables (e.g., recombinant Protein A affinity ligands). As for the product-related impurities, they are 

molecular variants formed during manufacture or storage whose properties differ from the desired product 

they can be precursors, degradation products, modified molecules (deamidated, isomerized, oxidized, 

glycosylated), or simply aggregates (23). 

 

Contaminants on the other hand should be strictly avoided and have to be controlled with 

appropriate in-process acceptance criteria. It should be mentioned that any treatment executed during 

purification exerts stress on the protein, due to drastic changes in pH values, protein or salt 

concentrations, buffers, or solvents, as well as to the shear forces at the liquid stream and surface 

interfaces. This stress can result in denaturation or aggregation of the antibody with losses in yield and 

efficacy. Therefore it is crucial to monitor product quality and functionality during downstream processing 

with appropriate and fast analytical tools. 

 

In more economy related terms the goal in downstream is to develop a limited number of robust 

process steps for production scale which should then be able to deal with elevated volumes (e.g. 12 000 

L fermentation volumes) whilst maintaining suitable process turnover times. Another crucial aspect of 
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process development is that the product quality and the production process comply with regulatory 

requirements (23). 

 

 Although the existence of a generic process that could be used for all monoclonal antibodies 

would greatly reduce the time and resources needed for process development, downstream processing is 

challenged by a broad range of material demands, from isolation of antibodies which are used at high 

doses and have big market demands to antibodies that are used for small niche indications requiring a 

smaller production. Another challenge is that, although monoclonal antibodies present an elevated 

degree of homogeneity, the variations in complementarity-determining regions and framework sequences 

also make it more difficult to find a universal purification process (24). Therefore there is an increasing 

pressure for the development of robust, flexible and economical purification processes. Despite the fact 

that each antibody based product entails different particularities and challenges, making it virtually 

impossible to purify distinct monoclonal antibodies without changing the process, the downstream 

processing meets the various requirements of purification by applying a series of platform technologies. 

The five main sections comprise harvest, primary recovery, viral clearance, purification and polishing 

(Figure 9). Neither the order of individual steps nor applied principles have to be applied as shown, as 

each antibody requires a unique treatment for optimum results (23). 

 

 

Figure 9 - Scheme of a generic platform purification process for therapeutic monoclonal antibodies. 
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Harvest 

Typically the harvest step for large volumes contains a centrifugation to remove cells and cell 

debris followed by a dead-end filtration. Alternatively to the centrifugation, tangential flow filtration can 

also be used for this separation, but centrifuges are the preferred technology for harvest at large scale 

(typically 2000–15 000 L per batch) because of their scalability and economical operation characteristics 

compared to tangential flow filtration. Another major advantage of centrifuges is the possibility of multi-

product usage with defined change-over procedures and the avoidance of problems such as membrane 

clogging and fouling. Continuous disk-stack centrifuges are currently considered the industry standard for 

large-scale centrifugation. 

The dead end filtration process consists of a depth-filtration step followed by membrane filtration. 

Depth-filtration units are composed of a fibrous bed of cellulose or polypropylene fiber along with a filter 

aid and binder. Thereby depth filters have adsorptive properties allowing them to retain process-related 

impurities like DNA or host cell proteins. Therefore, the choice of the filter material is an important 

criterion to be considered during process development. Membrane filters, in contrast with depth filters, 

have a pore size typically around 0.2 or 0.1 μm which allows the separation of particles and bacteria from 

the supernatant (23). 

 

Primary Recovery 

ULTRA/DIAFILTRATION 

For the purpose of concentration and conditioning prior to chromatography, cross-flow units are 

commonly used. The large fermentation volumes are reduced by ultrafiltration and then the diafiltration 

permits the adjustment of the conditions for the following capture with regard to pH, conductivity, or buffer 

strength. Although it is sometimes deemed ‘‘old fashioned’’ and dispensable for high-titer processes, this 

step is relevant for new antibody formats which may be difficult to express resulting in lower product 

concentrations in the fermentation process. The overall time for harvesting, ultrafiltration/diafiltration and 

capture cannot be too long, since proteases can degrade significant amounts of product, especially with 

genetically engineered antibodies (not naturally evolved). (23) 

 

AFFINITY CHROMATOGRAPHY 

Affinity chromatography is currently considered the most powerful capture technology for 

monoclonal antibodies. Namely, chromatography resins with Protein A or variants are widely used since 

protein A has a strong affinity with the CH3 domain of the Fc portion of monoclonal antibodies, with an 

affinity constant KD of 70 nM. Thus, product purities of more than 95% can be achieved in this step (23). 

Besides the removal of most impurities, chromatography also acts here as the first step of virus clearance 

by virus inactivation due to the low pH used in the elution (25). 

A variety of high-affinity binders, such as protein G and others are available for CH1 domains. 

Other binders have affinity for kappa and lambda light chains (Figure 10) namely protein L binds to the 
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variable part of light chains and triazine ligands to the constant portion of light chains. Such ligands may 

be chosen for capturing new antibody formats. Although it is a very effective means of purification, affinity 

chromatography presents a major disadvantage in terms of its cost: even with the decline of the prices of 

affinity resins due to recent patent expiries, affinity chromatography is still the most expensive operation 

unit in downstream processing, making up to 50% of total costs (23). One of the measures adopted to 

reduce costs is to use smaller columns cycled several times, however this aggravates the second most 

relevant drawback of affinity chromatography as it is usually the bottleneck in downstream processing 

since large volumes of supernatant need to be loaded in relatively smaller columns. Another problem 

associated to affinity chromatography is the co-elution of the ligand along with the antibody, typically 

cleaved by proteases present in the cell culture supernatant, resulting in the shortening of the usable 

lifetime of the resin and a bigger burden for the subsequent polishing steps (25). 

 

Figure 10 - Schematic representation of binding sequences for affinity ligands in antibodies (23).  
 

Purification and Polishing 

It is frequent that the antibody’s purity exceeds 95% after affinity chromatography. However, 

considerable effort is still required to remove the residual 5% of unwanted impurities and achieve the 

required virus and DNA safety. Furthermore, high cell densities might result in larger loads of host cell 

proteins, antibodies can form aggregates, nonassociated light chains may decrease purity, and unwanted 

charge variants may lower product yields. Although these variants contribute to product concentration 

during fermentation, they need to be rated as product related impurities. Thus, polishing of the target 

antibody makes use of sequential chromatographic steps to remove any contaminants and process or 

product related impurities. Nevertheless, it should be noted that high purities are frequently obtained at 

the expense of only moderate overall product yields, therefore the cost of goods may significantly 

increase for the benefit acceptable product qualities (23). 

 

HYDROPHOBIC INTERACTION CHROMATOGRAPHY 

Hydrophobic interaction chromatography is used to remove protein aggregates, leached protein A 

and host cell proteins; it is able to cope with over 30 g of antibody per liter of resin, with yields beyond 

85% and high flow rates (300 cm/h for instance for GE sepharose fast flow columns (26)). Product 
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throughput can be maximized by operating the Hydrophobic Interaction Chromatography in negative 

mode, that is, by selectively binding unwanted elements while the antibody appears in the flow-through. A 

major drawback of hydrophobic interaction chromatography is that it requires, to ensure the proper 

binding of the proteins, high concentrations of salt in order to expose, by salting out, the hydrophobic 

regions of proteins that would otherwise be turned to the inner parts. This effect can also cause the 

aggregation of proteins (23).  

 

ION-EXCHANGE CHROMATOGRAPHY 

Ion-exchange chromatography (both cation and anion) presents several advantages for 

downstream processing. First today’s ion-exchange resins have high binding capacities of 150 g of 

antibody per liter of resin or more and they can be used either in positive mode, that is by binding the 

antibody and recovering it the elution, or in negative mode, that is by binding the impurities and 

recovering the antibody in the flow-through. The cost of this type of resin is lower than the one of affinity 

or even hydrophobic resins and the scale-up of column dimensions, while maintaining the resin 

performance, is feasible. Ion-exchange chromatography also allows sanitization by use of strong acid or 

base solutions such as 1 M acetic acid or 1 M NaOH, respectively. One of the downsides of this type of 

chromatography is that samples have to be applied at low conductivities in order to promote binding, 

often requiring a previous ultrafiltration/diafiltration step, and small changes in conductivity and pH can 

affect both performance and yield (23). 

 

Cation-exchange chromatography is used for the depletion of host cell proteins, leached rProtein 

A, aggregates, and fermentation ingredients. Since monoclonal antibodies often have basic isoelectric 

point values of 8–9.5, this chromatography operates in the positive mode at physiological or mild acidic 

buffer conditions (23). A possible problem of this technique is that low pH conditions that allow the binding 

of the antibody to the resin can also cause DNA and endotoxins to bind to the antibodies, forming charge 

complexes, thus preventing their elimination in the flow-through and possibly even occluding positive 

charges in the antibody thus reducing the number of binding sites available (25). 

 

Anion-exchange chromatography is mainly used for the removal of residual host cell DNA which 

is a component of major interest for safety, its acceptance level being of less than 10 ng per dose 

administered to a patient. DNA’s high content in phosphate makes it negatively charged at physiological 

pH and thus well suited to be removed quantitatively by anion-exchange chromatography. This technique 

can also be used for removal of potential virus contamination since viruses also have negative surface 

charges. An alternative to resins, frequently included in current purification process, is the use of 

membranes functionalized with anion-exchange ligands on their surface. These membranes are 

amenable to scale-up to production, they have moderate pricing and are single use making regeneration 

dispensable which translates in savings in labor time. A major drawback of chromatography compared to 
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single use membranes is that it requires repeated cycles in order to ensure safe reuse of the column. The 

binding capacity of anion-exchange membranes is easily sufficient the removal of DNA which is usually 

low (50–500 pgmg−1 protein) after the previous purification steps (23). 

 

Regulatory authorities such as Food and Drug Administration or European Agency for the 

Evaluation of Medicinal Products request the monitoring of DNA depletion at various steps of the 

downstream process. This is accomplished by introducing radiolabeled DNA into protein samples and 

evaluating the depletion factors in a validated scale-down purification model. The binding capacity of the 

main DNA removal step in the downstream purification scheme is determined to ensure that the residual 

cellular DNA content in the final product will be reduced to the established level.  

 

Virus Clearance 

Virus clearance is required by law for product release, within downstream processing it is usually 

achieved in two steps: virus inactivation and virus removal. Virus contamination can occur from a variety 

of sources and extra attention should be paid when using mammalian cell lines, namely rodent cell lines, 

such as CHO or mouse (NS0) cell lines that are routinely used in the production of monoclonal 

antibodies. According to the International Conference on Harmonisation of Technical Requirements for 

Registration of Pharmaceuticals for Human Use processes must be validated to remove or inactivate 4–6 

orders of magnitude more virus than the ones estimated to be present in the starting material.  

Virus inactivation can be achieved by diverse methods such as extreme pH values (pH < 3.9 or 

> 13), heat, UV irradiation, or solvent-detergent inactivation. 

In terms of virus removal itself, it is recommended that a purification scheme harbors at least two 

chromatography steps that can reduce the potential virus load; methods currently used for virus removal 

are nanofiltration and chromatographic separation such as anion exchange.  

The methods used for virus inactivation and removal have to be proven effective with a validated 

scaled-down model of the actual purification process. 

 Characteristic virus solutions (such as murine leukemia virus, parvovirus, retrovirus 3 or 

pseudorabies virus) are spiked to the samples and analyzed before and after each process step. 

 

Final UF/DF for Drug Substance Manufacturing 

In the end of the downstream processing it is necessary to leave the product in a predefined 

formulation buffer which is usually performed with a final Ultrafiltration/Diafiltration. Membranes such as 

polyethersulfone or regenerated cellulose that have low protein binding are used and additives like sugars 

or surfactants are often added to make the final bulk substance (23).  
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Alternative Trends in Downstream Processing  

Most of the previously described techniques have been improved throughout the years coming 

close to their theoretical optimal capacities but there are several exciting alternatives that have not yet 

been developed to a level applicable in production scale.  

 

Firstly in terms of resins and ligands, certain protein tags such as His, Strep, Intein, or GST-tags, 

can be fused with the antibodies permitting its purification by affinity binding of the tags (23). For instance 

the His tag can be purified by immobilized metal affinity chromatography. The mentioned tags are well 

characterized and widespread in molecular biology in research and diagnostic applications, His tags 

particularly have been accepted by authorities for molecules with high potency and short half-life, thus 

presenting a low risk of instigating the production of anti-drug antibodies (27). Nevertheless there are still 

concerns relative to their immunogenicity which have to be addressed during preclinical and clinical 

development. For applications in which only small amounts of product are required size-exclusion 

chromatography can also be an attractive alternative. 

Another type of resin that has been gaining popularity combines the properties of ion-exchange 

and hydrophobic interaction into a mixed-mode resin. A well-known example for chromatographic 

applications is ceramic hydroxyapatite, the calcium ions on its surface interact with carboxyl clusters or 

phosphoryl groups and its phosphate groups bind with amines or other positively charged groups in target 

molecules in a cation exchange type of mechanism. Due to the complexity of the ligand’s mode of action 

mixed modes resins need to be thoroughly screened for the most appropriate conditions. 

 

It is possible to artificially imprint polymers to create receptor-like nanoparticles. Template 

molecules are imprinted into a polymer matrix and then washed; the molecular imprinted polymers 

obtained this way show favored affinity to the template molecule when compared to other molecules. 

However this technique is harder to apply to large macromolecules like monoclonal antibodies due to 

their inherent flexibility and molecular moments.  

 

Monolith resins have the potential to increase the productivity of chromatographic operations by 

overcoming the diffusion limitations of traditional bead resins resulting in operation time reduction. 

However monoliths are still too costly and have not been scaled up to achieve the production scale. 

Simulated moving-beds or countercurrent chromatography are also valid candidates to increase 

productivity by lowering the cost of goods in terms of resin demand and buffer consumption. The main 

disadvantage of these techniques is the requirement for several valves and pumps bearing a higher risk 

of malfunction and contamination.  Moreover radial-flow chromatography was designed to obtain fast flow 

rates with lower pressure drops 
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Finally, aqueous two-phase systems or selective affinity precipitation are commonly used in the 

purification of small chemical entities. As it will be further discussed aqueous two phase systems are 

characterized by their versatility, easy scale-up parameters, process integration capability, and relatively 

low cost making them ideal candidates for the large scale purification of biomolecules.  And although they 

are considered a primary recovery stage due to their habitual low selectivity, as it will be furtherly 

discussed, aqueous two phase systems can be coupled with affinity ligands resulting in significant 

increases in recovery of biological products (23). 

 

 

1.6.2 Aqueous Two Phase Systems  
 

As it was previously mentioned there is an increasing pressure to discover new economical and 

effective techniques for the purification of monoclonal antibodies. Aqueous-two phase systems have been 

contemplated as a possible solution since they could allow the clarification, concentration and  primary 

purification steps to be achieved in just one cost and time effective operation (28). 

Aqueous two phase systems are made by mutual incompatibility of different solutes in aqueous 

solution, namely polymers and/or salts. The two phases are formed spontaneously when the 

concentrations of usually two of these components go beyond the critical composition resulting in two 

phases, each one enriched mainly with one of the components (28).  

Phase separation in solutions containing polymer mixtures is very common as most hydrophilic 

polymer pairs are incompatible in aqueous solutions. This separation is attributed to the high molecular 

weight of the polymers combined with the interaction between their chains, according to the theories on 

thermodynamic properties of polymers in solution the driving force for the demixing process is the 

enthalpy associated with the interactions of the components which is opposed by the loss in entropy 

associated with the segregation of the components during phase separation. Water is able to engage in a 

number of noncovalent interactions with the polymer therefore polymer’s chains mixed with water can 

either be individually surrounded by water, in a diluted matter, or concentrated when the chains gather, 

forming a tangled web that is surrounded by water, the second form promoting two phase formation.  

Since the interactions increase with the size of the molecules, the higher the molecular weight of 

the polymer, the lower the concentration required for the formation of tangled polymer configuration and 

therefore the lower the concentration of polymers required for phase formation (29) (30).  

As previously mentioned the partitioning of these solutions is also influenced by the presence of salts, 

depending on both their type and concentration. At a high enough concentration of salt, single 

polymer/salt aqueous two phase systems can be formed. 

Although the mechanisms through which salts influence the phase separation of aqueous polymer 

solutions are still poorly understood, the effectivity of different salts in inducing phase separation follows 

the Hofmeister series, which is a classification of ions based on their salting-out ability. It states for 
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instance that the anion is more relevant than the cation when determining the effectiveness of a particular 

salt and the multivalent anions like HPO4 and SO4 are most effective in promoting phase separation with 

polyethylene glycol (PEG). (29) 

The composition of aqueous two phase systems is frequently illustrated by a phase diagram, a 

great number of them having been determined and presented in the literature (28). 

 

The partition coefficient (1) is often used to characterize the aqueous two phase separation; it is 

given by the ratio of the top and bottom phase’s concentrations in a given solute (29).  

𝐾𝑝 =
𝐶𝑇

𝐶𝐵

     (1) 

There are several factors that can influence the partition coefficient; therefore they can be 

manipulated to improve the selective partitioning of the substance of interest. The contributions of each 

one of these factors are expressed in terms of the individual partition coefficients that can be summed up 

in logarithmic terms and related to the overall partition coefficient according to Albertsson as follows: 

  

𝐿𝑛𝐾 = 𝐿𝑛𝐾0 + 𝐿𝑛𝐾𝑒𝑙𝑒𝑐 + 𝐿𝑛𝐾ℎ𝑦𝑑𝑟𝑜 + 𝐿𝑛𝐾𝑏𝑖𝑜𝑠𝑝 + 𝐿𝑛𝐾𝑠𝑖𝑧𝑒 + 𝐿𝑛𝐾𝑐𝑜𝑛𝑓      (2) 

 

In this equation 𝐾𝑒𝑙𝑒𝑐 is related to the influence from electrostatic effects namely it reflects the fact 

that the electric potential between the phases hence the pH, ion distribution and also the charge of the 

polymer(s) involved, will separate the proteins according to their net charge; 𝐾ℎ𝑦𝑑𝑟𝑜  is the term for 

hydrophobicity meaning that the proteins will have tendency move to one phase or the other in function of 

their hydrophobicity; 𝐾𝑏𝑖𝑜𝑠𝑝 is the biospecific affinity, that is, the affinity interactions between the protein 

and a possible ligand incorporated in the system; 𝐾𝑠𝑖𝑧𝑒  is linked to the protein and polymer’s size or 

surface area; 𝐾𝑐𝑜𝑛𝑓 represents the conformational effects and 𝐾0 stands for other factors (29). 

Therefore, by exploiting these factors one can optimize the selective partitioning of the protein of 

interest, for instance by choosing a certain polymer (with attention to its molecular weight and size), by 

adjusting the system’s polymer, salt or ionic liquid concentrations, by adding a third element as a salt like 

NaCl that can increase the hydrophobicity based separation, by changing its pH, temperature or ionic 

strength (31). 

 

As there is still a great uncharted territory when it comes to aqueous two phase systems, the 

development of new aqueous two phase extraction (ATPE) processes for the purification of biomolecules 

can be quite a challenge but it is possible to follow a structured approach, as the one presented by 

Benavides and Rito-Palomares, to facilitate the development process. The strategy comprises four steps 

as illustrated in the figure below (32): 
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Figure 11 - Simplified representation of the proposed strategy for the predictive development of recovery 

processes using ATPS polymer–salt. [30] 
 

The first step is the initial physicochemical characterization of the feedstock, being thus necessary to 

determine the relevant properties of the targeted protein and the main impurities present. Such properties 

are the ones previously mentioned as being more influent in terms of molecule partitioning namely 

molecular weight, isoelectric point and hydrophobicity. The ATPS will be chosen accordingly to these 

properties in a way that the targeted protein will have the tendency to migrate to the phase that will attract 

fewer impurities. Therefore the determination of these information is crucial and if they are not available in 

the literature, they should be determined by analytical methods (such as SDS-PAGE, and isoelectric 

focusing electrophoresis, high performance liquid chromatography…). 

Once these properties have been established it is possible to proceed to the second step: the 

selection of the system. The major types of ATPS commonly chosen are polymer/polymer, polymer/salt or 

other. The first option has as major drawback, which is the higher cost of some polymers (like dextran or 

ethylene oxide–propylene oxide copolymers) therefore the use of these type of systems is only advisable 

when the product of interest is expensive and can therefore compensate the price of the polymers. 

Nevertheless, more accessible alternatives like tree gum and starch have been explored in an attempt to 

reduce process related costs (32). The second option is a great alternative for industrial scale production 
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since the phase forming chemicals are much cheaper, there is a wide characterization of the polymer/salt 

systems and they are quite stable. Several types of salts can be used, for instance phosphate (that when 

combined with PEG has been commonly used for the separation of biological products), sulfates and 

citrates. The percentages of each phase forming component and water can then be determined from the 

phase diagrams (either present in the literature or determined by cloud point.) 

After the system itself has been selected it is time to choose the system parameters, the first 

variant being the pH, usually chosen as slightly higher than the isoelectric point to generate 

electrochemical affinity for one of the phases but not too high to avoid interfering with the salts solubility in 

case of polymer/salt systems and so that impurities will not gain electrochemical affinity for the recovering 

phase.  

The following parameters to assess are the polymer molecular weight and the tie-line length at 

constant pH and volume ratio. If the chosen combination of these two parameters experimentally results 

in the desired product recovery it is time to analyze the influence of process parameters upon recovery, if 

not the volume ratio can be altered and other elements such as salts or affinity ligands can be added to 

the system. Finally several process parameters can affect the partitioning and their influence should be 

duly evaluated, they include sample load, addition of neutral salts, chemicals, use of consecutive ATPS 

stages etc… (32) 

 

1.6.2.1  Affinity Aqueous Two Phase Extraction 

 

One of the main drawbacks of affinity aqueous two phase extraction (ATPE) is its lack of 

selectivity. Although, as it was previously mentioned, the manipulation of the system parameters may 

favor the selective partitioning of the compound of interest towards a particular phase, specificity usually 

is not high enough to achieve complete separation between product and impurities, thus restricting the 

ATPE mainly to a primary recovery stage. However, this extraction can be improved by the use of affinity 

ligands resulting in significant increases in recovery yields and purification folds of biological products.  

 

Aqueous two phase affinity partitioning can be achieved either by chemically modifying a phase 

forming component of the system, by attaching to it an affinity ligand with specificity for the molecule of 

interest, or by the addition of free ligands in solution in order to induce a partition shift of the desired 

target molecule without the chemical modification of the phase forming component. In both cases, the 

ligand will assure the binding between the protein of interest and one of the phases of the system.  

This technology has several qualities that make it most attractive for the development of novel 

downstream processes such as fast equilibrium and the fact that the presence of the ligand will result in a 

high concentration of bound target biomolecule in one of the systems phases. Since aqueous two phase 

affinity partitioning combines the bioselectivity of an affinity technique with the robust conditions of 
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traditional liquid–liquid extraction systems, it is well suited for the specific recovery and purification of 

diverse biological molecules such as monoclonal antibodies. 

Just like the traditional ATPS, several parameters have to be analyzed and controlled to assure 

the optimization of the process, namely the optimum pH level for product partitioning, ionic strength of the 

system, affinity ligand concentration and nature and concentration of phase forming components. The 

affinity interactions are highly dependent of the ionic state of the active groups that varies with the pH and 

the ionic strength of the system, related to salt concentration. Appropriate ligand concentrations should 

also be studied since their increase can improve product recovery and purification yields but it can also 

cause shielding effects of ligands towards target molecules and precipitation. High modified polymer 

concentration can generate steric hindrance problems between target molecules and active receptor sites 

(33).  

 

A promising affinity ligands for PEG-based systems is LYTAG that is an improved version of the 

C-LytA, the C-terminal module of LytA amidase, a hydrolase from Streptococcus Pneumoniae that 

catalyzes the cleavage of the N-acetylmuramoyl-L-alanine bond of the peptidoglycan backbone (34). It is 

composed of six tandem choline-binding repeats (from the choline binding domain of LytA that anchors 

the enzyme to the cell wall through choline), containing approximately 20 amino acids each and 

configured in a way to make six choline-binding sites, each binding site being formed with two aromatic 

residues from one hairpin and a third from the next and an additional side chain. The tertiary structure of 

the protein is maintained and stabilized with hydrophobic and cation-π interactions (35) (36).  

 

Figure 12 - Representation of Lytag structure (37). 

 
This affinity for choline proved to be an advantageous property that could be exploited in affinity 

aqueous two phase partitioning as described by Maestro et al., hybrid proteins fused with C-LytA can be 

purified by aqueous two phase partitioning in two steps: first the choline binding sites present high affinity 

for PEG which can be used in a first separation step in PEG/salt systems in which the protein will be 

selectively attracted to the PEG rich phase while the impurities remain in the salt rich phase; then the 

PEG rich phase is removed and eluted with a choline rich phase that will recover the protein of interest 

from the PEG phase thus resulting in a further purification (38). 

 

Biomedal provides a variant of LYTAG, the LYTAG-1Z that is particularly suited for monoclonal 

antibody purification; it is a C-LytA improved mutant hybrid with the Z domain of protein A from 
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Staphylococcus aureus. Protein A, currently used in affinity chromatography for the recovery of 

monoclonal antibodies, is a cell wall protein of Staphylococcus aureus. It is composed of a cell 

wall/membrane associated region, in its C-terminus, that assures the anchoring to the cell, and a linear 

series of 5 homologous Immunoglobulin G binding domains. Each of the five antibody binding domains is 

organized in an antiparallel three α-helical bundle, their three dimensional structure being stabilized by a 

hydrophobic core, they have approximately 58 amino acids each making a total molecular weight of 42 

kDa (39), (40) .  

LYTAG-1Z could then be used in a similar matter to the C-LytA but specifically purify antibodies 

by binding to them through the Z domain and then selectively take them to the PEG rich phase or choline 

rich phase. Special attention should be given to the pH since alkaline pH promotes the binding of the 

antibody to the protein A (since the histidyl residues of both IgG and protein A that assure the binding are 

uncharged) and at low pH the proteins become mutually repellent (because the histidyl residues become 

charged) (40). The LYTAG separation process combines the traditional ATPS advantages of being 

economically accessible, time efficient, scalable and versatile with a more selective type of separation 

(41), (38). 

 

1.6.3 The advantages of hydrophobic Interaction chromatography as a 
polishing step 

 

Hydrophobic interaction chromatography (HIC) is an important preparative technique for the 

purification of biological compounds, it takes advantage of the hydrophobicity of proteins promoting their 

separation on the basis of hydrophobic interactions between immobilized hydrophobic ligands and non-

polar regions on the surface of proteins. Therefore, the adsorption requires a high salt concentration in 

the mobile phase in order to achieve the salting out of the proteins thus assuring their binding to the 

column, and the elution is achieved by decreasing the salt concentration of the eluent. 

Thus, HIC can be successfully used after a polymer/salt ATPS to furtherly purify the non-polymer 

phase taking advantage of the elevated salt concentrations for the adsorption. It was quite developed 

during the last years and it is now a powerful bioseparation tool for the purification of proteins (for 

instance monoclonal antibodies, human growth hormone, toxin conjugates, antihemolytic factor, human 

lymphotoxin…), either in laboratory or in industrial scale (42). 

  

In HIC’s way of operation the salt in the adsorption buffer reduces the solvation of sample solutes 

and exposes the hydrophobic regions along the surface of the protein molecule. This facilitates the 

adsorption of these hydrophobic regions to the hydrophobic areas on the solid support. The more 

hydrophobic the molecule, the less salt needed to promote the binding. Then a decrease in the salt 

gradient is used to elute samples form the column. As the ionic strength decreases, the exposure of the 

hydrophobic regions of the molecules decreases and molecules elute from the column in order of 
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increasing hydrophobicity. Sample elution may also be achieved by the addition of mild organic modifiers 

or detergents to the elution buffer (10).  

 

There are three major theories to explain the mechanism behind HIC: the salting out theory, the 

thermodynamic theory and the surface tension or Van der Waals forces theory (42).  According to the 

salting out theory, the hydrophobic amino acids form protected inner hydrophobic areas, by folding of the 

protein when in aqueous solution, while the hydrophilic amino acids allow proteins to bind with the 

hydrogen molecules in the water. As a result, the probability that the protein will dissolve in water will 

increase if enough hydrophilic areas are present in the surface of the protein molecules. However, when 

anti-chaotrophic salts (such as ammonium sulfate and sodium sulfate) are added to the solution, some of 

the water molecules will interact with the salt ions instead of the charged part of the protein. When the 

protein-protein interactions in the solution become stronger than the solvent-solute interactions, the 

protein molecules react freely with one another - allowing them to aggregate. Hence, the addition of salt 

in the solution reduces the solubility of different proteins to varying extents allowing them to bind to the 

hydrophobic molecules of the column. 

The thermodynamic theory states that the interaction between hydrophobic molecules is an 

entropy-driven process, based on the second law of Thermodynamics (the state of entropy of the entire 

universe, as an isolated system, will always increase over time). It theorizes that the hydrophobic 

interaction between two or more non-polar molecules in a polar solvent solution is a spontaneous process 

governed by a change in entropy. However, such interactions can be altered by controlling the 

temperature or by modifying the solvent polarity.  

Namely the introduction of a non-polar molecule in a polar solvent like water causes the 

surrounding solvent molecules to rearrange around the hydrophobic molecule in an orderly matter thus 

representing a decrease in entropy so the dissolution of a non-polar molecule in a polar solvent is not 

thermodynamically favorable and therefore does not occur spontaneously. However if two or more non-

polar molecules are added they can aggregate to hide the hydrophobic parts from the polar surrounding 

causing some of the  highly structured solvent molecules that surrounded them to be displaced towards 

the bulk of the solvent consisting of less structured molecules, as a consequence entropy increases thus 

hydrophobic interaction becomes a thermodynamically favorable process. 

Finally, the surface tension/ van der Waals theory states that the hydrophobic interactions 

between proteins and immobilized ligands are due to van der Walls forces that increase in the presence 

of salts. This accounts to one of the main advantages of HIC as this type of binding is gentler than for 

instance the one of affinity or ion exchange chromatography, thus the structural damage to the 

biomolecules is minimum and their biological activity is maintained which is most convenient for the 

purification of sensitive proteins such as monoclonal antibodies (42). 
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There are two main modes of operation in HIC: i) bind and elute and ii) flowthrough. For what 

concerns the bind and elute mode it is particularly interesting when performing the purification of 

monoclonal antibodies as it allows the retention of the antibody product on a chromatographic support 

while other components (process related and product related impurities) are washed from the support and 

discarded. The retained antibody product can then be eluted by disrupting the antibody/HIC media 

interaction (43) (10). 

As it was performed by Azevedo et al., a HIC step, with a penyl-sepharose column, after PEG 

3350/citrate ATPS permitted the raise of the IgG purity from 72% to 91% with a 99% recovery yield. In 

this example, the elevated concentrations of salt present in the bottom phase allowed the citrate rich 

phase to be loaded into the column without any type of conditioning and, using a citrate mobile phase at 

neutral pH, almost all IgG loaded was retained in the column (95%) (44). 

It is also possible to operate HIC in flow through mode which provides several potential 

advantages over bind and elute operations. First, the throughput of HIC can be significantly higher, since 

HIC is typically used as polishing step, the amount of impurities such as host cell protein and aggregates 

typically represent no more than a small percentage of the product. HIC in flow through mode also 

requires lower salt concentration reducing the risk of difficulties related to process continuity (45) (10). 

 

A large number of factors are known to affect HIC performance and need to be evaluated during 

the step development for HIC. From the stationary phase point of view, resin matrix, hydrophobic ligand 

type and density, resin pore size and resin particle size are among the factors that need to be evaluated. 

From the mobile phase aspect, feed and protein of interest concentration, amount of loading, type and 

concentration of the salting out salt, pH and operation temperature need to be considered (45). 

In terms of chromatographic resins/ligands HIC columns are composed of a base matrix to which 

hydrophobic ligands are coupled. The most widely used chromatographic supports for HIC are agarose, 

silica and organic polymer or co-polymer resins. Hydrophobic ligands are usually linear chain alkanes 

with or without a terminal amino group such as propyl, butyl or octyl. Phenyl (and other aromatic groups) 

is also used as a ligand with good results due to mixed hydrophobic and aromatic (π–π) interactions. 

The hydrophobicity and strength of interaction increase with the increase in n-alkyl chain length 

(3) but the adsorption selectivity may decrease. 

𝐻𝑦𝑑𝑟𝑜𝑝ℎ𝑜𝑏𝑖𝑐𝑖𝑡𝑦: 𝑀𝑒𝑡ℎ𝑦𝑙 < 𝐸𝑡ℎ𝑦𝑙 < 𝐵𝑢𝑡𝑦𝑙 < 𝑃𝑒𝑛𝑡𝑦𝑙 <  𝐻𝑒𝑥𝑦𝑙 < 𝐻𝑒𝑝𝑡𝑦𝑙 < 𝑂𝑐𝑡𝑦𝑙 < 𝑃ℎ𝑒𝑛𝑦𝑙     (3) 

 

For what concerns the mobile phase, besides the effect of the salt concentration, the influence of 

the type of salt should also be considered. The effect of salt composition on the protein retention follows 

the order of the salts in the Hofmeister series: salts such as sodium, potassium or ammonium sulfates are 

the most effective to promote ligand-protein interactions, due to the higher ‘salting out’ or molal surface 

tension increment effects; other salts like magnesium sulphate and magnesium chloride do not enhance 
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the protein retention. A change of the salt type in the eluent results in significant alterations not only in 

overall retention of the proteins, as well as in the selectivity of the separations (42).  

A second important fact to consider is the pH of the mobile phase. Usually, an increase in the pH 

value (up to 9–10) decreases the hydrophobic interaction between proteins and the hydrophobic ligands, 

due to the increased hydrophilicity promoted by the change in the charge of the protein. On the other 

hand, a decrease in pH results in an apparent increase in hydrophobic interactions furthermore it was 

observed that the retention of proteins changed more drastically at pH values above 8.5 and, or below 5. 

Since each protein can exhibit a different pH related behavior, this parameter should be used for HIC 

optimization.  

Temperature is also known to affect HIC binding capacity and increased temperature generally 

leads to higher binding capacity due to the entropy driven characteristics of the hydrophobic interactions 

However, an opposite behavior can occur due to temperature effect on the conformational state of 

different proteins and on their solubility in aqueous solutions. The control of temperature can be used to 

achieve weaker interaction and thus promote elution and separation of proteins under mild conditions 

without denaturation (42). 

Furthermore certain additives can be used either to improve protein solubility or modify protein 

conformation or even to promote the elution of the bound proteins. The most currently used are water-

miscible alcohols (such as ethanol and ethyleneglycol), detergents (for instance Triton X-100) and 

aqueous solutions of chaotropic salts. The non-polar parts of alcohols and detergents compete with the 

proteins for the binding to the ligands in the resin, thus promoting their elution. Arginine and PEG been 

can also be used as milder displacers in a similar matter but resulting in less denaturing risk proteins. (46) 

As for chaotropic salts (“salting in” salts), they promote the desorption of the proteins through the 

weakening of hydrophobic interactions by affecting the ordered structure of water or of the bound 

proteins. Due to the risk of denaturation of proteins, additives are mostly used if strongly hydrophobic 

proteins are bound to the stationary phase and need to be removed, especially in the wash step (42), 

(45).  

  

It is evident that with the increased pressure on lowering the cost of production of monoclonal 

antibodies many alterations to the platform process need to be made. ATPS represents a very attractive 

alternative due to its low cost, versatility and scalability, the main disadvantages being its reported lack of 

selectivity that could be overcome with affinity partitioning or the introduction of a second purification step 

as HIC. HIC that can take advantage of the elevated salt concentrations from ATPS and be optimized to 

achieve a selective antibody separation presenting a more economical alternative to protein A 

chromatography.  
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1.7 Aim of studies  
 

The existing production capacity of today’s industry for monoclonal antibodies comes short when 

faced with the ever growing demand for therapeutic monoclonal antibodies. Although cell culture 

productivity was dramatically improved, meeting the desired production, the downstream processing was 

unable to accompany this evolution accounting for high costs and product losses and becoming the 

industry’s new bottleneck for monoclonal antibody production. In particular, the most limiting step is the 

affinity chromatography (usually with protein A resins) often accounting for about 50% of the total 

downstream costs due to the high price of the resins, which also leads to the use of smaller columns 

cycled several times, aggravating the second drawback of affinity chromatography as it is usually the 

bottleneck in downstream processing since large volumes of supernatant need to be loaded in relatively 

smaller columns. The traditional purification platform having been improved to its theoretical optimum, 

there is an urge to develop alternative purification techniques, especially to the affinity chromatography 

step.  

The main objective of this thesis is to design an alternative purification process that could address 

these problems assuring the purification of monoclonal antibodies from their complex culture medium, 

guaranteeing the selective extraction of antibodies in a cost effective and scalable for high capacity 

matter, envisaging process integration and intensification. The technologies chosen to attain these goals 

were aqueous two phase systems (ATPS) and hydrophobic interaction chromatography (HIC). The 

choice of ATPS is based on the fact that it has the potential to overcome several of the mentioned 

drawbacks by being a fast, reliable, biocompatible, high capacity and low cost technique that can be used 

in continuous operation mode. ATPS also allows process integration and can be used for the clarification 

and capture of the monoclonal antibodies directly from the culture medium. Nevertheless, its appointed 

lack of selectivity makes it usually impossible to use as a single step purification technology. Therefore, to 

attain higher purities, two alternatives were analyzed; the addition of an affinity ligand, LYTAG, hoping 

that it could improve the partitioning, and the introduction of a HIC step which could achieve further 

purification, taking advantage of the elevated salt concentrations in ATPS, and still representing a much 

less costly and scalable alternative to protein A chromatography.  

In the pursue of the set objective several systems were screened for their applicability in affinity 

ATPS, the most promising ones being successively tested, evaluating optimal conditions for extraction as 

well as the partitioning of antibodies and impurities and the tendency to form precipitations, to verify if 

they could perform a one-step purification with LYTAG. The most suited system for combination with HIC 

was optimized in terms of its salt concentration and used to test five types of resins (HiTrap Phenyl FF 

and HP, Butyl FF and HP and Octyl FF) evaluating their purification and recovery abilities. 
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2 Materials and methods  
 

2.1 Chemicals  
 

In this work several types of PEG were used, the ones with molecular weight of 400, 600, 3350 

Da were provided by Sigma-Aldrich (St. Louis, MO, USA), the ones with 800, 1000, 1500, 2000 and 6000 

Da molecular weight were purchased from Fulka (Buchs, Switzerland). Choline chloride was first obtained 

from Alfa Aesar and then Acros Organics (New Jersey, USA), Choline dihydrogencitrate was bought from 

Sigma-Aldrich. Phenol red was provided by Labbox (Barcelona Spain). 

Dipotassium hydrogen phosphate (K2HPO4), potassium dihydrogen phosphate (KH2PO4), sodium 

di-hydrogen phosphate anhydrous (NaH2PO4), di-sodium hydrogen phosphate anhydrous (Na2HPO4) and 

ammonium sulfate came from Panreac (Darmstadt Germany).  

Sodium chloride (NaCl) and hydrochloric acid (HCl) at 37% were bought to Fluka, acetic acid 

(CH3COOH) 100% was purchased from Fisher Scientific (Hampton, New Hampshire, USA) and sodium 

acetate (CH3COONa) came from Merck (Darmstadt, Germany). 

DL-dithiothreitol 1M solution in water, ammonium persulfate and N,N,N',N'tetramethylethylenediamine 

were purchased from Sigma.   

Acrylamide/bisacrylamide, Coomassie blue (for electrophoresis) and the silver staining kit came 

from Bio-Rad (Hercules, CA, USA). Bovine serum albumin (BSA) standards (2 mg/mL) and Coomassie 

Plus (Bradford) Protein Assay were purchased from Thermo Scientific Pierce (Rockford, IL, USA). 

Milli-Q water was obtained from a Milli-Q purification system (Millipore, Bedford, MA, USA). All 

other chemicals were from analytical grade and none of them has undergone any further purification.   

 

2.2  Biologicals 
 

2.2.1 GFP-Lytag 
 

The GFP-LYTAG used in the partitioning experiments was produced by E. coli REG-1 strain 

transformed with the plasmid pALEX2Ca-GFP supplied by Biomedal (Spain) (see GFP-LYTAG 

production). It has a molecular weight of 42.21 kDa and a major excitation peak at 475 nm.  

 

 

2.2.2 LYTAG-1Z 
 

LYTAG-1Z is a LYTAG hybrid with the Z domain of protein A that has a molecular weight of 

28.39 kDa and was provided by Biomedal with a purity of 90% and a concentration of 3.6 mg/mL. It is 
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produced using the CASCADETM technology (that uses salicylate-responsive transcriptional activator 

proteins, NahR and XylS, to increase the expression) in E. coli REG-12 transformed with the plasmid 

pALEX2-protein and purified using Biomedal’s “LYTAG Two-Phase Purification System”.  

 

2.2.3 Monoclonal antibodies 
 

The antibodies used for the spiking of serum and supernatant were Gammanorm antibodies from 

Octapharma. Gammanorm corresponds to Human normal immunoglobulin with a concentration of 

165 mg/mL. It contains mainly immunoglobulin G (59% IgG1, 36% IgG2, 4,9% IgG3, 0,5% IgG4, and at 

maximum 82.5 microgram/ml of IgA) with a broad spectrum of antibodies against infectious agents closely 

proportional to that in native human plasma.  

 

2.2.4 Fetal bovine serum  
 

The fetal bovine serum used in the partitioning experiments was a low IgG variant provided by 

Gibco Life Technologies (USA). It has IgG levels lower than 5 µg/ml, the Bovine viral diarrhea titer is low 

or not detectable, the endotoxin level was inferior to 50 EU/ml and the hemoglobin level inferior to 25 

mg/dl. For the purification experiments, a medium mimicking the cell culture medium used for antibody 

production was prepared by diluting the serum 5 times in milli-Q water and spiking it with 1g/L of 

Gammanorm antibodies.  

2.2.5 CHO cell supernatant 
 

IcoSagen SA (Estonia) provided the CHO cell supernatant containing a humanized IgG1 

monoclonal antibody hose variable regions correspond to the mouse anti-hepatitis C virus subtype 1b 

NS5B monoclonal antibody 9A2. The antibody’s concentration is approximately 0,3 g/L and besides the 

normal cell by-products, the growth medium is composed of a mixture between two serum-free media: CD 

CHO and 293 SFM II from Gibco (Carlsbard Canada). CD CHO is protein free medium optimized for CHO 

culture with no undefined components or components from animal origin. It has no hypoxanthine and 

thymidine so that it can be used for systems amplified with dihydrofolate reductase, it also does not 

contain phenol red to avoid its estrogen-like effects on the CHO cells. As for 293 SFM II, it is a serum 

free, low protein (<10 μg/mL) medium optimized for high density suspension culture of human embryonic 

kidney (293) cells permitting the expression  or recombinant proteins al levels comparable to the ones of 

cells grown in serum supplied medium. Both media lack L-glutamine to increase their stability and 

therefore need to be supplied either with L-glutamine or GlutaMAX™ before use. Since the antibody 

concentration was sometimes low in the provided supernatant, it was spiked before use with 1g/L of 

Gammanorm for higher consistency of the results.  

 



 

37 
 

2.3 Preparative methods  
 

2.3.1 GFP-LYTAG production 
 

The recombinant E. coli used for the production of GFP-Lytag were grown in Petri plates with LB 

agar and 100 mg/l of ampicillin overnight, then prefermented in 30 ml of LB broth (Sigma, USA) with 

ampicillin (100 mg/l) overnight, and finally the fermentation was achieved in 250 ml of LB broth at 37ºC 

with 100 mg/l of ampicillin, the gene expression was induced by the addition of 1 ml of sodium salicylate 

once the culture medium reached an optical density of 0.7-1, at 600 nm. The cells were harvested by 

centrifugation at 4000 g, 4ºC and for 15 min. The pellet was then suspended in a lysis buffer (50 ml of 

dipotassium hydrogen phosphate 20 mM) and submitted to a sonication in ice bath for 5 min (10 s pulse 

with 5 s interval) in order to recover the intracellular GFP-Lytag. A final centrifugation was performed at 

8000 g, 4ºC for 10 min in order to recover the clarified homogenate.  

 

2.3.2 GFP-LYTAG quantification  
 

The GFP-LYTAG quantification was achieved by fluorometry with a Cary Eclipse Fluorescence 

Spectrophotometer at an excitation wavelength of 475 nm and an emission wavelength of 515 nm. A 

calibration curve relating standard GFP (Vector Laboratories, USA) concentration with the fluorescence 

was made in order to determine the concentrations in the top and bottom phases. 

 

2.3.3 Aqueous two phase systems 
 

All the aqueous two phase systems performed in this thesis were prepared by measuring the 

weight of either polymer or salt stock solutions in milli-Q water or dry polymer and salt diluted in milli-Q 

water in graduated 10 ml test tubes. The Metter ToledoXS105 analytical balance was used to weigh the 

system’s components and stock solutions of 70% PEG 1000, 2000, 1500; 60% PEG 3350, 55% PEG 

6000 and 40% ammonium sulfate were prepared by dissolving the appropriate powder weights into milli-

Q. The volumes of the phases were read on the tube’s graduation.  

2.3.3.1 PEG-Choline 

Several PEG-Choline systems were tested namely systems with choline chloride and PEG 400, 

PEG 600, PEG 1000, PEG 1500, PEG 3350, PEG 6000 and PEG 8000 with a final weight of 3 g. Several 

system combinations with concentrations of PEG and choline ranging from 50 to 20% were prepared by 

weighting the appropriate amounts of PEG, choline powder and milli-Q water in 10 ml test tubes.  
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2.3.3.2 Phosphate-Choline  

Phosphate-Choline systems with a total weight of 3 g were prepared by weighting the appropriate 

amounts of dipotassium hydrogen phosphate (30% w/w) and choline chloride (25% w/w) powder who 

were then dissolved in mili-Q water. These systems were tested with GFP and GFP-LYTAG to assess 

their applicability for antibody affinity ATPS purification using LYTAG, with a loading of 20% (w/w). 

 

2.3.3.3 PEG-Phosphate-Choline 

Several PEG-Phosphate-Choline combinations were tested starting with 24% of PEG 3350, 7% 

phosphate and 5.5% of choline chloride at pH 6, 7 and 8. A repetition of this system was also made at pH 

7 but with a decrease in phosphate buffer to 2%, and third system as formed with PEG 2000 instead of 

PEG 3350. The systems were prepared by weighting the appropriate amounts of each component, 

adding the 20% GFP or GFP-LYTAG load and reaching the final weight of 3 g by adding milli-Q water.  

 

2.3.3.4 PEG-Ammonium sulfate  

 PEG-Ammonium sulfate systems were tested first with GFP/GFP-LYTAG, then with the 

monoclonal antibodies, serum and spiked serum or supernatant. The systems used for ATPS affinity 

partitioning had a total weight of 3 g and used loads of 20% and combinations of ammonium sulfate with 

PEG 600, 1000, 3350 and 6000 in concentrations ranging from 10 to 15% (w/w). For each system, except 

the one with PEG 600, experiments were also conducted with 15% of NaCl and at pH7. To test the 

effectivity of LYTAG in the partitioning of antibodies, it was added to the one of the replicates of the PEG 

3350 and 6000 (5% w/w and then 30 µL, 60 µL and 90 µL to assess if a reduction of precipitation was 

possible).The systems applied to the HIC had 10 g of total volume, and were composed of 10% PEG 

6000, and 10%, 12%, 15% or 20% of ammonium sulfate, the loads of 20% were either spiked serum or 

supernatant.  

 

2.3.4 Aqueous two phase extraction  
 

The aqueous two phase systems were prepared in 10 ml graduated test tubes, the phase 

components were mixed with a vortex agitator (Ika, Staufen, Germany) and centrifuged for 3 min at 3800 

rpm (fixed angle rotor centrifuge from Eppendorf, Hamburg, Germany) to separate the phases. The phase 

volumes were then measured and the top phases were extracted with micropipettes and the bottom 

phases with 5 ml syringes for further analysis or application into the HIC columns. Blanks for the 

deduction of the measurements associated to buffer, salt or polymer were prepared with the same 

concentrations of polymer and salt but with water instead of the loaded protein.  
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2.3.5 Hydrophobic interaction chromatography  
 

Five different chromatographic columns were used: HiTrap Octyl FF, Butyl FF, Phenyl FF, Butyl 

HP and Phenyl HP (GE Healthcare Biosciences, Uppsala, Sweden). These columns are prepacked with 

Sepharose media (Fast Flow for the FF and High Performance for the HP), they have 1 ml of bed volume 

and bed dimensions of 0.7 cm × 2.5 cm. The Fast Flow (FF) and High Performance (HP) columns differ in 

the particle size (45-165 µm for the FF and 24-44 µm for the HP) and on the amount of ligand bound to 

the matrix which is approximately 40 µmol butyl/ml gel in 4% cross-linked agarose for HiTrap Butyl FF, 50 

µmol butyl/ml gel for HiTrap Butyl HP, 5 µmol octyl/ml medium HiTrap Octyl FF, 25 µmol phenyl/ ml gel 

this time with 6% cross-linked agarose for HiTrap Phenyl FF and 25 µmol phenyl/ml gel for HiTrap Phenyl 

HP. 

All the chromatographic separations were performed on an Äkta Purifier system from GE 

Healthcare. All runs were performed at a flow rate of 1 ml/ml. Each column was first washed then 

equilibrated with 5 column volumes of the adsorption buffer, a solution of 1.5 M of ammonium sulfate in 

10 mM of phosphate at pH7, before the injection of the ATPS bottom phase. The samples were 

recovered from the bottom phase with a 5 ml syringe with no previous treatment and were injected using 

a 1 ml sample loop. The unbound compounds were washed with 2 column volumes of adsorption buffer. 

The elution was provoked by a decrease in the salt concentration due to the use of the 10 mM phosphate 

elution buffer at pH 7 with a 13 column volumes elution. During this operation the column pressure, UV 

absorbance at 280 nm and the conductivity were continuously monitored. The column flowthrough was 

recovered in 1 ml fractions and the eluate in 0.5 ml fractions using a FRAC 950 fraction collector (GE 

Healthcare).  

 

2.4 Analytical methods  
 

2.4.1 Purity assessment by protein gel electrophoresis  
 

Sodium dodecyl sulfate–polyacrylamide gel electrophoresis (SDS–PAGE) was used to determine 

the qualitative purity of the samples. As the serum with antibody and spiked supernatant samples were 

quite concentrated, they were diluted 5 or 10 fold in milli-Q water, the GFP and GFP Lytag samples were 

not diluted. The samples were prepared for the electrophoresis by mixing 20 µL of diluted sample, 25 µL 

of Bio-Rad loading buffer and 5 µL of DTT. The prepared samples were then denatured in a water bath at 

100ºC for 5 minutes. A 20 volume of each sample and 5 µL of molecular marker (Precision Plus Protein™ 

Dual Color Standards, Bio-Rad) were applied to 12% acrylamide gels, prepared with a 40% 

acrylamide/bisacrylamide stock solution. The gels were run at 100 mV with a running buffer composed of 

25 mM Tris-HCl, 192 mM of glycine and 0.1% (w/v) SDS with pH 8.3. The staining of the gels was 

performed with a solution composed of 0.1% of Coomassie Brilliant Blue R-250, 30% ethanol, 10% acetic 
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acid and 60.9% water for one hour at 60 rpm and 40ºC. The gels were then successively washed with a 

solution of 30% ethanol, 10% acetic acid and 60% water (v/v) until the distaining was completed and 

scanned with a GS-800 calibrated densitometer, from Bio-Rad. 

2.4.2 Total protein quantification with Bradford essay 
 

The total concentration of proteins is measured by the Bradford essay, performed with a 

Coomassie Plus kit (Pierce, Rockford, IL, USA). Coomassie Brilliant Blue G-250 switches from its native 

red color to a blue tone when linked to proteins, therefore the more proteins are present, the higher will 

the absorption be at 595 nm (adsorption peak corresponding to the blue color). The adsorption was 

measured with a Spectramax 384 Plus microplate (Molecular Devices, Sunnyvale, CA, USA) at 595 nm. 

The calibration curves were obtained from a set of standards made with bovine serum albumin with 

concentrations between 5 mg/L and 400 mg/L. Both standard’s and sample’s absorptions were measured 

in 96-well polystyrene microplates, each well containing 200 μl of Coomassie, 12.5 μl of water and 37.7μl 

of sample or 50μl of standard. The plates were mixed for 30 seconds and incubated for 10 minutes prior 

to reading in the spectrophotometer. To subtract the interference from polymers and salts, blanks of the 

top and bottom phases and adsorption and elution buffers were also measured.  

 

2.4.3 Antibody quantification by HPLC 
 

The antibody concentration from the top and bottom phases of ATPS and from the flowtrough and 

eluate of HIC was assessed by affinity chromatography with an analytical POROS Protein G Affinity 

column with 2.1 x 30 mm dimensions and recombinant protein G bound to a cross-linked 

styrenedivinylbenzene matrix  (Applied Biosystems, Foster City, CA, USA). Prior to quantification, the 

ATPS samples were diluted 10 times and the HIC samples 5 times with the adsorption buffer and 

Gammanorm IgG standards, with concentrations ranging from 0 to 20 µg/mL, were prepared to build the 

calibration curve.  

The chromatographic runs were performed with an ÄKTATM 10 Purifier system (GE Healthcare 

Biosciences, Uppsala, Sweden). The 50 mM sodium phosphate, 150 mM NaCl adsorption buffer at pH 

7.4 was ran for 1.8 minutes, assuring the binding of the antibody to the column, the elution was then 

triggered by decrease of the pH to values of 2–3 with the 12 mM HCl, 150 mM NaCl elution buffer during 

2.5 minutes. The column was then again equilibrated with the adsorption buffer for 3.4 min. During the 

entire operation the antibody concentration was measured by UV absorbance at 215 nm.  After the 

quantification the column was stored in 10 mM sodium phosphate, 0.02% sodium azide storage buffer at 

pH 7.4.  
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2.5 Evaluative parameters  
 

Several parameters were used to evaluate the effectiveness of the separations. They are the 

yield, the purity and the partition coefficient (the last one being applicable to the ATPS only). 

 

The partition coefficient, Kp, is used to measure the degree of separation of the antibody between 

the two phases of the ATPS, it is given by the quotient of the antibody’s equilibrium top and bottom 

phase’s concentrations (3).  

 𝐾𝑝 =
[𝐼𝑔𝐺 𝑇𝑜𝑝 𝑃ℎ𝑎𝑠𝑒] 

[𝐼𝑔𝐺 𝐵𝑜𝑡𝑡𝑜𝑚 𝑃ℎ𝑎𝑠𝑒]
     (3) 

 

In the case of the ATPS the yields of extraction of the top ( 𝑌𝑇𝑜𝑝  ) and bottom ( 𝑌𝐵𝑜𝑡𝑡𝑜𝑚 ) phases 

are given by the mass of antibody in the respective phase divided by the sum of the masses of antibody 

in both phases (4). As for the HIC, the flowtrough yield is given by the mass of antibody present in the 

flowtrough divided by the sum of the masses of antibody in both flow through and eluate, the yield of the 

elution is obtained analogously (5).   

 

 𝑌𝑇𝑜𝑝 =
𝑚𝐼𝑔𝐺 𝑇𝑜𝑝 𝑃ℎ𝑎𝑠𝑒

𝑚𝐼𝑔𝐺 𝐵𝑜𝑡𝑡𝑜𝑚 𝑃ℎ𝑎𝑠𝑒 + 𝑚𝐼𝑔𝐺 𝑇𝑜𝑝 𝑃ℎ𝑎𝑠𝑒

                 𝑌𝐵𝑜𝑡𝑡𝑜𝑚 =
𝑚𝐼𝑔𝐺 𝐵𝑜𝑡𝑡𝑜𝑚 𝑃ℎ𝑎𝑠𝑒

𝑚𝐼𝑔𝐺 𝐵𝑜𝑡𝑡𝑜𝑚 𝑃ℎ𝑎𝑠𝑒 + 𝑚𝐼𝑔𝐺 𝑇𝑜𝑝 𝑃ℎ𝑎𝑠𝑒

      (4) 

 

 𝑌𝐹𝑙𝑜𝑤𝑡𝑟𝑜𝑢𝑔ℎ =
𝑚𝐼𝑔𝐺 𝐹𝑙𝑜𝑤𝑡𝑟𝑜𝑢𝑔ℎ

𝑚𝐼𝑔𝐺 𝐸𝑙𝑢𝑡𝑖𝑜𝑛 + 𝑚𝐼𝑔𝐺 𝐹𝑙𝑜𝑤𝑡𝑟𝑜𝑢𝑔ℎ

                𝑌𝐸𝑙𝑢𝑡𝑖𝑜𝑛 =
𝑚𝐼𝑔𝐺 𝐸𝑙𝑢𝑡𝑖𝑜𝑛

𝑚𝐼𝑔𝐺 𝐸𝑙𝑢𝑡𝑖𝑜𝑛 + 𝑚𝐼𝑔𝐺 𝐹𝑙𝑜𝑤𝑡𝑟𝑜𝑢𝑔ℎ

      (5) 

 

Finally the purity is given by the concentration of antibody in the system, divided by the total 

protein concentration in the system (6). 

 

𝑃𝑢𝑟𝑖𝑡𝑦 =  
[𝐼𝑔𝐺]

[𝑇𝑜𝑡𝑎𝑙 𝑝𝑟𝑜𝑡𝑒𝑖𝑛]
    (6) 
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3 Results and discussion  
 

3.1 Development of new aqueous two phase systems for monoclonal 
antibody purification 

 

3.1.1 Assessment of possible aqueous two phase system bases  
 

The first objective of this work consisted in finding possible new systems to be used for affinity 

partitioning taking advantage of the LYTAG binding capacities. As it was previously mentioned, LYTAG 

possesses choline binding sites that also have some affinity for PEG, therefore the use of systems with at 

least one of these components would be an advantage. Choline chloride presents several attractive 

characteristics for being used in bio-separations: choline is considered an essential nutrient due to its role 

in the human body (used for neurotransmitter synthesis, cell-membrane signaling etc...); it is of easy 

preparation, relatively cheap, stable in water and air, biocompatible and biodegradable. Choline chloride 

is a quaternary amine salt, it dissociates in water into the corresponding positively charged quaternary 

hydroxyl alkylammonium ion and the negatively charged chloride ion (47). The possibility of use of 

aqueous two-phase systems of the type polymer–salt or salt–salt either by the combination of PEG and 

cholinium-based salts or by the addition of an inorganic salt to mildly hydrophobic cholinium-based salts 

has recently been proved (48). Based on the work of Maestro et al. (38) PEG-choline and phosphate-

choline appeared as possible candidates. 

 

Polyethylene glycol (PEG) has a relatively low viscosity when compared to other polymers (like 

dextran for instance), it is harmless, relatively inexpensive and easy to use. It is an uncharged polymer, 

which permits the phase formation by salting out in the presence of charged choline salts (49). Several 

PEGs with different molecular weights and choline chloride were mixed in order to verify if ATPS could be 

formed at reasonable concentrations, viable at industry level. However, it was observed that systems 

using PEG 400, 600 and 1000 would only form at very high concentrations (55% to 50% PEG, 30% 

choline chloride) rendering them unviable at industrial level. Since systems with polymers with higher 

molecular weight typically require lower concentrations of phase forming compounds for phase formation, 

PEG 1500, 3350, 6000 and 8000 were then tested permitting indeed the formation of systems with 30% 

PEG and 30% choline but at two phase forming concentrations jellification was observed (Figure 13). 
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Figure 13 - PEG 1000 (A), 600 (B) and 400 (C)choline systems form only at high concentrations. PEG 1500-
choline chloride system: short after the dissolution of the components and the phase formation, the jellification of the 
bottom phase is observed (D), 24 hours later both phases are jellified (E) and a small addition of water (3 drops) 
permits the dissolution but without the formation of two distinct phases(F).  

 

Therefore, PEG-choline chloride systems were abandoned as they could not constitute scalable 

ATPE alternatives. However, the addition of phosphate buffer permitted a considerable decrease in the 

concentrations required, phosphate is also nonflammable and non-toxic, it is one of the most used salts in 

ATPs because, as shown in the Hofmeister series, it has a strong salting out effect (29). A 5.5% 

phosphate, 24% PEG 3350, 7% choline system had been used in previous works (50) and could be 

furtherly explored with different pH and different molecular weight PEGs thus pursuing the next phase of 

testing.  

The stronger salting out capacities of phosphate also permit the two phase formation with the 

slightly hydrophobic choline, and thus choline-phosphate systems composed by 30% phosphate and 25% 

choline were produced as well.  

Furthermore, considering the salting-out potential of sulfate salts, PEG-ammonium sulfate were 

also selected as possible candidates for two-phase partitioning. They are well known, widely used and 

characterized systems, with binodal curves available for system creation (30). 

 

3.1.1 Preliminary affinity partitioning assays in aqueous two 
phase systems with GFP/GFP-LYTAG 

 

GFP and GFP-LYTAG are valuable tools for assessing the viability of the systems for affinity 

ATPS with LYTAG since they allow fast and precise quantification of the influence of LYTAG in the 

partitioning and are far less costly than monoclonal antibodies. The produced GFP and GFP-LYTAG 

extracts contain other intracellular proteins and remains of extracellular proteins, as observable in their 

SDS-PAGE electrophoresis results (figure 14), which can be helpful to furtherly asses the system’s 

purification capacities.  
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Figure 14 - SDS-PAGE analysis of the GFP and GFP-LYTAG extracts that will be used for the partitioning 
experiments, both target proteins are marked on the figure with a red circle 

 

Two replicates are done for each system, one containing GFP and the other GFP-LYTAG, the 

concentration of these proteins being measured in each phase by fluorometry, and the purity quickly 

confirmed by protein gel electrophoresis. The ideal scenario would be that most of the proteins would 

have a tendency to migrate to one phase but the ones attached to LYTAG would migrate to the other 

phase, which in this case translates in GFP and the host cell proteins remaining in the GFP’s extract 

being found in the opposite phase of GFP-LYTAG. 

 

3.1.1.1 Phosphate-choline systems  

The results of GFP and GFP-LYTAG partitioning with phosphate-choline chloride showed no 

advantage for this type of system with the use of LYTAG. In fact, both proteins (GFP and GFP-LYTAG) 

showed higher affinity for the choline rich, top phase: GFP presented a Kp of 31 and a yield of 97% whilst 

GFP-LYTAG had a Kp of 4.4 and a Yield of 81%. Furthermore the protein gel electrophoresis (figure 15) 

demonstrated that most of the impurities also presented a higher affinity for the choline phase therefore 

this system was unable to perform any kind of purification for either one of the proteins.  
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Figure 15 - Qualitative analysis of the purity of both phases from 30% Phosphate-25% Choline Chloride 
systems fed with 20% GFP (1) and GFP-LYTAG (2) by SDS-PAGE electrophorese. M stands for the molecular 
marker, T for the top phase and B for the bottom phase. 

 

It should come as no surprise that GFP-LYTAG is attracted to the choline phase since LYTAG 

possesses choline binding sites.  As for the other proteins it is known that phosphate has a strong salting 

out capacity which is possibly the dominant effect in the partitioning causing the proteins to expose their 

hydrophobic residues migrating preferably to the less hydrophobic choline phase.  

 

3.1.1.2 PEG-Phosphate-Choline systems 

PEG-phosphate-choline systems were first elaborated with 5.5% phosphate, 24% PEG 3350, 7% 

choline chloride at pH 6, 7 and 8. As it can be observed in the Figure 14, the log(Kp) values are all 

negative meaning that both GFP and GFP-LYTAG partition preferably to the bottom salt rich phase.  
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Figure 16 - Influence of the pH in the partitioning of GFP (G) and GFP-LYTAG (L) in a 24% PEG 3350, 5.5% 
phosphate, 7% choline chloride system, the numerical (not percentage) values of both bottom phase extraction yields 
and log (Kp) are represented. 

 

Contrarily to the previous system, PEG-phosphate-choline systems confer an advantage to the 

use of LYTAG evidenced by the higher values of the yields and more negative log(Kp) values, the 

discrepancy being higher at pH 7 where the Kp is ten times lower for GFP-LYTAG than for GFP and the 

yields are 85% and 98% respectively. This improved partitioning can result from the LYTAG preferential 

binding to choline rather than PEG. The second stage of this preliminary assessment was the SDS-PAGE 

to verify if the GFP-LYTAG would be effectively separated from the remaining proteins of the system. But 

as observed in the gel (figure 17) that did not happen, none of the tested pHs favored the purification.  
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Figure 17 - Qualitative analysis by SDS-PAGE electrophorese of the purity of both phases from 24% PEG 
3350-5.5% Phosphate-7% Choline Chloride systems at pH 6 ((1) fed with GFP-LYTAG, fed (2) with GFP), pH7 ((5) 
with GFP, (6) with GFP-LYTAG) and pH8 ((3) with GFP an (4) with GFP-LYTAG). 
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This could be attributed to the elevated molecular weight of the chosen PEG that forms tangled webs 

causing the steric exclusion of the proteins (51). This could be countered by using a lower molecular 

weight PEG. Therefore a second system with the same composition but PEG 2000 instead of PEG 3350 

was tested, PEG 1000 was also an option but it was discarded since systems with PEG 1000 would not 

form at such low, industrially appellative, concentrations. However, it was observed that the partition 

problems prevailed (figure 18).  

Another strategy was to change the choline counter-anion, chloride, by citrate, since citrate has, 

according to the Hofmeister series (52), a higher salting out effect that chloride, which could favor the 

partition of the proteins to the PEG phase, but again no difference was observed. The phosphate 

concentration was also lowered to 2% and the choline raised to 15% to verify if the choline would 

distribute less evenly between the two phases so that partitioning would be more strongly driven by 

LYTAG but there was no significant alteration of the results (figure 18).  

 

 

Figure 18 - Qualitative analysis of the purity of both phases from 24% PEG 3350-2% Phosphate-15% 
Choline Chloride (1), 24% PEG 2000-5.5% Phosphate-7% Choline Chloride(2) and 24% PEG 3350-5.5% Phosphate-
7% Choline Citrate (3) systems fed with GFP-LYTAG by SDS-PAGE electrophorese. M stands for the molecular 
marker, T for the top phase and B for the bottom phase.  

 

These results urged another consideration: it is known that choline is an essential nutrient and a 

methyl donor involved in many physiological processes, including normal metabolism and transport 

of lipids, methylation reactions, and neurotransmitter synthesis, therefore it has to be able to interact with 

a vast specter of biomolecules (53). In fact, the UniProt database lists 34394 results for choline bound or 

choline interacting proteins (54) so it is possible that most of the impurities present simply have some kind 

of interaction with choline itself. Consequently the use of a choline free system was the next logical step. 
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3.1.1.3 PEG-ammonium sulfate systems 

PEG-ammonium sulfate systems belong to the most used systems in ATPS due to sulfate’s high 

salting out capacity; they permit a fast formation of the two phases at relatively low concentrations and 

usually present high extraction yields (29), (55). The mentioned qualities and the presence of PEG made 

these systems an apparently attractive substitute to choline based systems. Systems with PEG 600, 1000 

and 3350 with ammonium sulfate were tested and analyzed; the results are presented in the following 

figure.  

 

Figure 19 - Influence of polymer molecular weight in the partitioning of GFP (G) and GFP-LYTAG (L) in 
PEG-Ammonium sulfate systems (15% Ammonium sulfate-25% PEG 600, 25% Ammonium sulfate-10%PEG 1000 
and 15% PEG ammonium sulfate-5% PEG). The represented values for both yields and log(Kp) are numerical (not 
percentage), and the extraction yields correspond to the phase with the higher amount of target protein (top for PEG 
600 and PEG 1000 with GFP-LYTAG and bottom for PEG 1000 with GFP and PEG 3350) 

 

As shown in the figure, this system has given an advantage to the use of LYTAG most similar to 

the ideal scenario in the case of PEG 1000 where the value of log(Kp) for GFP is negative meaning that it 

partitions preferably to the bottom phase, and positive for GFP-LYTAG meaning that it partitions 

preferably to the top, polymer rich, phase. PEG 600 is a low molecular weight polymer therefore its size 

exclusion effects on the proteins are negligible, the dominant factor in the separation being then the 

salting out effect caused by the sulfate which causes, in both cases, the proteins to migrate to the PEG-

rich phase. PEG 1000 possesses a higher molecular weight increasing the steric effects causing GFP to 

migrate preferably to the bottom, salt rich phase; the fact that GFP-LYTAG displays a higher presence in 

the top phase must result from LYTAG’s selective binding to the polymer. However the steric exclusion 

effect is manifested in the fact that the yield is lower for the top phase with GFP-LYTAG than for the 

bottom phase with GFP. Finally, with PEG 3350, due to its greater molecular weight, the steric effects 

dominate all others and both proteins partition mainly to the bottom phase. In this case, the higher yields 

and Kp of GFP-LYTAG relatively to GFP are probably due to its superior molecular weight. Although the 
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PEG 1000 system presented the biggest LYTAG inducing discrepancy, the PEG 3350 system showed 

both higher yields and Kp. In terms of purities (figure 20) the impurities migrate mostly to the same phase 

as GFP and GFP-LYTAG but in the case of the PEG 1000 system stronger bands are observable for 

GFP-LYTAG in the upper phase than for the remaining impurities which might indicate some extent of 

purification.  

 

 

Figure 20 - Qualitative analysis by SDS-PAGE electrophorese of the purity of both phases from 25% PEG 
600-15% Ammonium Sulfate ((1) fed with GFP, (2) fed with GFP-LYTAG), 10% PEG 1000-25% Ammonium Sulfate 
((3) with GFP-LYTAG, (4) with GFP) and 5% PEG 3350-15% Ammonium Sulfate ((5) with GFP, (6) with GFP-
LYTAG) systems. A 20% feed was used for both GFP and GFP-LYTAG. M stands for the molecular marker, T for the 
top phase and B for the bottom phase. 

 

 

 

 

 

 

3.1.2 Antibody and serum partitioning in aqueous two phase systems 
 

To analyze the performance of PEG-ammonium sulfate ATPS, the influence of different 

parameters on serum and antibody partitioning were studied separately for better precision and then 

combined to take into account their cross influence and with LYTAG to verify its relevance as the 

feasibility of its use for affinity ATPS.  
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3.1.2.1 Feed characterization  

Before the partition studies it is important to verify the composition of the samples as well as to 

get more information about the target protein and impurities. A SDS-PAGE gel was run with the target 

antibody, the fetal bovine serum and the CHO supernatant used in the next experiences (figure 21).  

 

 

 
Figure 21- Purity evaluation by SDS-PAGE of Gammanorm IgG (1), Icosagen supernatant (2) and Fetal 

Bovine Serum (3). The molecular weight marker being shown with the letter M, and L and H marking the position of 
the antibody’s light and heavy chains. 

 

In the lane corresponding to the Gammanorm antibody (1) one can confirm the presence of the 

two bands from the antibody’s two identical light chains (25 kDa) and identical heavy chains (50 kDa), 

these being the only main bands observable.  

The fetal bovine serum, which is frequently used as culture media for antibody producing cells is 

present in lane 3, most of its proteins are between 40 and 150 kDa and the most prominent band 

noticeable (near 70kDa) corresponds to the bovine serum albumin, which its major component.  

Finally the lane 2, corresponding to Icosagen supernatant, presents no very high intensity bands, 

even though it was not diluted for this SDS-PAGE electrophoresis (contrarily to the serum) which is 

indicative of a lower amount of impurities, the bands corresponding to the heavy and light chains of the 

antibody are also observable and correspond to the most intense bands.  

 

3.1.2.2 Effect of pH  

The pH affects the overall charge of the proteins, at a pH equal to their isoelectric point it is 

neutral, above their isoelectric point it is negative and below it is positive. The tested IgG have isoelectric 

points between 6.6 and 9 most of them having a pH closer to 7 (56) therefore at pH 7 most of them would 

be neutral which would incentive the migration to the neutral polymer phase. Although the serum is quite 

diverse in composition, its major component, the bovine serum albumin, has a pI of 4.8 and will thus be 
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negatively charged at pH 7 which would facilitate its migration to the salt rich phase to interact with the 

positively charged ammonium ions. Therefore systems composed of PEG 1000, 3350 and 6000 with 

ammonium sulfate were studied at their native pH and at pH 7. The measured native pH of the systems 

was 3.44 for 10% PEG 1000 and 14% ammonium sulfate, 5.45 for 10% PEG 3350 and 6.30 for 10% PEG 

6000, both with 10% ammonium sulfate. Each system was evaluated for the partitioning of pure antibody 

and of the serum proteins, in order to analyze more precisely the effects of the pH on the partitioning of 

the different types of proteins. The PEG 1000 system exhibited precipitation of the antibody and serum at 

both pHs, PEG 3350 system just at normal pH for the antibody and PEG 6000 system at pH 7 from the 

antibody.  

In terms of the purification achieved, as observable in the gels (figure 22) for the PEG 1000 

system at native pH both the antibody and the serum are concentrated in the precipitated fraction and at 

pH 7 one can observe the stronger antibody bands in the precipitate and weaker ones in the top phase, 

so in this specific case, pH variation was inconsequential and the precipitation observed is probably due 

to the high salt concentration used (15% of ammonium sulfate). For PEG 3350, without pH control, the 

antibody partitioned mostly to the top and precipitate fractions whereas serum partitioned to the bottom 

and slightly to the top, representing a more advantageous situation that the one found at pH 7 in which 

both IgG and serum proteins partitioned to the bottom phase. As for PEG 6000, both antibody and serum 

are found in the bottom phase except in the case of the antibody at pH 7 where a strong band is also 

observable in the precipitate. The solubility of the proteins is affected by the pH, being minimum at the pI, 

which explains the precipitation in some cases. In this type of systems, precipitation is a disadvantage as 

it can lead to product losses and the fact that the pH variations had a low effect on the partitioning 

indicates that the influence of other parameters must be dominant. Those parameters were furtherly 

analyzed.  

 

3.1.2.3 Effect of NaCl addition 

 

The addition of inorganic salts in ATPS can increase the salting out effect on the proteins causing 

the most hydrophobic to migrate preferably to the most hydrophobic phase, in this case, the PEG rich 

phase. Contrarily to the pH, the addition of 15% NaCl had a clear influence switching the partitioning of 

both antibody and serum from the bottom phase (at native pH and without NaCl) to the top, polymer rich 

phase (figure 22 and 23). Whilst electrostatic interactions between the proteins and the phase forming 

components are probably responsible for the selective partitioning of the proteins to the bottom phase in 

the NaCl free systems, the addition of this salt decreases the electrostatic potential difference between 

both phases, as NaCl distributed evenly between the phases, causing the proteins to migrate preferably 

to the more hydrophobic polymer phase (51). At low protein concentrations, that is, in this case, when the 

serum and antibody are used as separate feeds, no precipitation was observed after the NaCl addition 

but when the spiked serum was used as feed, resulting in a higher protein concentration, the addition of 
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NaCl resulted in the precipitation of the proteins (figure 22 and 23). This observation and the fact that the 

salt caused the partitioning of both antibody and serum to the same phase discouraged the use of NaCl.  

 

 

3.1.2.4 Effect of polymer molecular weight 

As all the systems contemplated in this analysis were made with PEG, the polymer influence is 

related with its molecular weight. The polymer molecular weight influences the partitioning through steric 

exclusion effects as bigger polymers tend to form more aggregated tangled structures making it harder for 

large proteins to partition to their phase. On the other hand, the longer the PEG chain length, the more 

ethylene oxide groups will be present per PEG molecule for the same concentration of polymer, making 

the top phase more hydrophobic. The combination of these two effects will be responsible for the 

influence of the polymer molecular weight on the partitioning (51).  

As mentioned in the two previous paragraphs the most evident effect of the polymer variation was 

the precipitation of the proteins. Indeed, systems formed with PEG 1000 presented precipitation both at 

native and neutral pH for the antibody and the serum proteins, this is probably due to the fact that since 

the molecular weight of the polymer is low, a higher salt concentration is required for phase formation, 

which can induce the proteins to precipitate. PEG 3350 exhibited precipitation only for the antibody and 

spiked serum and PEG 6000 for none of them. Secondly, for the systems at native conditions, most of the 

proteins in the PEG 1000 systems were found in the precipitated fraction and top, polymer rich phase, for 

PEG 6000 and PEG 3350 the weight of the polymer enhances the steric exclusion effects making it 

harder for the proteins to move to the top phase and thus switching the preferential partitioning to the 

bottom phase (figure 22).  

In all analyzed systems both antibody and serum partitioned mainly to the same phase so just by 

changing the polymer the selective partitioning of the proteins was not achieved.  
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Figure 22 - Qualitative analysis by SDS-PAGE electrophorese of the purity of both phases from 10% PEG 
1000-14% Ammonium Sulfate, 10% PEG 3350-10% Ammonium Sulfate and 10 PEG 6000-10% systems. All systems 
were tested both in their native state, at pH 7 and with the addition of 15% NaCl. Each system was tested separately 
with 20% feeds of Gammanorm antibody or fetal bovine serum. M stands for the molecular marker, T for top phase, P 
for precipitate and B for bottom phase.  
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Figure 23 - Qualitative analysis by SDS-PAGE electrophorese of the purity of both phases from 10% PEG 
3350-10% Ammonium Sulfate (3 and 4) and 10 PEG 6000-10% systems (1 and 2). All systems were tested with 
Gammanorm antibody spiked fetal bovine serum (20% feed) both in their native state (1 and 3) and with the addition 
of 15% NaCl (2 and 4). M stands for the molecular marker, T for the top phase and B for the bottom phase 

 

3.1.2.5  Effect of the ligand LYTAG-1Z 

As the manipulation of the previous parameters did not result in the selective partitioning of the 

antibody in the aqueous two phase tested, LYTAG-1Z addition appears as a decisive influential 

parameter for the viability of the one step purification with ATPS. Firstly, PEG 3350 and 6000 were tested 

with spiked serum and LYTAG-1Z as they were the ones that favored the partitioning of the proteins to 

the bottom phase, and the objective was to have most of the impurities in the bottom phase and the 

antibody driven to the top phase by LYTAG-1Z that has affinity for the PEG. Unfortunately, the addition of 

5% LYTAG caused the precipitation of the antibody and part of the proteins of the serum and no antibody 

was found on the top phase (figure 24).  
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Figure 24 - Qualitative analysis by SDS-PAGE electrophorese of the purity of both phases from 10% PEG 
3350-10% Ammonium Sulfate (1 and 3) and 10 PEG 6000-10% systems (2, 5, 6 e 7). All systems were tested with 
Gammanorm antibody spiked fetal bovine serum (20% feed). 5% of LYTAG-1Z was added to systems 1 and 2, 
systems 3 and 4 received 2 µL of LYTAG each, system 5, 6 and 7 were supplied with 30, 60 and 90 µL of LYTAG 
each respectively. M stands for the molecular marker, T for the top phase, P for the precipitate and B for the bottom 
phase. 

 

As it was mentioned before, precipitates are not desirable and so different amounts of the ligand 

were tested, namely with 2, 30, 60 and 90 µL of LYTAG-1Z (corresponding to 0.06, 2 and 3 times the 

amount of antibody present in the system), but again, precipitation was observed in all cases, with the 

antibody being found in the bottom phase or precipitate.  As the evaluated PEGs had a high molecular 

weight, it was possible that they could be causing a steric exclusion of the antibody preventing it from 

going into the top phase even with the LYTAG-1Z affinity for PEG.  So a final trial with several different 

compositions of PEG 600 or 1000 and ammonium sulfate  (PEG 600-ammonium sulfate: 18%-15%, 10%-

20%, 27%-11%, PEG 1000-ammonium sulfate 15%-15%, 7%-18%, 26%-10%) was investigated in order 

to assess if by lowering the molecular weight of the PEG and changing PEG salt ratio one could adjust 

the steric and salting out effects to keep most of the impurities in the bottom phase whilst allowing the 

LYTAG to take the antibodies to the top phase. Nevertheless, what was observed (figure 25) was that the 

phase containing most of the antibody would also contain most of the albumin. 
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Figure 25 - Qualitative analysis by SDS-PAGE electrophorese of the purity of both phases from systems 
with various compositions made of PEG 600-Ammonium Sulfate (Polymer-salt compositions: 18%-15% (1), 10%-20% 
(5) and 27%-11% (6)) and PEG 1000-Ammonium Sulfate (Polymer-salt compositions: 15%-15% (2), 7%-18% (3) and 
26%-10% (4)). Each system was fed with 20% Gammanorm antibody spiked fetal bovine serum and with 5% of 
LYTAG-1Z. M stands for the molecular marker, T for the top phase, P for the precipitate and B for the bottom phase. 

 

For the 18% PEG 600 and the 7% PEG 1000 systems, the strongest bands were found on the 

top phase since the combination of lower concentrations of PEG and low polymer molecular weight, 

allowed the partitioning of the proteins to the top, while in the systems with higher PEG and salt 

concentration the combination of LYTAG induced precipitation and salting out effect were probably 

dominant causing the proteins to be found mostly in the precipitate. Therefore, LYTAG-1Z did not permit 

the one step partitioning of monoclonal antibodies by affinity aqueous two phase partitioning. 

Nevertheless purification could be achieved by ATPS followed by a secondary operation.  

 

As similar systems have been used for clarification (29) (57), PEG-ammonium sulfate systems 

could be maintained as a purification step for clarification, preliminary purification and concentration of the 

feed and the elevated salt concentration could be advantageously used in a polishing step by 

hydrophobic interaction chromatography (44).  

 

3.1.2.6 Antibody recovery yield and purity with PEG 6000-ammonium 

sulfate ATPS 

To verify the viability of the PEG-ammonium sulfate system as a preliminary purification step, the 

antibody present in the top and bottom phases was quantified by HPLC and the purity was obtained 

through the quantification of the total protein by Bradford assay. The extraction yield was 99,6%, the Kp 

0.003734 and the purity of 14% which indicates that although some protein separation was achieved, 

there is the need for a second step purification process.  
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3.2 Dual purification process combining PEG 6000-ammonium sulfate 
systems and hydrophobic interaction chromatography 

 

3.2.1 Salt concentration optimization 
 

As it was previously mentioned, in hydrophobic interaction chromatography, the salt 

concentration is the most important mobile phase parameter to assure the binding of the proteins. If the 

salt concentration is too high, it might induce the precipitation of the proteins which is unaffordable when 

using chromatographic columns as it can lead to clogging problems. However, if the concentration is too 

low the salting out of the proteins will not occur preventing their binding to the hydrophobic ligands. The 

bottom phase of the system with 10% PEG 6000-10% Ammonium sulfate, when injected, caused a 

decrease in the conductivity preventing the binding of the proteins as evidenced by the lack of eluate 

(figure 26). Therefore, it was necessary to find an appropriate salt concentration that would permit the 

binding without inducing the precipitation of the proteins. The absorbance of 1 and 10 g/L of IgG solutions 

was measured at different concentrations of ammonium sulfate to assess at which percentage the 

precipitation would start to occur.   

 

 

Figure 26 - Assessment of IgG solubility in ammonium sulfate by absorbance measurements of two IgG 
solutions (1 and 10 g/L) at different ammonium sulfate concentrations. 

 

As it can be observed the absorbance exponentially increases at 25% of ammonium sulfate indicating the 

beginning of the precipitation. Therefore, tree types of systems were prepared for testing: 10% PEG 6000 

and 12, 15 and 20% ammonium sulfate. The bottom phases were injected in the column and the 

subsequent extraction yields were determined.  
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Figure 27 - Log (Kp) and ATPS and HIC yield values of ATPS systems containing 10%PEG 6000 and 
different concentrations of ammonium sulfate: 12, 15 and 20%. 

 

It was observed that the 12% ammonium sulfate presented both higher yields (99% for the ATPS and 

98% for the HIC) and lower (log Kp) value. Systems with higher salt content of 15% and 20% ammonium 

sulfate systems induce the partitioning of the antibody to the top phase. Moreover, the 20% ammonium 

sulfate system caused precipitation, and therefore it could not even be injected in the column. Thus, the 

system composed by 10% PEG and 12% ammonium sulfate system was chosen for the further HIC 

studies in different columns. The difference between this system and the non-optimized version 

(10%PEG6000-10% Ammonium sulfate) is evidenced in the figure below by the lack of elution peek and 

by the drop in the conductivity when the sample was injected that caused the lack of binding in the 10% 

ammonium sulfate system (Figure 18).  
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Figure 28 - HIC runs with a HiTrap Octylf FF column for the separation of IgG from the ATPS bottom phases 
of a 10% PEG6000-10% Ammonium Sulfate (A) (non-optimized) and a 10% PEG 6000-12% Ammonium Sulfate (B) 
(optimized) system with a spiked fetal bovine serum feed. 
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3.2.2 Chromatography with HiTrap Phenyl FF 
 

The most used ligands for HIC are linear chain alkanes with or without a terminal amino group or 

aromatic groups like phenyl, for the alkanes the hydrophobicity and strength of interaction increase with 

the n-alkaly chain length. The hydrophobicity of possible ligands increases as described in equation (3). 

 

Higher strength of interaction results in higher recovery of the target protein but it can also mean 

a decrease in adsorption selectivity. The objective being to purify the antibody in bind-elute mode, a 

column with a phenyl ligand is an interesting starting point as it is the stronger of the ligands in this list 

theoretically assuring the stronger binding and thus the highest recovery. If it would not bind to too many 

impurities, it could be the best option (42). 

The HiTrap Phenyl FF column, as all the remaining columns in this study, was run with the 

bottom phases of 10%PEG6000-12%Ammonium sulfate systems with either spiked fetal bovine serum or 

CHO (serum free) supernatant. The chromatograms obtained for each feed are presented in figure 29. 

 

 

Figure 29 - HIC runs with a HiTrap Phenyl FF column for the separation of IgG from a 1ml sample of the 
ATPS bottom phases of a 10% PEG6000-12% Ammonium Sulfate system with spiked CHO supernatant (A) and fetal 
bovine serum (B) feeds. With a 15 M ammonium, 10 mM phosphate adsorption buffer and a 10mM phosphate elution 
buffer.  

 

There are two peaks in each chromatogram representing the proteins recovered in the flow-

through and elution. The first peak with a residence time of 4 column volumes (4 ml) for the supernatant 

and the serum corresponds to all unbound species. The second peak with a higher residence time (12 CV 

for the supernatant and 9 CV for the spiked serum) contains the bound proteins including the antibody, as 

it was confirmed by HPLC. 
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For all the chromatographic runs the binding of the proteins is assured by the elevated 

conductivity from the salt concentration present both in the sample and in the adsorption buffer (1.5 M of 

ammonium sulfate, 10 mM phosphate buffer at pH7) and the elution was caused by a decrease in 

conductivity in the elution buffer (10 mM phosphate pH7) as evidenced in the chromatogram.  

The yields and purities of the top and bottom phases were accessed by HPLC and Bradford 

essay. The results of the extraction are presented in tables 2-4. Both ATPS extraction yields and purities 

of the top and bottom phases were presented to take into account system partition variations that might 

justify the differences observed in the HIC results.  Some of the columns used were injected with fractions 

of the bottom phase of the same system which justifies the fact that some ATPS values are equal for 

different columns.  

 
Table 2- Extraction yields obtained for spiked fetal bovine serum and CHO supernatant feeds with the 10% 

PEG 6000-12% Ammonium sulfate ATPS and HIC with the HiTrap Phenyl FF column. 

Extraction Yields  

Spiked Fetal Bovine 

Serum Feed  

ATPS HIC 

Top phase Bottom phase Flow-through Elution 

0.082 0.918 0.001 0.999 

 CHO Spiked Supernatant 

Feed  

ATPS HIC 

Top phase Bottom phase Flow-through Elution 

0.001 0.999 0.001 0.999 

 

As observable in table 2, the elevated phase extraction yields for the bottom phases (91.7 and 99.9%) 

and low extraction yields for the top phases (8.2% and 0.1%) indicate that, both in the case of the serum 

and supernatant, most of the antibody was recovered in the bottom phase being then injected in the 

column. Regarding the HIC, the high elution extraction yields, 99.9%, indicate that most of the antibody 

was bound to the column and recovered in the eluate fraction, which is confirmed by the low flow-through 

values (near to 0%). These results were predictable as phenyl is a very strongly hydrophobic ligand and 

therefore it should be able to bind to most of the antibodies present. However, the FF (fast flow) attribute 

of the column indicates that it can achieve a faster purification due to larger particle dimensions (thus 

more vacant space for the liquids to flow) at the expense of the amount of ligand present in the column 

which could lead to lower recoveries. But this seems to play no significant part in this case.  

The little difference between the results obtained with the serum and the supernatant implies that 

there is no significant difference in the ability of this technique to recover the antibodies from different 

feeds, as expected since the majority of the antibody present is, in both cases, Gammanorm IgG.  
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Table 3 - Purities obtained for spiked fetal bovine serum  and CHO spiked supernatant  feeds  with the 10% 
PEG 6000-12% Ammonium sulfate ATPS and HIC with the HiTrap Phenyl FF column. 

Purity  

Spiked Fetal Bovine 

Serum Feed  

ATPS HIC 

Top phase Bottom phase Flow-through Elution 

0.009 0.147 0.005 0.498 

 CHO Spiked 

Supernatant Feed 

ATPS HIC 

Top phase Bottom phase Flow-through Elution 

0.002 0.223 0.001 0.581 

 

The analysis of the purities provides perhaps more relevant information on the ATPS and HIC 

separation abilities. Upon initial inspection of the data on table 3, the aspect that stands out is that the 

purities are generally higher for the systems fed with supernatant than with serum. The reason for this is 

probably that the supernatant being a serum free medium of known composition is supplied only with the 

elements necessary for cell growth and protein production, thus containing less impurities than the 

supernatant. This is in fact one of the great advantages of using serum free media (14). The lower purities 

in the top phases than bottom phases (0.9% vs 14.7% and 0.2 % vs 22.3% for serum and supernatant 

supplied media respectively) show that some purification was achieved in the ATPS, more impurities than 

IgG migrated to the top phase, the inverse being observed in the bottom one.  

 

In the chromatographic step the higher purities obtained in the elution that in the flow-through 

confirm that more antibodies than impurities bound to the column. Most of the impurities were recovered 

in the unbound fraction resulting in the purities of 0.53% and 0.07% for the serum and supernatant flow-

through. As for the purities of the eluate fractions of 49.7% and 58.0%, they prove that the HIC was able 

to achieve a further purification after the ATPS, the column was able to capture more antibody than 

impurities in both cases. Nevertheless these are not very high purities and further polishing would be 

required prior to the use of these antibodies for therapeutic applications. The probable cause for these 

low purities is that the phenyl ligand is the strongest one thus being able to bind to less hydrophobic 

molecules leading to the capture of more impurities that will then be recovered along with the antibody in 

the eluate fraction. Therefore, the next logical step would be to test out a resin with a less hydrophobic 

ligand to assess if it can recover the antibody without too much losses and bind to less impurities.  

It is also necessary to keep in mind that the Bradford method used to measure the total protein 

for the determination of the purities is a somehow imprecise method, prone to interferences and therefore 

these results should be considered with the necessary grain of salt.  
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3.2.3 Chromatography with HiTrap Phenyl HP 
 

Before testing another type of ligand, the high performance (HP) phenyl resin was tested to verify 

if the difference between the HP and FF resins would play a significant part in the partitioning.  

 

 

Figure 30 - HIC runs with a HiTrap Phenyl HP column for the separation of IgG from a 1ml sample of the 
ATPS bottom phases of a 10% PEG6000-12% Ammonium Sulfate system with spiked CHO supernatant (A) and fetal 
bovine serum (B) feeds. With a 15 M ammonium, 10 mM phosphate adsorption buffer and a 10mM phosphate elution 
buffer. 

 

When observing the chromatograms one can verify the presence of the characteristic flow-

through and elution peeks corresponding to the unbound proteins and the proteins that were bound to the 

column and then recovered in the elution. But although the column volumes corresponding to each type 

of peak are the same as in the phenyl FF column, in this case, for the serum, the elution peak is 

subdivided in two distinct peaks that were separately analyzed. This phenomenon occurs due to the fact 

that proteins with lower hydrophobicity interact more loosely with the resin being eluted as soon as the 

salt concentration starts decreasing, more hydrophobic proteins, on the other had bound strongly to the 

resin and only elute when the salt reaches a critical lower concentration (in this case corresponding to a 

conductivity of 55 mS/cm). Theoretically the HP columns possess more ligands which would permit the 

binding of more proteins, including the less hydrophobic ones which could be the reason behind this 

phenomenon. HP columns also have lower particle size allowing the resolution of the elution peak in two 

peaks. 
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Table 4 - Extraction yields obtained for spiked fetal bovine serum  and CHO spiked supernatant  feeds  with 
the 10% PEG 6000-12% Ammonium sulfate ATPS and HIC with the HiTrap Phenyl HP column 

 

Extraction Yields  

Spiked Fetal Bovine 

Serum Feed  

ATPS HIC 

Top phase Bottom phase Flow-through Elution1 Elution2 

0.001 0.998 0 0.121 0.879 

 CHO Spiked 

Supernatant Feed 

ATPS HIC 

Top phase Bottom phase Flow-through Elution 

0.111 0.889 0 1  

 

In terms of extraction yields the results are similar to those obtained for the HiTrap Phenyl FF 

resin. The top phase yield for the supernatant was, in this case, higher (11% instead of 0.1%) and the 

bottom phase was lowers (88.9% instead of 99.9%) due to experimental variations, probably related to 

the differences between the distinct supernatant samples used. The separation of the two elution 

fractions did not improve the extraction yields, in fact the extraction yields were 12.1% for the first peak 

and for the second 87.9% indicating that most of the antibody was recovered in the second fraction. This 

corroborates the theory that the present antibodies are in fact more hydrophobic fractions seem to be free 

of antibody indicating that it was all captured by the column. Although the difference is not that significant, 

it would indicate a very slightly better antibody recovery efficiency.  However the ability of the column to 

capture more molecules could make it prone to capture more impurities which would result in lower 

purities.  

 

Table 5 - Purities obtained for spiked fetal bovine serum  and CHO spiked supernatant  feeds  with the 10% 
PEG 6000-12% Ammonium sulfate ATPS and HIC with the HiTrap Phenyl HP column 

Purity  

Spiked Fetal Bovine 

Serum Feed  

ATPS HIC 

Top phase Bottom phase Flow-through Elution1 Elution2 

0.006 0.108 0 0.072 0.513 

 CHO Spiked 

Supernatant Feed 

ATPS HIC 

Top phase Bottom phase Flow-through Elution  

0.008 0.304 0.016 0.731 

 

However when analyzing the purities one notices the ones of the elution fractions for HiTrap 

Phenyl HP are actually higher than the ones of Phenyl FF (51.3% instead of 49.8% for the serum and 

73.1% instead of 58.1%) contrarily to what was expected. Besides the possible explanation related to the 

Bradford margin of error, for the serum results, this can result from the fact that the elution fractions were 

separated between the two peaks therefore more impurities are recovered in the first peak, as evidenced 

by the 7.2% purity, the second peak having more antibodies. For the supernatant, one possible 

explanation is the variability of the supernatant samples since this run was done with a different sample 

than the one used in the Phenyl FF run that might contain less impurities which would also justify the 

overall increase in purity observed for this system when compared to the previous one (0.765% vs 
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0.156% for the top phase, 30.4% vs 22.3% for the bottom one and 1.56% vs 0.07% for the flow-through). 

Another factor to consider, as it was previously mentioned, is that Bradford essay is not the most precise 

method and prone to interferences an variations which might also justify some variations. Nevertheless 

the purities are still not high enough which would justify the use of a slightly less hydrophobic ligand.  

 

 

3.2.4 Chromatography with HiTrap Octyl FF 
 

Octyl is the second strongest ligand, right after phenyl; therefore it could perhaps allow a sharpest 

purification without compromising target protein recovery. The results of the serum and supernatant feed 

runs are presented in the following chromatograms.  

 

 

 

The two peaks relative to the proteins recovered in the flow-through and elution are once more 

observable in the chromatogram, the first peak having a residence time of 2 column volumes for the 

supernatant and 4 column volumes for the serum and the second peak having a residence time of 5 

column volumes for the supernatant and 8 column volumes for the serum. This octyl column is FF and 

like the HiTrap Phenyl FF one it does not present a subdivision of the elution peak in two, sustaining the 

theory that the two peaks were a consequence of the use of a HP column with more resolution capacity.  

 

 

 

Figure 31 - HIC runs with a HiTrap Octylf FF column for the separation of IgG from a 1ml sample of the 
ATPS bottom phases of a 10% PEG6000-12% Ammonium Sulfate system with spiked CHO supernatant (A) and fetal 
bovine serum (B) feeds. With a 15 M ammonium, 10 mM phosphate adsorption buffer and a 10mM phosphate elution 
buffer. 
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Table 6 - Extraction yields obtained for spiked fetal bovine serum  and CHO spiked supernatant  feeds  with 
the 10% PEG 6000-12% Ammonium sulfate ATPS and HIC with the HiTrap Octyl FF column. 

Extraction Yields  

Spiked Fetal Bovine 

Serum Feed  

ATPS HIC 

Top phase Bottom phase Flow-through Elution 

0.004 0.996 0.017 0.983 

 CHO Spiked Supernatant 

Feed 

ATPS HIC 

Top phase Bottom phase Flow-through Elution 

0.111 0.889 0.005 0.995 

 

The obtained elution extraction yields, of 98.3 and 99.5%, indicate that most of the antibody was 

bound to the column and recovered in the eluate fraction, with only a slight decrease from the 99.9 and 

100% yields obtained for the phenyl columns, the flow-through ones being also only slightly higher. The 

difference in the target protein recovery between the phenyl and octyl columns is small enough to enable 

the use of the latter with no significant drawbacks if the achieved purities are satisfying.   

 

Table 7 – Purities obtained for spiked fetal bovine serum  and CHO spiked supernatant  feeds  with the 10% 
PEG 6000-12% Ammonium sulfate ATPS and HIC with the HiTrap Octyl FF column. 

Purity  

Spiked Fetal Bovine 

Serum Feed  

ATPS HIC 

Top phase Bottom phase Flow-through Elution 

0.021 0.109 0.008 0.559 

 CHO Spiked Supernatant 

Feed  

ATPS HIC 

Top phase Bottom phase Flow-through Elution 

0.008 0.304 0.014 0.765 

 

For this system the protein behavior in the ATPS is concordant with the previous ones, but the 

elution extraction purities are indeed higher than for the phenyl columns, the serum corresponding one is 

55.9% (vs 49.8% and 51.3% for HiTrap Phenyl FF and HP) and the one relative to the supernatant is 

76.5% (vs 58.1% and 73.1% for HiTrap Phenyl FF and HP).This increase in purity can be explained by 

the lower hydrophobic strength of the Octyl ligand when compared to the Phenyl, which would cause it 

not to bind to less hydrophobic impurities. However these results are still far from the ideal purity 

desirable thus justifying the pursue of the partitioning experiences with even lesser hydrophobic HIC 

columns.  

 

3.2.5 Chromatography with HiTrap Butyl FF 
 

Butyl was the less hydrophobic of the available ligands therefore constituting the best theoretical 

alternative to obtain a higher purification given the low results of its predecessors, the main concern being 

the possibility of lower product recoveries.  
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Figure 32 - HIC runs with a HiTrap Butyl FF column for the separation of IgG from from a 1ml sample of the 
ATPS bottom phases of a 10% PEG6000-12% Ammonium Sulfate system with spiked CHO supernatant (A) and fetal 
bovine serum feeds. With a 15 M ammonium, 10 mM phosphate adsorption buffer and a 10mM phosphate elution 
buffer. 

 

  

The obtained chromatograms show the usual behavior of FF columns observed for the Phenyl 

and Octyl FF columns with single peaks for flowthrough and eluiton with regular column volumes. 

 

Table 8 - Extraction yields obtained for spiked fetal bovine serum  and CHO spiked supernatant  feeds  with 
the 10% PEG 6000-12% Ammonium sulfate ATPS and HIC with the HiTrap Butyl FF column 

 

Extraction Yields  

Spiked Fetal Bovine 

Serum Feed  

ATPS HIC 

Top phase Bottom phase Flow-through Elution 

0.001 0.998 0.004 0.996 

 CHO Spiked Supernatant 

Feed 

ATPS HIC 

Top phase Bottom phase Flow-through Elution 

0.111 0.888 0.007 0.993 

 

The results obtained, shown in table 8, indicate no significant difference from the previous columns with 

elution yields of 99.6% and 99.3% and flow through ones of 0.4% and 0.7% for the serum and 

supernatant, so the main feared drawback of using this type of column seems to play no relevant part, the 

extraction yields are high enough to sustain sufficient protein recovery. The ATPS behavior is once more 

concordant with the previously observed ones.  
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Table 9 – Purities obtained for spiked fetal bovine serum  and CHO spiked supernatant  feeds  with the 10% 
PEG 6000-12% Ammonium sulfate ATPS and HIC with the HiTrap Butyl FF column 

 

Purity  

Spiked Fetal Bovine 

Serum Feed  

ATPS HIC 

Top phase Bottom phase Flow-through Elution 

0.006 0.108 0.011 0.601 

 CHO Spiked Supernatant 

Feed  

ATPS HIC 

Top phase Bottom phase Flow-through Elution 

0.007 0.304 0 0.965 

 

By observing the purity results displayed in table 9, one can conclude that there was significant progress 

achieved in terms of protein separation, mainly for the serum for which the achieved elution purity is 

96.5%; as for the serum the elution fraction achieved a purity of 60.1%. The difference in purities between 

the serum and supernatant fed systems is probably due, as for the previous systems, to the lower amount 

of impurities present in the supernatant. The 96.5% purity is an encouraging result considering that the 

monoclonal antibody production is recurring more and more to serum free media (with less impurities), 

this purity is closer to the ones typically achieved with protein A chromatography, of 98% (58), but with 

the advantage of lower prices associated to the HIC columns. Nevertheless, further polishing would 

obviously still be required prior to the release of the monoclonal antibodies for therapeutic use. The 

possible solution for the lower results observed for the serum might be the use of a HP column that would 

permit the separation of two distinct elution peaks. 

 

3.2.6 Chromatography with HiTrap Butyl HP 
 

The HiTrap Butyl HP column appears as the solution combining the lower hydrophobicity of the 

butyl ligand for higher purities and the HP binding capacity that could permit a better purification in the 

case of the serum.  

 



 

68 
 

 

Figure 33 - HIC runs with a HiTrap Butyl HP column for the separation of IgG from a 1ml sample of the 
ATPS bottom phases of a 10% PEG6000-12% Ammonium Sulfate system with spiked CHO supernatant (A) and fetal 
bovine serum (B) feeds. With a 15 M ammonium, 10 mM phosphate adsorption buffer and a 10mM phosphate elution 
buffer. 

 

 

As shown in the chromatograms, the use of a HP column permitted once again, as observed for 

the Hitrap Phenyl HP column, the formation of two separate elution peaks that were individually analyzed. 

 

Table 10 - Extraction yields obtained for spiked fetal bovine serum  and CHO spiked supernatant  feeds  
with the 10% PEG 6000-12% Ammonium sulfate ATPS and HIC with the HiTrap Butyl HP column 

 

Extraction Yields  

Spiked Fetal Bovine 

Serum Feed  

ATPS HIC 

Top phase Bottom phase Flow-through Elution1  Elution2 

0.082 0.918 0.001 0.121 0.837 

 CHO Spiked 

Supernatant Feed 

ATPS HIC 

Top phase Bottom phase Flow-through Elution 

0.001 0.999 0 1 

 

Regarding the extraction yields, the elution one of 100% for the supernatant with the 

corresponding 0% in the flow-trough is slightly better than the 99.3% obtained with the previous column, 

which is again probably due to serum sample variations. However, the highest yield for the elution peaks 

is 83.7 % indicating that some protein would be lost if only the second elution fraction would be kept; this 

is justifiable only if the elution purity high enough in the second fraction.  
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Table 11 - Extraction yields obtained for spiked fetal bovine serum  and CHO spiked supernatant  feeds  
with the 10% PEG 6000-12% Ammonium sulfate ATPS and HIC with the HiTrap Octyl FF column 

 

Purity  

Spiked Fetal Bovine 

Serum Feed  

ATPS HIC 

Top phase Bottom phase Flow-through Elution1 Elution2 

0.009 0.147 0.014 0.233 0.624 

 CHO Spiked 

Supernatant Feed 

ATPS HIC 

Top phase Bottom phase Flow-through Elution 

0.002 0.223 0 0.804 

 

As expected the higher binding capacity of the HP column resulted in a loss of purity (80.4% instead of 

96.5%) for the elution fraction of the spiked supernatant feed due to the binding of more impurities since 

there are vacant ligands with no antibody to compete for binding. However, the second elution fraction 

achieved a slight improvement of 62.4% purity instead of 60.1%, nevertheless the difference is not 

significant enough to compensate for the protein loss if only the second fraction is kept and the purity for 

the first fraction, of 23.3% is too low. So although the HiTrap permits the obtaining of the highest purity for 

serum fed systems and achieves a better purification that the columns with other ligands, its results are 

less desirable than the ones observed for the HiTrap Butil FFcolum, the latter possessing yet the 

advantage of permitting a faster purification.  

4 Conclusions and future work   
 

 

The main objective of this work was to develop an alternative method for the purification of 

monoclonal antibodies that could provide a solution to the main problems of the current purification 

platform, namely regarding its capacity, effectivity and economy, to keep up with the advances in the 

production and the exponential demand for monoclonal antibodies.  

The work developed in this thesis demonstrated that none of the analyzed ATPS systems could 

perform the desired one step purification with the LYTAG ligand. In fact PEG-choline systems would not 

form at industrially desirable concentrations, choline-phosphate and PEG-choline-phosphate systems 

conferred no significant advantage to the use of LYTAG as both GFP and GFP-LYTAG would partition to 

the same phase as well as most impurities. The best results for the preliminary experiences with 

GFP/GFP-LYTAG were obtained with PEG-ammonium sulfate, more precisely with PEG 1000-ammonium 

sulfate which was the only system for which the LYTAG fused GFP partitioned to a different phase of the 

normal GFP, as well as most impurities. However, when proceeding to the tests with the spiked serum for 

the PEG-ammonium sulfate systems, the addition of LYTAG not only did not improve the partitioning but 

caused the precipitation of the samples for all the tested PEGs (600, 1000, 3350 and 6000 Da). This 

might be due to the formation lattices between the antibody and LYTAG-1Z causing their precipitation by 
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salting-out. Besides the fact that precipitation is undesirable because it leads to product losses, as 

molecules aggregate it is harder for them to migrate to the polymer phase as wanted. Therefore, the first 

suggestion for future work would be to use polymer-polymer systems to avoid precipitation by salting-out 

as the ionic strength of this type of systems is much lower than in polymer-salt systems. This is the most 

recommended idea since a one-step purification with such easily scalable and fast operation as ATPE, 

followed by the necessary polishing would be with no doubt the ideal scenario. As the intensive testing of 

the PEG-ammonium sulfate system by manipulation of the different partitioning affecting parameters; 

namely different molecular weight PEGs, salt concentrations, with and without NaCl and at different pHs, 

did not culminate in the selective partitioning of the antibody, the necessity of the addition of a functional 

affinity ligand to improve the partition in this system has been evidenced. Still in the topic of solely ATPS 

based separation other PEG based systems could be further explored, namely PEG-citrate and PEG-

phosphate (that because of their higher salting out effect could be used to form systems with lower 

molecular weight PEGs thus favoring the migration of the LYTAG to the polymer phase which could also 

avoid the precipitation, citrate is also more environmentally friendly than the other two options), PEG-

sodium sulfate or others to furtherly analyze the influence of the type of salt and also to explore the ATPS 

and “elution” by choline technique mentioned by Maestro et al (38). The mentioned technique consists in 

using a PEG-salt system to capture a LYTAG bound molecule (in mentioned experience it was GFP-

LYTAG) into the PEG rich phase, as most impurities remain in the salt phase but some migrate 

preferentially to the polymer phase which is then removed and “eluted” with choline to which the LYTAG 

binds preferentially abandoning the PEG rich phase and resulting in higher purities. If the proposed 

alternatives are effective further testing would have to be performed towards scale up and process 

integration. 

Relatively to the PEG 6000-ammonium sulfate/ HIC combined system, the results were more 

encouraging. As it was previously mentioned, the ATPS system can be used for a preliminary purification 

and perhaps clarification and the chromatography permits the achievement of higher purities. The results 

obtained with the different columns are summarized on figure 34 and table 12.  
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Figure 34 - Representation of the extraction yields and Purities of the elution fraction for supernatant and 
serum fed systems with the different hydrophobic interaction resins tested. For resins with two distinct elution 
fractions of the elution fraction for supernatant and serum fed systems with the different hydrophobic interaction 
resins tested. For resins with two distinct elution fractions only the highest purity/yield was represented. 

 

Table 12 - Summary of the extraction yields and purities obtained for the combined ATPS and HIC 
purification. 

 

 

Phenyl FF Phenyl HP Octyl FF Butyl FF  Butyl HP  

Serum  

Flow-
through 

Elution 
Flow-

through 
Elution 
1 

Elution 
2 

Flow-
through 

Elution 
Flow-

through 
Elution 

Flow-
through 

Elution 
1 

Elution 
2 

0.001 0.999 0 0.121 0.879 0.017 0.983 0.004 0.996 0.001 0.121 0.837 

Supern-
atant 

Flow-
through Elution 

Flow-
through 

Elution 
Flow-

through 
Elution 

Flow-
through 

Elution 
Flow-

through 
Elution 

 

0.001 0.999 0 1 0.005 0.995 0.007 0.993 0 1 

Serum  

Flow-
through 

Elution 
Flow-

through 
Elution1 Elution2 

Flow-
through 

Elution 
Flow-

through 
Elution 

Flow-
through 

Elution1 Elution2 

0.005 0.498 0 0.072 0.513 0.008 0.559 0.011 0.601 0.014 0.233 0.624 

Supern-
atant 

Flow-
through 

Elution 
Flow-

through 
Elution 

Flow-
through 

Elution 
Flow-

through 
Elution 

Flow-
through 

Elution 

0.001 0.581 0.016 0.731 0.014 0.765 0 0.965 0 0.804 

 

As evidenced by the elevated extraction yields, the recovery of the antibody was quite high for all 

columns indicating that the optimized salt concentration permitted the efficient binding of the antibody to 

the column. As for the purities, the values are clearly higher for the supernatant fed systems (ranging 

from 58.1 to 96.5%) than for the serum fed ones (from 49.8 to 62.4%). For the cases where two elution 

peaks were obtained, the fact that the antibody is present in higher amounts in the second peak (which 

also possesses higher purities) corroborates the fact that it is more hydrophobic that most the impurities, 

0
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confirming that a hydrophobicity based separation is appropriate. The best overall results were obtained 

with the HiTrap Butyl FF column by combination of the purity and yields, with a 96.5% purity and 99.6% 

extraction yield for the supernatant, even though the purity obtained for the serum fed system was higher 

with the Butyl HP (62.4% vs 60.2%) the increase in purity is too low to justify the loss in product (the yield 

is only 83.7% if only the fraction with the highest purity is kept). The best results in terms of solely product 

recovery were obtained with the Phenyl resins but they also present the lowest purities and as the 

recoveries do not differ substantially, they are not as attractive purification wise. The low purities obtained 

for the serum separation (62.4% maximum) indicate that it is not the most appropriate technique to 

separate monoclonal antibodies from serum based medium, this is due to the higher amount of impurities 

present, for this type of systems, if this technique was to be adopted it would require further purification 

such as, for instance, an ion exchange chromatography prior to the polishing steps. However the results 

obtained for the supernatant are far more encouraging as the purity is substantially higher (especially the 

96.5% for the Butyl FF resin) and the final purification could perhaps be integrated in the polishing steps. 

These results are particularly relevant since, as previously mentioned, the current tendency in the 

industry is to switch the production towards serum free culture media. The cost of this type of resin is 

lower than the one of affinity resins and the scale-up of column dimensions, while maintaining the resin 

performance, is feasible, therefore it does represent an attractive alternative to the currently used 

platform. It is recommended for the dual purification system to be furtherly tested for its robustness with 

other types of serum free media to verify the dimensions of its applicability. This system could also be 

tested with other salts not only for the HIC step but also for the ATPS, namely citrate or other sulfates (for 

its environmental benefits when compared to ammonium sulfate) or even phosphate as its higher salting 

out effect could allow for lower salt concentrations and to use perhaps lower molecular weight PEGs 

without risking precipitation thus encouraging the proteins to migrate to the PEG rich phase and 

decreasing the impurity burden of the bottom phase which might result in higher post chromatographic 

purities. Finally it would be important to furtherly asses complementary polishing/purification techniques 

envisaging process integration. 

The present thesis revealed that the ATPS/HIC combined system with the 10%PEG 6000-

ammonium sulfate system and the HiTrap Butil FF column is the most promising of the studied 

techniques for the purification of monoclonal antibodies, especially from serum free culture media. 

However, it still requires further studying, optimization and integration. Nevertheless, a one-step 

purification system with affinity ATPS would be more desirable in terms of economy, rapidity of separation 

and continuous operation and, therefore, the pursue for this kind of separation should also be continued.   
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