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Abstract 
The present work studies the impact of polyethylene swelling in reactor behaviour and polymer particle size 

distribution. This study is carried out by adding an inert alkane to polyethylene production in gas-phase and dry 
mode. 

The developed model estimates de polyethylene production and reactor’s conditions, such as temperature and 
bed porosity in steady-state. Ethylene concentration in the active sites is estimated using the Sanchez-Lacombe 
EOS thermodynamic model 

The model was validated through comparison with patent US 6864332 B2. By the results, it is possible to 
conclude that the presence of an inert alkane increases reactor production, decreases reactor temperature and 
increases mean particle size. The bigger the alkane molecule size, the more noticeable the effects are. 
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Introduction 

Polyethylene (PE) is a polyolefin consisting, in its 
simplest form, of a long backbone chain with an even 
number of carbon atoms (covalently linked) and two 
hydrogen atoms attached to each carbon, ending in 
methyl groups. Polyethylene resins can be organized 
into three main categories: high density polyethylene 
(HDPE), low density polyethylene (LDPE) and linear low 
density polyethylene (LLDPE) [1].  

Industrial processes for the production of 
polyethylene (PE) can be divided into different 
categories according to the phase in which the 
polymerization takes place: solution, slurry, gas-phase 
processes, with the latter two being more significant in 
terms of production volumes.  While slurry phase 
processes are commercially important for a number of 
reasons, gas-phase processes are even more widely 
used due to their versatility. They can be used to produce 
resins with a full range of densities, from LLDPE to HDPE 
in the same process [2].  The only type of reactor used 
for the production of different grades of PE in the gas 
phase are fluidized bed reactors (FBR) since this is the 
only type of reactor that allows one to achieve 
commercially pertinent rates of polymerization and at the 
same time to allow sufficient evacuation of energy from 
the reactor [1]. 

A diagram of a typical FBR for PE production is shown 
in Figure 1.  The reactor is essentially an empty cylinder 
with an expansion zone at the top (to reduce the gas 
velocity and help remove any fine particles from flowing 
out of the reactor and into the recycle compressor), and 
a distributor plate at the bottom.  Catalyst (or 
prepolymerized catalyst) is fed into the reactor slightly 
above the distributor plate, and the fluids are typically fed 
through the bottom of the reactor, usually (but not 
always) below the distributor plate. The polymer is 
removed through a product discharge valve, following 
into a series of degassing tanks to separate the 
unreacted monomer and afterwards into a purge column 
to remove and recycle any residual monomer, and 

deactivate the catalyst. The recovered unreacted 
monomer, along with the gaseous outlet of the reactor is 
compressed, cooled and afterwards mixed with fresh 
monomer, hydrogen and eventually other compounds, 
then recycled to the reactor. 

 

Figure 1. Unipol process for polyethylene production. Adapted 
from [2] 

One of the key points in the safe and economical 
operation of an FBR for the production of PE is heat 
removal; a typical commercial scale reactor will generate 
several 10s of megawatts of energy during polymer 
production, and since PE can melt if there are 
temperature excursions, overheating can pose a serious 
problem to smooth operation, and eventually limit the 
rate of polymerization. It is well-known that most of the 
heat generated by the polymerization is removed via the 
gas phase as it flows over the particles in the bed.  
However, this way of cooling the bed is limited by the 
maximum flow rate of gas through the bed; if the flow is 
too low, the bed collapses, and if it is too high, a 
significant fraction of the particles will be blown out of the 
bed and into the recycle stream.  The only other means 
of improving the heat removal capacity of the reactor is 
to alter the physical nature of the feed stream. One 
particular way of doing this is to include chemically inert 
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alkane components in the feed stream to the reactor, 
with higher heat capacity than ethylene and nitrogen (the 
main components of the gas phase in such reactors). 
When the reactor is operated in “dry mode”, adding 
compounds such as ethane, propane or butane in vapour 
form can be used for this purpose (higher alkanes can be 
used as well, but then the feed stream can only be cooled 
so far without condensation taking place). Such 
compounds are often referred to as induced condensing 
agents (ICA). 

Although the initial purpose of adding ICA to the 
reactor is to regulate the liquid stream dew point and/or 
increase vapour stream heat capacity, there is another 
noticeable consequence of great interest as well: the ICA 
is considerably absorbed by the polymer phase. This 
absorption is observed to be primarily a function of the 
fraction of ICA in the gas phase, but also a function of 
the amorphous phase polymer density. This phenomena 
has two main consequences: it alters the polymer 
physically and it changes the ethylene/polymer 
equilibrium [3][4]. 

The adsorption of ICA into the polyethylene is 
observed to modify the polymer physically, by swelling 
and plasticizing it, as well as increasing its density. There 
are temperature gradients within the individual particles 
when they are actively producing polymer. The 
equilibrium absorption of the ICA into the polymer 
decreases with the increase of temperature. The 
desorption involves a latent heat similar to evaporation. 
Thus, when particles reach a hot region and begin to 
overheat, some ICA will desorb from the polymer, 
causing a cooling effect [3]. The ICA can also effect mass 
transfer, as its presence widens the polymer particles, 
aiding the transport of components in and out of the 
particles. This is of the upmost importance, since the vast 
majority of the active sites are not in the outer surface of 
the catalyst/polymer particle. The delivery and 
withdrawal of species having a relatively high thermal 
conductivity may become a mechanism of cooling the 
micro-particle clusters [4].  

The polymer/ICA/ethylene system has an interesting 
interaction between the different components, especially 
when analysing the effect that the ICA has on the 
ethylene solubility in the polymer. To study this system 
interactions, a thermodynamic model is required to 
properly describe these interactions. In the present work 
the Sanchez-Lacombe Equation of State as the polymer-
penetrant thermodynamics are non-ideal [2][5]. 

Since fluidized beds are widely used in many forms, 
one can find numerous models for predicting their 
behaviours in the open literature [6][7][8]. Such studies 
describe fluidized beds in great detail and provide an 
extensive list of empirical correlations which may be 
used to estimate properties of importance when 
designing fluidized bed reactors.  Studies on the 
modelling of FBRs in the specific case of PE production 
are extremely numerous as well, and exhibit many levels 
of complexity [9] [10] [11] . Since this works focus only on 
investigating the impact of adding an ICA on the overall 

reactor behaviour, we will use a simplified approach and 
treat the FBR as a continuous stirred tank reactor. It has 
been shown elsewhere that this simplification has a 
limited impact on the calculation of the final PSD and 
conversion in the reactor [12].  

The supported catalysts used in the polyolefin 
industry are highly porous particles with typical diameters 
in the order of 10–100 μm [2]. The supported catalyst 
particle (macrograin or macroparticle) is composed of an 
assembly of smaller structures, often referred to as 
micrograins (also called microparticles) [2][13][14]. While 
interest in other support types is growing, MgCl2 and 
SiO2 are essentially the only commercially used supports 
at the present time.  

The particle growth begins with a process referred to 
as particle fragmentation. As shown in Figure 2, when 
the reactive species reach the active sites, they start to 
react, forming polymer layers inside the pores of the 
catalyst particle, and the structure of the particle begins 
to evolve.  As polymer accumulates at the active sites, 
the inorganic phase suffers a local build-up of stress at 
different points, and very quickly fragments into a series 
of unconnected mineral substructures held together by a 
polymer phase. This process continues throughout the 
entire support as monomer keeps reaching the active 
sites and polymer builds up. This kind of fractioning is 
well known and described in several references 
[14][15][16][17]. 

 

Figure 2. Particle growth evolution. Adapted from [2].  

One consequence of this catalyst fragmentation 
mechanism is the replication phenomenon, where the 
PSD shape of the polymer particles is duplicated by the 
polymer PSD. This is a very important phenomenon, 
since it allows to easily predict the polymer PSD 
[2][18][19].. 

Once fragmentation occurs, the particle growth step 
begins.  The polymer particle grows by expansion: the 
newly formed polymer at the active sites displaces the 
previously formed polymer [2].  

There are several models in the open literature that 
describe the particle growth and polymer particle size 
distribution [10][20][21].  

Model Description 

The present model consists of the merging and 
upgrading of two existing models developed by Cecílio 
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[22]. The base models consist of a Particle Size 
Distribution (PSD) model and a gas-phase polyethylene 
FBR model. The PSD model calculates the PSD of the 
polymer particles produced with heterogeneous Ziegler-
Natta catalysts. The model developed by Cecílio [22] is 
adapted for a slurry phase reactor. However, a simple 
adaptation can be made to apply the same model in 
FBR’s. The reactor model emulates the behaviour of a 
FBR reactor for the production of polyethylene.  

The model presented in the following section 
describes the operation of a gas-phase HDPE 
production reactor in dry mode through a series of mass 
and heat balances.  

Reactor Model 

The mass and heat balances in the present model are 
based on a set of problem definitions and assumptions, 
described below. 

Problem Definition: 

 1 gaseous inlet consisting of ethylene, an inert heavy 
alkane and nitrogen; 

 1 solid inlet stream consisting of catalyst particles, 
with negligible amounts of carrier;  

 1 gaseous outlet containing non-reacted ethylene, 
inert heavy alkane and nitrogen; 

 1 solid outlet containing the polymer phase, 
consisting of the polymer and catalyst particles with 
dissolved ethylene and alkane; 

 Due to the heat transfer, 2 different outlet 
temperatures are considered, one for the gaseous 
outlet (𝑇𝑏)and another for the polymer phase outlet 

(𝑇𝑠); 

Assumptions:   

 The residence time distribution of the particles is 
assumed to be that of an CSTR operating in steady-
state; 

 The catalyst particles are considered spherical; 

 Catalyst activation is considered to be instantaneous; 

 Elutriation of solids is neglected; 

 The thermodynamic equilibrium is achieved 
instantaneously and the polymer particles are 
considered fully mature; 

 The gas-phase keeps a constant concentration of 
ethylene, nitrogen and ICA;  

 Ethylene and ICA solubility dependence on 
temperature is neglected within each range of 
temperature; 

 Nitrogen solubility in the polymer phase and impact 
on ethylene solubility are neglected; 

 Convective heat transfer is considered between the 
catalyst/polymer particles and the bulk gaseous 
phase; 

All gas thermal properties were obtained using 
correlations from Reid et al. [9]. 

The reaction rate assumed for the polymerization was 
proposed by Floyd and is written as follows: 

 𝑅𝑝 = 𝑘𝑝 ∙  𝐶∗ ∙ 𝐶𝐸𝑡
𝑃  (1) 

 
𝐶∗ =

𝐶0
∗

1 + 𝑘𝑑 ∙
𝑉𝐶

𝑄𝑐

 
(2) 

Where 𝑘𝑝represents the kinetic rate constant, 𝐶∗ is 

the active sites concentration on the catalyst (given by 
equation (2)) and 𝐶𝐸𝑡

𝑃  represents the ethylene 
concentration inside the polymer phase. This last 
parameter is of the utmost importance and an estimation 
is needed in order to predict the polymer production. In 
equation (2), 𝐶0

∗ is the initial active sites concentration 

and 
𝑉𝐶

𝑄𝑐
 can be interpreted as the catalysts residence time.  

The resulting mass balances are applied to the 
various compounds, namely: ethylene and ICA, 
accounting for the amount solubilized in the polymer; 
nitrogen and the polyethylene; and the catalyst’s active 
sites concentration. It is important to mention the use of 
Arrhenius Law to predict catalyst deactivation and the 
kinetic rate constant at the reaction temperature. 

 The production of PE is estimated according to the 
following expression (kg/s):  

 𝑄𝑃𝐸 = 𝑅𝑝 ∙ 𝑉𝑐 ∙ 𝑀𝑊𝑒𝑡 (3) 

 

The catalyst productivity is defined by equation (4) 
(gpolymer/gcatlyst):  

 𝑃𝑟𝑜𝑑𝑢𝑐𝑡𝑖𝑣𝑖𝑡𝑦 =  
𝑄𝑃𝐸

𝑄𝐶

 (4) 

Inside the reactor two temperatures can be observed: 
The bulk temperature (𝑇𝑏) and the solid particles 

temperature (𝑇𝑠). Therefore, two heat balances are 
required, one to the solid particles and one to the reactor 
global heat.  

The heat balance to the solid particles can be written 
as follows:  

 ∆𝐻𝑝𝑜𝑙𝑦𝑚 = ℎ ∙ 𝐴𝑝 ∙ (𝑇𝑠−𝑇𝑏) (5) 
 

Where ∆𝐻𝑝𝑜𝑙𝑦𝑚 is the heat of reaction, ℎ represents 

the convective heat transfer coefficient (estimated 
according to [23]) and 𝐴𝑝 the heat transfer area. 

The reactor general heat balance is written as follows:   

 ∆𝐻𝑖𝑛 − ∆𝐻𝑜𝑢𝑡 + ∆𝐻𝑔𝑒𝑛𝑒𝑟𝑎𝑡𝑒𝑑 = ∆𝐻𝑎𝑐𝑐𝑢𝑚𝑢𝑙𝑎𝑡𝑖𝑜𝑛 (6) 
 

Reference State: 

 Reference Temperature – Inlet Temperature (𝑇𝑖𝑛); 

 Reference Pressure – Reactor working pressure; 

 Gaseous ethylene, nitrogen and alkane; 

 Solid catalyst; 

 Amorphous polyethylene. 

Assuming this reference state and that the operation 
is occurs in steady state, the heat balance in equation (6) 
is reduced to: 

 −∆𝐻𝑜𝑢𝑡 + ∆𝐻𝑔𝑒𝑛𝑒𝑟𝑎𝑡𝑒𝑑 = 0 (7) 
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The pressure drop was calculated using Ergun’s 
equation [24].  

The superficial velocity, 𝑢𝑚𝑓, is the minimum 

superficial gas velocity at which fluidization occurs. The 
terminal velocity of the particles (𝑢𝑡) is the velocity at 
which transport occurs and both were estimated using 
the methods presented in [8].  

The porosity of the bed was predicted in a simplistic 
fashion by taking advantage of the linear relationship 
between the superficial velocity and the bed porosity.  

With the 𝑢𝑚𝑓  and 𝑢𝑡 a linear relationship between the 

bed porosity and the superficial velocity was found. The 
bed porosity is then calculated with this new found 
equation, using the superficial velocity (see Figure 3).  

 

Figure 3. Bed porosity vs Fluid superficial velocity (adapted 
from [8][25])  

The superficial velocity (𝑢) (m/s) is obtained in the 
usual manner: 

 
𝑢 =

𝑄𝑣

𝐴𝑆

 (8) 

Where 𝑄𝑣 represents the volumetric flow and 𝐴𝑆 the 
reactor’s cross area. 

Particle Size Distribution 

Soares model [18] was developed for CSTR. 
However, one of the main assumptions in this work is 
that the RTD of the solids for the considered FBR is 
approximated to the one of a CSTR. The model 
equations developed by Soares [18] remain applicable.  

The following assumptions were made when 
developing this model [18]: 

 All active sites on the catalyst have the same 
propagation constant; 

 The concentration of active sites is uniform 
throughout the catalyst and polymer particles; 

 The catalyst possesses only stable active sites that 
do not suffer deactivation; 

 The catalyst particle shape is considered to be a 
sphere; 

The particle size can be obtain using equation (10): 

 𝑑𝑝 = 𝑑𝑐  (1 + 𝛼 𝑡)1/3 (9) 
q 

Correspondent to this particle size, there is a particle 
population given by equation (11). 

 
𝐹(𝑑𝑝) =

3(1 + 𝛼 𝑡)1/3

𝛼 𝐷𝑐

𝑒−𝑡/𝜏

𝜏
 (10) 

Wherein, 

 
𝛼 =

𝑘𝑝 𝐶𝐸𝑡
𝑃  𝐶∗𝑀𝑊𝐸𝑡

𝜌𝑝𝑜𝑙

 (11) 
q 

Where 𝐷𝑝 is the diameter (cm) of the polymer particle, 

𝐷𝑐 is the diameter of the catalyst particle (cm), 𝑡 is the 

reaction time (min), 𝜏 is the average residence time of 

the reactor (min) and 𝛼 is a combined kinetic parameter. 
In equation (12) 𝑘𝑝𝑟𝑜𝑝 is the average propagation 

constant (cm3.mol-1.min-1), 𝐶𝐸𝑡
𝑃  is the monomer 

concentration in the polymer phase (at the active sites) 
(mol.cm-3), 𝐶∗ is the active sites concentration in the 

catalyst (mol.cm-3), 𝑀𝑊𝐸𝑡 is the molar mass of the 

monomer (g.mol -1 ) and 𝜌𝑝𝑜𝑙 is the specific weight of the 

obtained polymer (g.cm -3). 

However, the main limitation of the model, is that it 
was developed for one catalyst particle, while in reality 
the catalyst presents its own PSD. As such, an algorithm 
was developed to discretize the PSD and include de 
importance of this contribution.  

The algorithm starts with the establishment of small 
intervals to categorize the polymer particles.  Then, for 
each catalyst size, the polymer particle size is compared 
to the intervals frontiers to decide if it fits in that interval. 
If it does, then the population in that interval increases, 
but not before it is affected with the volume fraction 
corresponding to its original inlet catalyst.  This allows for 
a more comprehensive view of the particle size 
distribution of the polymer that is being produced, by 
simulating a catalyst feed with different particle sizes. 

From the particle size distribution, it is also possible 
to obtain the most common particle size of the polymer 
phase, which is considered to be particle diameter (𝑑𝑝) 

for all calculations. For this step, an algorithm was 
developed that compares the population of each interval 
and selects the one with the largest population.  

Model Implementation 

The model was implemented using Matlab®. For the 
development of the code, there were two main concerns: 
The need to use a solver that allows a set of non-linear 
equations and the need to iterate the mean particle size 
(𝑑𝑝), since the mean diameter of the particles is obtained 

from the polymer PSD, which is computed after the 
reactor equations. 

To solve the reactor equations, Matlab’s Optimization 
Toolbox’s fsolve function was used. This function 
requires a matrix with the initial guess for every variable, 
since all the equations are solved simultaneously. 
Consequently, an auxiliary and simplified version of the 
model was developed in Microsoft Excel® to obtain the 
required initial values.  
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To assemble the model an iterative cycle is proposed, 
as seen in Figure 4.  

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Results  

The common parameters used in all simulations are 
summarized in Table 1. The properties of the gas phase 
calculations were based on[23][26]. 

ICA effect on ethylene solubility and polymer density 

Using the SL-EoS based solubility and polymer phase 
density, concentration of each gaseous component in 
the polymer phase and amorphous polymer density in 
ternary systems was calculated and the results are 
shown in Figures 5 and 6. The increase in the ICA partial 
pressure in the gas phase leads to the increase of 
ethylene concentration in the polymer phase. In addition, 

the higher the carbon number of the ICA the higher is the 
ethylene concentration in the polymer phase at the same 
conditions. This observation can be attributed to the co-
solvent effect of alkanes on the solubility of ethylene 
which manifest itself in multicomponent gases/polymer 
systems and is well known in the open literature. An 
increase in temperature leads to lower ethylene solubility 
in the polymer phase.  

 

Figure 5. ICA effect on the concentration of ethylene in 
the polymer phase at 70º C and 80º C obtained from 

the SL-EoS in ternary (ethylene(1)/ICA(2)/PE(1)) 
systems. 

Figure 6. ICA effect on polymer density at 70ºC and 80ºC 
obtained from the SL-EoS in ternary 
(ethylene(1)/ICA(2)/PE(1)) systems. 

From Figure 6 it can be noticed that the higher the 
carbon number of the ICA the lower is the polymer phase 
density at given conditions which is in agreement with the 
discussion made above. For the ease of calculations, 
correlations were developed for the ethylene and ICA 

concentration in the polymer phase (𝐶𝐸𝑡
𝑃  and 𝐶𝐼𝐶𝐴

𝑃 ) and 
the polymer density.  

Model Validation 

The model validation was carried out by replicating 
the example 7C of the patent US 6,864,332 B2 [27]. The 
data used is shown in table 2.  

 Table 1. Data used in the validation of the model [27]. 

Reactor Abs. Pressure (bar) 22.4 
Inlet Temperature (ºC) 35 
Inlet gas flowrate (kg/s) 335 
Inlet Catalyst flowrate (kg/s) 0.0024 
Ethylene Partial Pressure (bar) 7.8 
Propane Partial Pressure (bar) 4.3 
Iso-butane Partial Pressure (bar) 3.3 
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Table 2. Properties of the solid phase, reaction parameters and reactor properties. 

Parameter Units Value Reference 

Reactor Diameter, d   m 4.75 [27] 
Reactor Bed Height, hb m 13.3 [27] 
Catalyst type - Ziegler Natta [28] 
Catalyst Particle Diameter, dc µm 49; 55; 63 [28] 
Initial Catalyst Active Site Concentration, C0*  mol/m3

c 0.52 [28] 
Catalyst Density, ρc kg/m3 2300 [28] 
Catalyst Heat Capacity, Cp,c  J/(kg.K) 2000 [28] 
Polymer Heat Capacity, Cp,p  J/(kg.K) 2000 [28] 
Kinetic rate constant, kp 

80ºC m3/(mol.s) 180 [28] 
Kinetic propagation constant, kprop m3/(mol.min) 1.87x1010 [28] 
Catalyst deactivation rate constant, kd 

80ºC  s-1 1 x 10-4 [28] 
Reaction Activation Energy, Ea J/mol 42000 [28] 
Catalyst Deactivation Energy, Ed  J/mol 42000 [28] 
Heat of Reaction, ∆Hpol J/mol -107600 [28] 
Minimum Fluidized Bed Porosity, εm.f. - 0.476 [8] 
Reference Temperature Tref K 80 - 

Since in the example there are two ICA, some minor 
alterations were made to the reactor equations. All 
equations regarding the ICA are still written in the same 
fashion, but accounting for two ICA compounds instead 
of one. For the ethylene concentration in the amorphous 

polymer (𝐶𝐸𝑡
𝑃 ), a blunt approximation was made. 𝐶𝐸𝑡

𝑃  is 
estimated using a combination of the equations obtained 
for each of the separate ICA. The solubility of ICA in the 
polymer was considered to not be affected by the 
presence of another ICA. 

The following Table 3 shows the comparison between 
the results presented in example 7C [27] and the results 
obtained in the simulation.  

Table 3. Comparison between the results presented in 
example 7C [28] and the simulation (Sim.) and the 

corresponding variation (Δ). 

 7C Sim. Δ (%) 

PE Production Rate (ton/h) 28.9 30.1 4.2 

Reactor Temperature (ºC) 88 88 0.0 

Superficial Velocity (m/s) 0.75 0.75 0.0 
 

Analysing the results presented it is evident that the 
developed model is a good approximation of reality. The 
slight difference in the polyethylene production rate can 
be explained by use of a different catalyst and due to the 
solubility values only availability at 70ºC for propane and 
80ºC for iso-butane and the reactor operates at 88ºC. 
Based on the current results and available information, 
the model can be considered reasonably valid. 

Simulation I 

The initial simulation considered a fixed inlet catalyst 
and gas flow and aim to disclose how the presence of 
ICA affects the reactor’s parameters, such as 
temperature, rate of production, ethylene conversion and 
product PSD. Table 4 summarizes the used values. 
Nitrogen was used to achieve the desired reactor 

pressure and keep it constant throughout the 
simulations. 

The results for simulation I are presented in Figures 7 
to 11. 

Table 4. Simulation I reactor parameters. 

Reactor Abs. Pressure (bar) 20 

Inlet Temperature (ºC) 35 

Inlet gas flowrate (mol/s) 10000 

Inlet Catalyst flowrate (kg/s) 0.0011 

Ethylene Partial Pressure (bar) 7 

Propane Partial Pressure (bar) 0 to 7 

Iso-butane Partial Pressure (bar) 0 to 4 
 

 

Figure 7. Effect of ICA on reactor bulk and solids temperature 
for simulation I. 

In Figure 7 the temperature decreases with the 
increase of ICA. This is due to the ICA increasing the 
global specific heat of the gas-phase. It is possible to 

65

70

75

80

85

90

0 1 2 3 4 5 6 7

B
u

lk
 T

e
m

p
e

ra
tu

re
 (

ºc
)

ICA Partial Pressure (bar)

Bulk Temperature Propane

Bulk Temperature Iso-butane

Solids Temperature Propane

Solids Temperature Iso-butane



7 
 

observe that for the same pressures, iso-butane has a 
slightly higher cooling effect. This happens because 
specific heat of iso-butane is higher than the specific heat 
of propane. It is also interesting to observe that although 
the bulk temperature of the reactor when using iso-
butane is lower than when using propane, the solids 
temperature is higher when compared to the propane 
simulation. This can be explained by the more 
pronounced co-solubility effect that iso-butane has in the 
system. The bigger the effect of co-solubility, the higher 
ethylene concentration in the polymer phase. That leads 
to higher PE production rates, which releases more heat 
of reaction. Figure 8 shows the effect of ICA in the PE 
production rate.  

 

Figure 8. Effect of ICA on PE Production rate. 

 

Figure 9. Effect of ICA on ethylene per pass conversion. 
Values regarding simulation I. 

Figures 8 and 9 allows to conclude that the production 
rate, and consequently the ethylene conversation, 
increase with the presence of more ICA, which 
consolidates the results shown in Figure 7.  

It is interesting to observe the different shapes of the 
curves. This is a result of the different effect that iso-
butane and propane have on the ethylene solubility in the 
polymer phase. Iso-butane is a bigger molecule and 
induces a higher co-solubility effect than propane. 

. In terms of production rate, using 4 bar of propane 
leads to a 7% increase. Contrasting with this value, the 
same amount of iso-butane leads to a 15% increase. In 
fact, even when using 7 bar of propane, the production 
is still lower than when using 4 bar of iso-butane. This is 
again a direct consequence of the co-solubility effect.   

Figure 10. Effect of ICA on polymer PSD for simulation I. 

In this simulation the mean particle size of the 
polymer decreases with the increase of ICA. This is a 
consequence of the solids temperature decrease, a 
highly important parameter in the PSD algorithm. In fact, 
an increase in the mean particle size could also be 
expected. Analysing the PSD equations (9) to (11), it is 
easy to assume that the increase in ICA partial pressure 
would lead to bigger particle sizes. However, the rise in 
ICA partial pressure and consequent increase in 
ethylene solubility in the polymer phase are proven to 
have a less significant effect than the solids temperature 
in the polymer PSD model. This can also be seen in 
Figure 19. 

 

Figure 11. Effect of ICA on reactor pressure drop for 
simulation I. 

The pressure drop in the reactor increases with the 
increase of ICA present. This is an expected behaviour. 
Ergun’s equation [24] shows that the decrease of particle 
size will lead to the increase of pressure drop. As seen 
from Figure 10 the mean particle size decreases with the 
increase of ICA, leading to a higher pressure drop.  

Both the superficial velocity and bed porosity 
maintained constant values regardless of the ICA 
pressure and alkane used. The simulation presents a 
bed porosity of 0.6 and a superficial velocity of 0.8 m/s. 

Simulation II 

Simulation II consist of keeping the reactor production 
rate and temperature constant while varying the partial 
pressure of ICA. This allows to understand better the 
implications of adding ICA into a current process, since 
the production rate might need to be kept in the existing 
facility. The values used in this simulation are presented 
in table below.  
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Table 5. Simulation III reactor parameters. 

Reactor Abs. Pressure (bar) 20 

Inlet Temperature (ºC) 35 

Reactor temperature (ºC) 70 

PE Production rate (ton/h) 15.8 

Ethylene Partial Pressure (bar) 7 

Propane Partial Pressure (bar) 0 to 9 

Iso-butane Partial Pressure (bar) 0 to 4 
 

The results for this simulation are presented in figures 
12 to17.  

The results obtained in Figure 12 and 13 are 
expected. Since the ICA has a cooling effect in the 
reactor (see Figure 7), it is necessary to decrease the 
inlet gas flowrate to maintain the temperature at 70ºC. 
However, a decrease in the inlet flowrate leads to a 
decrease in production. Therefore, it is also necessary to 
increase the catalyst feed. 

 

Figure 12. Effect of ICA on catalyst inlet flowrate. Values 
regarding simulation II. 

 

Figure 13. Effect of ICA on gas inlet flowrate. Values 
regarding simulation II. 

Figure 14. shows that productivity of the catalyst 
decreases with the increase of the ICA partial pressure, 
but not because of the change in the ICA partial 
pressure. The decrease in catalyst productivity is related 
to the decrease of the inlet gas flowrate, which leads to 
less ethylene being available.  

In Figure 15 the ethylene per pass conversion is 
shown. The same amount of PE is being produced, but 
a higher amount of catalyst is necessary to guarantee the 
production rate. The ethylene conversion is increasing, 

since a constant amount of PE is being produced, but the 
inlet flow of ethylene is decreasing. 

Figure 14. Effect of ICA on productivity. Values regarding 
simulation II. 

 

Figure 15. Effect of ICA on ethylene per pass conversion. 
Values regarding simulation III. 

 

Figure 16. Effect of ICA on bed porosity. Values regarding 
simulation II. 

There is a decrease in superficial velocity, due to the 
change in gas inlet flowrate. In this simulation the 
superficial velocity decreases from 0.95 to 0.6 m/s, which 
leads to a contraction of the bed, as seen in Figure 16. 
Even though there is a major decrease in gas inlet 
flowrate, the conditions still ensure full bed fluidization. 
Targeting the simulation with propane at 9 bar (lowest 
inlet gas flowrate), we can observe that the bed porosity 
remains well above the minimum fluidization porosity of 
0,476.  

Figure 17 shows the results for the polymer PSD. 
Analysing it, it becomes clear that the mean particle size 
increases with the presence of more ICA,  contrasting 
Figure 10. Since the temperature is kept constant it is 
possible to observe the co-solubility effects, which lead 
to higher ethylene concentration in the polymer phase.  
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Figure 17. Effect of the ICA on polymer PDS for simulation II. 

Simulation III 

Simulation III allows to observe the effect of the ICA 
on the polymer PSD, since the simulations were ran 
using only the PSD model, keeping ethylene 
concentration and bulk temperature fixed.  

When the temperature is kept constant at 80ºC, the 
ICA’s used are n-hexane (partial pressure between 0-1 
bar) and iso-butane (partial pressure between 0-4 bar). 

 

Figure 18. Effect of ICA on polymer PSD at 80ºC (zoomed). 
Values regarding simulation III 

The difference caused by the ICA in the PSD is not 
very striking. It is clear that the increase of ICA leads to 
bigger particles. However, it is obvious that the heavier 
alkane (n-hexane) is responsible for a higher increase in 
the average particle size than the lighter alkane (iso-
butane). This difference is so pronounced that to get 
similar PSD where the mean particle size increases 7% 
one must use 1 bar of n-hexane or 4 bar of iso-butane. 
This is a direct effect of co-solubility phenomena. The 
following Table shows the average particle sizes for each 
ICA.  

Table 6. Average particle size for iso-butane and n-hexane at 
80ºC. 

 
Partial 

pressure (bar) 
Average particle 

size (μm) 

No ICA - 380 

iso-butane 1  400 

iso-butane 4 430 

n-hexane 1 430 
 

To further investigate about the temperature effect, 
Figure 19 shows a comparison of the polymer PDS using 
iso-butane at a partial pressure of 4 bar at 70ºC and 
80ºC.  

Figure 19 shows that the temperature is a parameter 
of much higher importance in the polymer PSD. Even 
though at 70ºC the concentration of ethylene in the 
polymer phase is higher than at 80ºC, the polymer still 
exhibits smaller particles. The average particle size 
increases 5% when the temperature is increased by 10 
ºC.   

 

Figure 19. Effect of temperature in polymer PDS for iso-
butane (partial pressure 4 bar). 

Conclusions 

A mathematical model was developed for the study of 
the impact of ICA on the production, reactor behaviour 
and polymer PDS.  

The model has been validated and has shown a good 
agreement with chosen example. 

The results show that all reactor parameters are 
sensitive to the presence of ICA. The presence of ICA 
increases the concentration of ethylene in amorphous 
polymer phase and decreases its density.  When the inlet 
flow is maintained constant, the increase of ICA partial 
pressure decreases reactor temperature and increases 
productivity, production, ethylene conversion and 
pressure drop. When production and reactor 
temperature are kept constant, the gas inlet flowrate 
decreases, but an increase in catalyst inlet flow is 
observed. There is also bed contraction, due to the 
decrease in superficial velocity and an increase in the 
particle size. The temperature is shown to have a greater 
impact on polymer PSD than the effects of co-solubility.  

In future development this model would benefit from:  

 A PSD model that accounts for the catalyst sites 
deactivation; 

 A detailed model for the bed fluidization;  

 Modelling of the condensed mode operation;  

 Incorporation of a reliable thermodynamic model 
that allows the user to consider more components 
in the reactor.  

The evaluation of the cost/benefit of further 

developing this model by introducing more complexity is 

also an important issue to be taken into account. 
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