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Abstract 

Polyhydroxyalkanoates (PHAs) are biodegradable and biocompatible polyesters synthesized by several microorganisms and stored 
intracellularly as energy reserves, under excess of carbon source and limitation of an essential nutrient.  
Burkholderia sacchari was used to produce poly-3-hydroxybutyrate, P(3HB), in a two-stage continuous systems using glucose as carbon 
source. At a dilution rate of 0.10 h-1 P(3HB) accumulation reached a maximal P(3HB) concentration, P(3HB) content and P(3HB) yield on 
glucose of 41.9 g/L, 52.3 % and 0.31 g/g, respectively, corresponding to a maximum P(3HB) productivities of 2.21 g/(L.h). This is one of the 
highest P(3HB) productivities  reported in literature. A mathematical model describing the two-stage continuous system featuring solely 
biomass production in the first bioreactor and polymer production in the second was constructed and validated. 
For the first time a three-stage continuous cultivation process aiming at high productivities of poly-3-hydroxybutyrate and conversion yields of 
glucose/xylose mixtures simulating lignocellulosic hydrolysates is described. Maximum P(3HB) concentration and biomass content of 22.3 g,L 
and 31.9 %, respectively, were obtained at a dilution rate of 0.1 h-1 corresponding to a maximum overall P(3HB) productivity and yield of 
polymer on glucose and xylose of 0.90 g/(L.h) and 0.10 gP(3HB)/gglucose+xylose, respectively. These were not promising results and further studies 
are needed to improve the performance of the three-stage bioreactor system.  
Key words: B. sacchari, Poly-3-hydroxybutyrate (P(3HB)), continuous production, multi-stage bioreactor cultivation, mathematical model 

 

 

1. Introduction 
 

The extensive use of synthetic, petroleum-derived plastics 
has created an environmental problem because these materials 
take several decades to degrade and accumulate in the 
environment at a rate of 25 million tons per year [1]. Around 
the 70s, polyhydroxyalkanoates (PHAs) arose as good 
substitutes for conventional petroleum-based plastics as they 
have similar physical properties to various thermoplastics and 
elastomers. PHAs are biologically produced macromolecules 
(polyesters with molecular weights from 5x104 to 2x106 Da), 
biodegradable and biocompatible thermoplastics [2]. They are 
produced by a wide range of microbes under unbalanced 
growth conditions such as the presence of excess carbon 
source and the limitation of at least one essential nutrient, like 
phosphorus, nitrogen, oxygen among others. These polymeric 
chains accumulate in the cytoplasm as granules and they 
function as carbon and energy storage materials. Bacteria are 
the most common microorganisms used to produce PHA and 
poly-3-hydroxybutyrate, P(3HB), are the most studied 
homopolymer which is formed by the condensation of the 
monomer 3-hydroxybutyric acid [3]. 

Due to the current high production costs, PHAs are more 
expensive than conventional petroleum-based plastics. In 
2011, the prices for PHAs were in the range of 3.7 - 4.5 
euro/kg, while conventional polyolefins, such as, 

polyethylene and polystyrene were in the range of 1.38 - 1.63 
euro/kg [4]. For cell growth and PHA accumulation, the main 
carbon source could account over 40% of the total production 
costs. The choice of the carbon sources is then crucial to 
produce PHAs at competitive prices at industrial scale [5]. 
Carbon sources like lignocellulosic materials are a promising 
choice because they are inexpensive, the most abundant 
renewable resource on the planet and they have no competing 
food value. Lignocellulosic materials consist of lignin, 
cellulose and hemicellulose. Cellulose and hemicellulose are 
an exceptional source of carbon after hydrolysis to 
monomeric sugars, such as, pentoses and hexoses.  

Burkholderia sacchari DSM 17165 was the strain selected 
for the purpose of this study because it is able to use both 
glucose and xylose, the main sugars in lignocellulosic 
hydrolysates, for P(3HB) accumulation with remarkably high 
conversion yields. 

For the first time a three-stage continuous cultivation 
process for poly-3-hydroxybutyrate production from glucose/ 
xylose mixtures simulating the composition of lignocellulosic 
hydrolysates is described. 

The first bioreactor provides a constant supply of PHA-
free cells to the second bioreactor where polymer production 
based on the sugar mixture takes place. In the third 
bioreactor, polymer production occurs based solely on the 
unused xylose that leaves the second bioreactor. This three-
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stage system aims to attain an effective consumption of the 
total sugars in the sugar mixture. Prior to the continuous 
three-stage bioreactors assays a study with only two-stage 
bioreactors and glucose as carbon source was performed to 
gain knowledge on the continuous system and to be able to 
determine the dilution rate at which maximum P(3HB) 
production is attained. The kinetic parameters related to 
growth and P(3HB) production were determined similarly to 
what was carried out by Du et al., 2001  in a two-stage 
bioreactor continuous system with Cupriavidus necator on 
glucose [6], [7]. Based on the kinetic parameters, a 
mathematical model was constructed for the two-stage 
bioreactor system in order to predict the optimum conditions 
to attain maximum P(3HB) productivities. 

 
2. Materials and Methods 
2.1. Microorganism, strain storage and inoculum preparation  

B. sacchari DSM 17165, a strain able to grow and 
accumulate large amounts of PHAs on the main sugars 
present in lignocellulosic hydrolysates, namely glucose and 
xylose, was used throughout this work. Cultures of B. 
sacchari were stored at -80 ºC in 2 mL cryovials. All the 
inocula used were prepared as reported by Cesário et al., 
2014 [4]. 

 
2.2. Cultivation media and carbon source 

B. sacchari DSM 17165 was cultivated in basal mineral 
medium as previously described  [4]. 

All experiments in the two-stage continuous system were 
carried out using glucose and for the three-stage continuous 
system assays a mixture glucose/xylose was also used. The 
feed solution 1, provided to the first bioreactor, was 
composed by the initial mineral medium using a 3.6 g/L 
KH2PO4 (in order to guarantee an effective cell growth and 
minimized P(3HB) accumulation) and 68 g/L glucose. The 
glucose solution and the ten times concentrated mineral 
medium were prepared and sterilized separately. and the After 
cooling the mineral medium solution was added aseptically to 
the glucose solution and well mixed. The feed solution 2 was 
provided to the second bioreactor. Two different solutions 
were prepared according to the study performed. For the two-
stage continuous system study, the feed solution 2 was a 
glucose solution with a concentration of 680 g/L, while for 
the three-stage continuous system study the feed solution 2 
was a solution with a concentration of 444 g/L in glucose and 
556 g/L in xylose. 

 
2.3. Two-Stage Continuous Bioreactors Experiments 

The cultivations with two-stage continuous bioreactors 
were performed in two 2 L stirred-tank reactors (New 
Brunswick Bioflow 115), equipped with 2 six-bladed disk-
turbine impellers and operated using the BioCommand Batch 
Control software which enable control, monitoring and data 
acquisition. The bioreactors were started-up batch-wise with 
the initial medium and a glucose concentration of 50 g/L and 
were inoculated (5.0% (v/v). After inoculation, the volume of 
the culture was 1.0 L. When the desired cell concentration 
was reached, the system was switched to a continuous mode 
by starting to feed the first bioreactor with the feed solution 1 
and transferring the broth from the first-stage to the second 
bioreactor by using a Master Flex (Model 77200-12) 
peristaltic pump equipped with a Master Flex (Model 7518-
00) pump head. The volume of the first bioreactor was kept 
constant at approximately 1.0 L by placing an outlet tube at a 

desired level above the cultivation broth taking into 
consideration the gas hold-up and agitation. The outlet flow 
from the second bioreactor was removed by a Master Flex 
(Model 7521-00) peristaltic pump equipped with a Master 
Flex (Model 7518-60) pump head. A similar construction to 
the first bioreactor was carried out in order to achieve a 
constant volume of 1.2 L. The second-stage was also fed by 
feed solution 2 with a flow rate that allowed a glucose 
concentration in the outflow of the second bioreactor around 
20 g/L. Temperature and pH were controlled at 32 ºC and 6.8, 
respectively. A 30% (v/v) solution of NH4OH was used to 
control the pH during the fermentation. The aeration rate used 
was 2.0 Lair/min and the dissolved oxygen set-point was 20 % 
saturation. In order to maintain the dissolved oxygen 
concentration (DOC), the stirring speed was controlled in 
cascade mode by the DOC, keeping the aeration rate constant. 
An anti-foam solution was also added to the bioreactors 
(Simethicone Emulsion USP, Dow Corning) in order to avoid 
foam formation in the culture medium. This solution was 
added either by using a foam sensor in the bioreactor or added 
continuously (by pulses). Under these cultivation conditions, 
phosphate became the limiting substrate in the second 
bioreactor leading to P(3HB) accumulation. Figure 1 shows the 
experimental setup of the two-stage continuous culture 
system. 

 
Figure 1 - Experimental setup of the two-stage continuous system. 

2.4. Three-Stage Continuous Bioreactors Experiments 
The experiments performed to study the P(3HB) 

accumulation in the three-stage continuous system were 
carried out by the two bioreactors, described in section 2.3, 
connected to a third bioreactor. The latter was a 2 L B. Braun 
Culture Vessel M2 equipped with 2 six-bladed disk-turbine 
impellers, coupled to a B. Braun digital control unit DCU 
type 884201/9 and a Biostat MD type 884402/0. This 
bioreactor was also started-up in batch mode, although its 
volume after inoculation was 1.8 L. The aeration rate, 
temperature, pH and dissolved oxygen concentration were 
controlled as described in section 2.3. Figure 2 shows the 
experimental setup of the three-stage culture system. 

	  
Figure 2 - Experimental setup of the three-stage continuous system. 

2.5. Culture Samples  
Culture samples (10 mL) were harvested three to four 

times per day, in order to analyse the biomass, polymer, 
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glucose and phosphate concentrations and, in the case of the 
three-stage continuous experiments, also the xylose and  
xylitol concentrations. 
 
2.6. Analytical Procedures   

Cellular growth was monitored off-line by measuring 
optical density (OD), at 680 nm, and cell dry weight was 
determined as previously described before [4]. 

Glucose, xylose, xylitol and phosphate concentrations 
were determined off-line by HPLC as described before. The 
polyhydroxyalkanoates quantification was carried out by gas 
chromatography (GC), as reported before [4].. 
 
3. Results and discussion 
3.1. Two-Stage Continuous Production of P(3HB) 
 

3.1.1. Effect of the dilution rate in the first bioreactor 
In this two-stage continuous system R1 was operated 

under phosphate rich conditions and glucose limitation while 
in R2 conditions were created to promote P(3HB) 
accumulation, by limiting the phosphate available and 
guaranteeing a surplus of glucose in the culture medium. 
Different dilution rates were tested (Table 1) and for each one 
the experimental data analyzed to find a steady state.  

 
Table 1 - Experimental dilution rate studied on the two-stage system. 

D1 (h-1) 0.10 0.15 0.21 0.24 0.26 0.28 0.31 0.32 
D12 (h-1) 0.079 0.122 0.150 0.172 0.216 0.228 0.250 0.266 
Di2 (h-1) 0.014 0.024 0.020 0.022 0.016 0.024 0.018 0.012 
D2 (h-1) 0.10 0.15 0.17 0.20 0.23 0.25 0.27 0.28 

Figure 3 suggests that CDW was not affected by the 
dilution rate in the range of 0.10-0.28 h-1, attaining a value of 
approximately 31 g/L. At dilution rates above 0.28 h-1, the 
CDW started to decrease and it dropped to 20.7 g/L at 0.32 h-

1. 

 
Figure 3 - Effect of dilution rate on residual glucose concentration (◆), CDW 
(▲), P(3HB) concentration (●) and phosphate concentration (■) in the 
first-stage bioreactor, under phosphate-rich conditions. 

 
Glucose concentration was zero until dilution rate reached 
0.21 h-1 and started to increase at higher dilution rates. It 
increased quickly when the dilution rate approached 0.32 h-1, 
which could indicate that this dilution rate was close to the 
wash-out point of the continuous culture system. With the 
increase of dilution rate, phosphate concentration increased. 
A residual concentration of P(3HB) of circa 5 g/L ( approx. 
15 % of the CDW) was obtained for all the dilution rates 
tested  even in the presence of  phosphate , suggesting that B. 
sacchari has a mechanism which leads to a residual P(3HB) 
accumulation even under phosphate-rich conditions. For a 
two-stage bioreactor system, Du et al., 2001 [7] obtained for 
the first bioreactor a maximum residual biomass 
concentration of 27.1 g/L at a dilution rate of 0.21 h-1using as 
feed a glucose concentration of 50 g/L. 

The volumetric productivity of P(3HB) is by definition the 
amount of P(3HB) produced per unit time per volume of 

liquid in the bioreactor. Eq. (2) was used to calculate the 
volumetric productivity of P(3HB) in the first-stage. 
Analogously, the volumetric productivity of residual biomass 
in the first bioreactor was calculated by Eq (1).  

 
𝑃𝑟𝑜𝑑!"#(𝑋𝑟)! = 𝐷! ∙ 𝑋𝑟!	   (1) 
𝑃𝑟𝑜𝑑!"#(𝑃(3𝐻𝐵))! = 𝐷! ∙ 𝑃(3𝐻𝐵)!	   (2) 

 
Figure 4 shows that the volumetric productivity of P(3HB) 

in the first bioreactor tends to increase with the increase of 
dilution rate and its value varied in a range 0.13-1.35 g/(h.L). 
The volumetric productivity of residual biomass increased 
continuously with dilution rate from 0.10 to 0.31 h-1, and 
reached a maximum value of 7.88 g/(h.L). For dilution rates 
above 0.31 h-1, the residual biomass productivity started to 
decrease, as expected, since it approached wash-out 
conditions. 

 
Figure 4 - Influence of dilution rate on the volumetric productivity of residual 
biomass (◆) and volumetric productivity of P(3HB) (■), in the first-stage 
bioreactor. 

The true or theoretical biomass yield on glucose is by 
definition the amount of biomass produced per unit glucose 
consumed for the purpose of cell growth. The observed 
biomass yield on glucose was calculated as the ratio between 
the amount of biomass produced and the total glucose 
consumed (growth + polymer production). The equations 
used to calculate the yield of residual biomass on glucose and 
the yield of P(3HB) on glucose are presented in Eq. (3) and 
Eq. (4), respectively. 

 

(𝑌!"/!)! =
𝐵𝑖𝑜𝑚𝑎𝑠𝑠!"#$%&'$ !

𝐺𝑙𝑢𝑐𝑜𝑠𝑒!"#$%&'( !
	   (3) 

(𝑌!(!!")/!)! =
𝑃(3𝐻𝐵)!"#$%&'$ !

𝐺𝑙𝑢𝑐𝑜𝑠𝑒!"#$%&'( !
	   (4) 

 
Where the biomass and the P(3HB) produced and the 

glucose consumed in the first bioreactor, (g/h), were 
calculated by Equations (5), (6) and (7). 

 
𝐵𝑖𝑜𝑚𝑎𝑠𝑠!"#$%&'$ !

= 𝐹!" ∙ 𝑋𝑟!	   (5) 
𝑃(3𝐻𝐵)!"#$%&'$ !

= 𝐹!" ∙ 𝑃(3𝐻𝐵)!	   (6) 
𝐺𝑙𝑢𝑐𝑜𝑠𝑒!"#$%&'( ! = 𝐹𝑖! ∙ 𝑆𝑖! − 𝐹!" ∙ 𝑆!	   (7) 

 
The influence of the dilution rate on the yields of residual 

biomass and P(3HB) on overall glucose consumption in the 
first bioreactor is shown in Figure 5. The yield of P(3HB) on 
glucose ranged from 0.02 to 0.09 gP(3HB)/gGlucose. Regarding 
the yield of residual biomass on glucose, a plateau of 
approximately 0.42 gXr/gGlucose from 0.10 to 0.24 h-1 can be 
observed and above that, it started to increase until it reached 
a maximum value of 0.53 g/g at 0.31 h-1. The reason it 
increases for higher D1 can probably be ascribed to less 
glucose being used for maintenance purposes at high dilution 
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rates. In the study performed by Du et al., 2001 [6] with R. 
eutropha the maximum residual biomass productivity of 5.69 
g/(L.h) at a dilution rate of 0.23 h-1 dilution rate and a residual 
biomass yield on glucose of  0.53 g/g at 0.21 h-1 dilution rate 
were obtained. 

 
Figure 5 - Effects of dilution rate on the observed yield of residual biomass 
from glucose (◆) and observed yield of P(3HB) from glucose (■), in the 
first-stage bioreactor. 

3.1.2. Effect of the dilution rate in the second bioreactor 
The second-stage bioreactor was fed by a peristaltic pump 

with the culture broth of the first-stage bioreactor and by a 
continuous feeding, Fi2, of concentrated glucose solution. 
Because F12 and Fi2 varied simultaneously and due to different 
bioreactor working volumes in the two-stages, the dilution 
rates of the second bioreactor were different from the first 
bioreactor ( Table 1). D2 was calculated by Equation (8). 

 

𝐷! = 𝐷!" + 𝐷𝑖! =
𝐹!" + 𝐹𝑖!

𝑉!
	   (8) 

 
In the second-stage bioreactor, biomass and P(3HB) 

concentrations tend to decrease with the increment of the 
dilution rate. Maximum values attained were of 80.1 and 41.9 
g/L, respectively, for a dilution rate of 0.10 h-1 (Figure 6). 

 

 
Figure 6 -	  Effect of dilution rate on glucose concentration (◆), CDW (▲) and 
P(3HB) concentration (●) in the second-stage bioreactor, under 
phosphate-limited conditions. 

Figure 7 shows that the P(3HB) content had a maximum 
value of 52.3 %, at a dilution rate of 0.10 h-1 and it tended to 
decrease with an increase of the dilution rate. R. eutropha 
reached a maximum value of P(3HB) content of 72.1 % at a 
dilution rate of 0.075 h-1 [7]. The best dilution rate for 
P(3HB) accumulation was 0.10 h-1, because the cells 
produced the highest amounts of P(3HB), also corresponding 
to the highest P(3HB) content. Meanwhile, is important to 
observe that the highest P(3HB) accumulation corresponded 
to the lowest inlet phosphate concentration value in the 
second reactor (Figure 7), which suggests that inlet phosphate 
is highly related to the polymer accumulation. A small 
variation in the inlet phosphate concentration, as 0.5 g/L, 
could make a major difference in the P(3HB) production. 
Ramsay et al. described the first two-stage continuous system 
using A. lata on sucrose and propionic acid for PHBHV 

production. In the first stage, propionic acid was completely 
converted, but sucrose remained at detectable concentrations. 
In this first stage 48% PHA in biomass with 18.5 mol-% 3HV 
were produced continuously. By continuously transferring the 
fermentation broth from the first into the second, the excess 
sucrose from the first bioreactor was metabolized in the 
second stage, and 58% of copolymer in biomass with 11 mol-
% of 3HV was attained [10] 

 

	  
Figure 7 - CDW (▲), P(3HB) concentration (●), P(3HB) content (■) and R2 
inlet phosphate concentration (■)  at different dilution rates, after reaching 
steady-state, in the second-stage bioreactor. 

The residual biomass was defined as the mass difference 
between the cell dry weight and the P(3HB) mass. When 
comparing the residual biomass in the first-stage bioreactor 
with the one in the second-stage, it was observed that the 
residual biomass of the second-stage was higher than the one 
in the first (Figure 8). This increase could be explained by the 
excess of phosphate in the first reactor transferred to the 
second, which leads to a residual cell growth in the latter. 

 

	  
Figure 8 - Relation between residual biomass presented in first-stage (◆) and 
second-stage (▲) reactor and the dilution rate. Impact of the R2 inlet phosphate 
concentration (■) on the residual biomass. 

The biomass produced, the P(3HB) accumulated and the 
glucose consumed in the second bioreactor in g/h were 
calculated by Equations (9), (10) and (11), respectively. The 
volumetric productivities of P(3HB) and residual biomass in 
the second-stage were calculated by Equations (13) and (12), 
respectively. 

 
𝐵𝑖𝑜𝑚𝑎𝑠𝑠!"#$%&'$ !

= 𝐹! ∙ 𝑋𝑟! − 𝐹!" ∙ 𝑋𝑟! (9) 

𝑃(3𝐻𝐵)!"#$%&'$ !
= 𝐹! ∙ 𝑃 3𝐻𝐵 ! − 𝐹!" ∙ 𝑃(3𝐻𝐵)! (10) 

𝐺𝑙𝑢𝑐𝑜𝑠𝑒!"#$%&'( ! = 𝐹!" ∙ 𝑆! + 𝐹𝑖! ∙ 𝑆𝑖! − 𝐹! ∙ 𝑆! (11) 

𝑃𝑟𝑜𝑑!"#(𝑋𝑟)! =
𝐵𝑖𝑜𝑚𝑎𝑠𝑠!"#$%&'$ !

𝑉!
 (12) 

𝑃𝑟𝑜𝑑!"#(𝑃(3𝐻𝐵))! =
𝑃(3𝐻𝐵)!"#$%&'$ !

𝑉!
 (13) 

Figure 9 shows that the volumetric productivity of P(3HB) 
in the second bioreactor tended to decrease with the increase 
of dilution rate. For this analysis,the resultattained at a  
dilution rate of 0.23 h-1 was  not take into account once it is 
clear that it does not follow the tendency suggested by the rest 
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of the dilution rates studied. At a D2 of 0.10 h-1 a volumetric 
productivity of P(3HB) of 3.79 g/(h.L) was attained, while the 
lowest productivity of 0.14 g/(h.L) was achieved at a D2 of 
0.28 h-1. The volumetric productivity of residual biomass on 
the second-stage tended to increase with the dilution rate. It 
ranged values from 1.30 to 4.25 g/(h.L) at dilution rates from 
0.10 to 0.28 h-1, respectively.  

 

	  
Figure 9- Influence of dilution rate on the volumetric productivity of residual 
biomass (◆) and volumetric productivity of P(3HB) (■), in the second-stage 
bioreactor. 

The observed yield of residual biomass on glucose and the 
observed yield of P(3HB) on glucose in the second bioreactor 
were calculated by Eq.(14) and Eq.(15), respectively. 

 

(𝑌!"/!)! =
𝐵𝑖𝑜𝑚𝑎𝑠𝑠!"#$%&'$ !
𝐺𝑙𝑢𝑐𝑜𝑠𝑒!"#$%&'( !

 (14) 

(𝑌!(!!")/!)! =
𝑃(3𝐻𝐵)!"#$%&'$ !
𝐺𝑙𝑢𝑐𝑜𝑠𝑒!"#$%&'( !

 (15) 

 
Figure 10 - Effects of dilution rate on the yield of residual biomass from 
glucose (◆) and yield of P(3HB) from glucose (■), in the second-stage 
bioreactor. 

 
The influence of dilution rate on the yields of residual 

biomass and P(3HB) on glucose in the second bioreactor is 
shown in Figure 10. As the dilution rate increased, the yield of 
P(3HB) on glucose tended to decrease and the yield of 
residual biomass on glucose tended to increase i.e., the 
observed yield trend was the same as for its productivity 
counterparts. At a dilution rate of 0.10 h-1, the yield of 
P(3HB) on glucose had its maximum of 0.53 g/g. 

In conclusion, in the second-stage bioreactor, at a dilution 
rate of 0.10 h-1, the P(3HB) productivity, the yield of P(3HB) 
on glucose and the P(3HB) cell content presented their 
maximum values of 3.79 g/(h.L), 0.53 gP(3HB)/gGlucose and 52.3 
%, respectively. Thus, under these conditions, D2=0.10 h-1 
seems to be the optimal for P(3HB) production.  

The focus of these experiments being the production of 
P(3HB) in a two-stage system in which conditions are set to 
promote, to a large extent, bacterial growth in the first reactor 
and most of the polymer accumulation in the second, it makes 
sense to also evaluate the overall values of productivities and 
observed yields as follows (Equations (16) to (19)): 

𝑃𝑟𝑜𝑑!"#(𝑋𝑟)!"!#$% =
𝐹!" + 𝐹𝑖!
𝑉! + 𝑉!

∙ 𝑋𝑟! (16) 

𝑃𝑟𝑜𝑑!"#(𝑃(3𝐻𝐵))!"!#$% =
𝐹!" + 𝐹𝑖!
𝑉! + 𝑉!

∙ 𝑃(3𝐻𝐵)! (17) 

(𝑌!"/!)!"!#$% =
𝐵𝑖𝑜𝑚𝑎𝑠𝑠!"#$%&'$ !

+ 𝐵𝑖𝑜𝑚𝑎𝑠𝑠!"#$%&'$ !

𝐺𝑙𝑢𝑐𝑜𝑠𝑒!"#$%&'( ! + 𝐺𝑙𝑢𝑐𝑜𝑠𝑒!"#$%&'( !
 (18) 

(𝑌!(!!")/!)!"!#$% =
𝑃(3𝐻𝐵)!"#$%&'$ !

+ 𝑃(3𝐻𝐵)!"#$%&'$ !

𝐺𝑙𝑢𝑐𝑜𝑠𝑒!"#$%&'( ! + 𝐺𝑙𝑢𝑐𝑜𝑠𝑒!"#$%&'( !
 (19) 

 

	  
Figure 11 - Influence of dilution rate on the volumetric productivity of residual 
biomass (◆) and volumetric productivity of P(3HB) (■), for the two-stage 
continuous system. 

Figure 11 shows the volumetric productivities of residual 
biomass and P(3HB) for the two-stage continuous system and 
Figure 12 illustrates the yields of residual biomass and P(3HB) 
from glucose for the two-stage continuous system. The 
residual biomass productivity of the system reached a 
maximum value of 5.83 g/(L.h) at a dilution rate 0.25 h-1 and 
for a dilution rate of 0.10 h-1 the P(3HB) volumetric 
productivity was 2.21 g/(L.h) 

In relation to the overall residual biomass yield on glucose 
and the overall P(3HB) yield also on glucose, maximum 
values of 0.52 gcell/gglucose and 0.31 gP(3HB)/gglucose were 
obtained at dilution rates 0.28 h-1 and 0.10 h-1, respectively.  

 

	  
Figure 12 - Effects of dilution rate on the yield of residual biomass from 
glucose (◆) and yield of P(3HB) from glucose (■), for the two-stage 
continuous system. 

In two CSTRs in series, and also with R. eutropha, Du et 
al. reported a maximum overall P(3HB) productivity of 1.43 
g/(L.h) at dilution rate 0.12 h-1 and a maximum P(3HB) yield 
on glucose of 0.36 g/g at the dilution rate of 0.075 h-1  [7]. The 
values attained in the present study with B. sacchari on 
glucose are thus higher. 

A similar P(3HB) productivitiy (2.4 g/L.h) was reported in 
a study carried out in fed-batch with B. sacchari and glucose 
as carbon source [8]. Although the productivity attained in the 
fed-batch system was slightly higher than the maximum 
overall productivity attained in the continuous system (2.21 
g/L.h) the latter system is much advantageous as this 
productivity value can be maintained for a long period of 
time, while in the fed-batch mode unproductive periods 
between different batches have to be considered. 
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In summary, for the work performed in the first part of 
this thesis, in the first bioreactor, a residual biomass 
concentration around 29.0 g/L was attained for the lowest 
dilution rates studied (D= 0.10-0.21..h-1) while a maximum 
residual biomass volumetric productivity and yield on glucose 
of 7.88 gcells/(L.h) and 0.53 gcells/gglucose, respectively, were 
attained at a dilution rate of 0.31 h-1. Concerning the second 
bioreactor a maximum residual biomass concentration, 
P(3HB) concentration and P(3HB) content of 38.2 gcells/L, 
41.9 gP(3HB)/L and 52.3 %, respectively, were obtained for a 
dilution rate of 0.10 h-1 corresponding to a maximum P(3HB) 
volumetric productivity and P(3HB) yield on glucose of 3.80 
gP(3HB)/(L.h) and 0.53 gP(3HB)/gcells, respectively . Higher 
overall P(3HB) productivities  and yields were thus attained 
with the lowest dilution rate tested (D= 0.1 h-1). Although 
lower dilution rates could have been assayed, the system 
showed a certain instability at those conditions and a stable 
steady-state could not be reached.  

 
3.2. Kinetic Studies for the Two-Stage Continuous System 

In order to be able to construct a mathematical model for 
the two-stage continuous system the kinetic parameters 
related with it were required. A study was performed which 
allowed the estimation of the kinetic parameters related to the 
cell growth and P(3HB) accumulation by B. sacchari 
similarly to what was done in [6]. 

The kinetic parameters required for the model were the 
maximum specific cell growth rate, µmax; the substrate affinity 
constant for cell growth, Ks; the theoretical yield coefficient 
of residual biomass on glucose, YG, and the theoretical yield 
coefficient of PHB production on glucose, YP. It was also 
necessary to estimate qp2, the specific P(3HB) production rate. 

The kinetic parameters determined based on the first-stage 
bioreactor were the µmax, Ks and YG. In addition to that, it was 
also possible to determine the value of the maintenance 
coefficient based on glucose, ms. 

 

𝑉! ∙
𝑑𝑋𝑟!
𝑑!

= −𝐹!" ∙ 𝑋𝑟! + µμ! ∙ 𝑋𝑟! ∙ 𝑉! − 𝑘! ∙ 𝑋𝑟! ∙ 𝑉! (20) 

𝜇! = 𝐷! (21) 

𝜇! =
𝜇!"# ∙ 𝑆!
𝑘! + 𝑆!

 (22) 

1
𝜇!
=

𝑘!
𝜇!"#

∙
1
𝑆!
+

1
𝜇!"#

 (23) 

 
When a material balance on residual biomass around the 

first bioreactor is written (Eq. (20)), considering the death 
rate negligible compared to the growth rate (kd≈0) and 
assuming a steady-state in terms of biomass concentration, 
Eq. (20) can be simplified to Eq. (21). The growth rate of 
residual biomass was limited by glucose under phosphate-rich 
conditions. It is thus possible to relate µ1 and S1 by a Monod 
equation, Eq (22). Equation (22) could be rearranged in order 
to calculate µmax and Ks as shown in Eq. (23). The 
Lineweaver-Burk plot gives a slope of Ks/µmax and y-axis 
intercept of 1/µmax. The value obtained for µmax was 0.34 h-1 
and for Ks was 2.33 g/L. 

An experimental study of the exponential phase of B. 
sacchari in a batch bioreactor of 1 L working volume was 
performed, in order to determine the maximum specific cell 
growth rate of this strain. In this way it was possible to 
confirm the µmax calculated for the continuous culture. 

 

𝑑𝑋!
𝑑!

= 𝜇 ∙ 𝑋! (24) 

𝑙𝑛(𝑋!) = 𝑙𝑛 𝑋! + 𝜇 ∙ (𝑡 − 𝑡!) (25) 
 
In a batch culture system, the variation of residual 

biomass over time is represented by Eq. (24). When this is 
integrated, Eq. (25) is obtained, where t0 is the start of 
exponential phase and X0 is the biomass concentration at the 
start of exponential phase. During the exponential phase the 
cells grew at their maximum growth rate, thus the plot of Eq. 
(25) gives µmax. The batch growth experiment was repeated 
three times. The µmax values obtained in the three assays were 
0.321 h-1, 0.323 h-1 and 0.331 h-1 which leads to an average 
value of 0.33 h-1 for the maximum specific cell growth rate, a 
very similar value as obtained in the continuous stirred tank 
reactor on glucose (0.34 h-1). 

Equation (26) represents the glucose material balance for 
the first-stage bioreactor. Under steady-state conditions and 
neglecting the substrate consumption for polymer 
accumulation, Eq (26) gives Eq. (27). In order to determine YG 
and ms Eq. (27) can be rearranged to Eq. (28). 

 

𝑉! ∙
𝑑𝑆!
𝑑!

= 𝐹𝑖! ∙ 𝑆𝑖! − 𝐹!" ∙ 𝑆! − 𝑉! ∙
µμ! ∙ 𝑋𝑟!
𝑌!

+𝑚! ∙ 𝑋𝑟! +
𝑞!! ∙ 𝑋𝑟!
𝑌!

 (26) 

𝐷! ∙ 𝑆!! − 𝑆! = 𝑋!! ∙ 𝜇! ∙
1
𝑌!
+𝑚!  (27) 

1
(𝑌!!/!)!

= 𝑚! ∙
1
𝜇!
+
1
𝑌!

 (28) 

By plotting 1/(YXr/S)1 versus 1/µ1 a slope of ms and a y-
axis intercept of 1/YG were obtained. The values were 0.06 h-1 
for ms and 0.53 gcell/gsubstrate for the theoretical yield of 
biomass on the carbon source (glucose), (YG).  

The value obtained for the theoretical yield of biomass on 
glucose was naturally higher than most of the observed yield 
values obtained at different dilution rates (Figure 5). Actually, 
only close to wash-out did the observed yield equal the 
theoretical yield. This is probably because the low average 
residence time of the biomass at dilution rates close to wash-
out leads to negligible glucose consumption for maintenance 
and production purposes. 

Du et al. carried out using R. eutropha a detailed kinetic 
analysis of a two-stage continuous culture system. The 
analysis revealed that microbial growth in the first stage can 
be well described by the Monod kinetic model, and washout 
by excessive feed stream in the vessel has to be expected at 
dilution rate above 0.40 h-1. Maximum specific growth rate, 
glucose affinity constant, theoretical yield coefficient of 
residual biomass and maintenance coefficient amounted to 
0.42 h-1, 0.43 g/L, 0.57 g/g and 0.04 g/(L.h), respectively [6] 

The variation of µ2, qp2 and of the phosphate consumption 
rate with the dilution rate in stage two is represented in Figure 
13. The increase in dilution rate favoured cell growth and led 
to an increase of the specific cell growth rate. This was 
unfavourable to the synthesis of P(3HB), (decrease of specific 
P(3HB) production rate), due to the higher phosphate 
concentrations entering the second bioreactor. Specific 
P(3HB) production rate did not drop to zero even when 
abundant phosphate (1.22 g/L) existed in the broth, 
suggesting that B. sacchari still accumulates small amounts of 
P(3HB) under phosphate-rich conditions similar to what was 
observed in the first stage bioreactor. 

From the results obtained so far it appears that cell growth 
is predominant in the first stage, while product formation 
predominates in the second stage. To clarify this point, the 
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specific growth and production rates in both stages were 
represented in the same graph (Figure 14). The specific growth 
rate in stage one was always higher than that in the second 
reactor. On the other hand, the specific P(3HB) production 
rate of the first bioreactor was much lower than qp2 for lower 
dilution rates, when less phosphate enters in the second 
bioreactor. It is thus possible to conclude that cell growth had 
major importance in the first bioreactor and P(3HB) 
production was more significant in the second bioreactor, 
which permits to neglect P(3HB) accumulation in the first 
bioreactor and cell growth in the second-stage (at dilution 
rates below 0.23 h-1)  , in order to be able to construct a 
simplified mathematical model that predicts the performance 
of the two-stage continuous system.  

 

	  
Figure 13 - Relation between specific P(3HB) production rate (◆), specific 
cell growth rate (▲) and dilution rate also the effect of phosphate consumption 
rate (■) on them in the second-stage bioreactor. 

 

	  
Figure 14 - Relation between specific P(3HB) production rate in the first-stage 
(●) and in the second-stage fermentor (■). Relation between specific cell 
growth rate in the first-stage (◆) and in the second-stage (▲). 

3.3. Mathematical Model for Two-Stage Continuous System 
A mathematical model was constructed to describe the 

behaviour of the two-stage continuous system in different 
conditions. This model is useful to predict the optimum  
conditions to attain high P(3HB) volumetric productivities. 
To simplify the calculations, it was assumed that cell growth 
only occurred in the bioreactor featuring phosphate-rich 
conditions and P(3HB) accumulation was only present in the 
bioreactor under phosphate-limiting conditions. 

The inputs used in this mathematical model were the 
dilution rates of the first-stage, D1, which ranged between 
0.09 and 0.32 h-1and the outlet concentration of glucose from 
the second bioreactor, S2=20 g/L (providing a residual 
glucose concentration in the outlet of bioreactor 2 guarantees 
that glucose is not a limiting substrate in this stage) . The 
liquid volumes used in the bioreactors were 1.0 L for the first 
and 1.2 L for the second; the glucose concentration in the 
feeds of the bioreactors were set at Si1=68 g/L and Si2= 680/L 
and the values of the kinetic parameters were those estimated 
in the last paragraph. A steady-state was always assumed for 
both bioreactors. 

 

𝑆! =
µμ! ∙ 𝐾!

µμ!"# − µμ!
 (29) 

𝑋𝑟! = (𝑌!)! ∙ (𝑆!! − 𝑆!) (30) 

𝐹!
! ∙ (𝑆𝑖! − 𝑆!) + 𝐹! ∙ 𝐹!" 𝑆! − 𝑆𝑖! −

𝑞!! ∙ 𝑋𝑟! ∙ 𝑉! ∙ 𝐹!"
(𝑌!)!

= 0 (31) 

𝑋𝑟! =
𝐹!"
𝐹!

∙ 𝑋𝑟! (32) 

𝑃(3𝐻𝐵)! =
𝑞!! ∙ 𝑋𝑟!
𝐷!

 (33) 

 
Considering the endogenous metabolism negligible 

compared with the growth rate, the general residual biomass 
material balance can be simplified to Eq (21). In order to 
determine the glucose concentration the Monod equation was 
used, Eq.(29). To determine the residual biomass in the first 
bioreactor it was used, the Eq.(30), assuming that only 
consumption of substrate for the cell growth is taken into 
account the. Eq. (31) to Eq. (33) permitted to simulate the 
performance of the second bioreactor. Knowing that Fi2 was 
the difference between F2 e F12 and that Xr2 could be 
substitute like in Eq. (32) and assuming that glucose 
consumption was only for polymer production, a material 
balance on substrate around the second bioreactor could be 
rearranged in order to determine F2, Eq. (31). Considering 
negligible the growth rate on the second-stage, the residual 
biomass in this bioreactor could be calculated by Eq.(32). In 
order to calculate the polymer concentration in the second 
bioreactor Eq. (33) was used. The P(3HB) theoretical yield 
(YP) used throughout this work was 0.29 gP(3HB)/gGlucose. It was 
estimated based on the bioreactor with phosphate-limited 
conditions. 

In order to verify if the mathematical model could predict 
the experimental results adequately, comparisons between 
experimental and predicted values were performed. Figure 15 
shows the relation between the residual biomass in the first 
bioreactor estimated by the model and the experimental 
results obtained. In general the experimental residual biomass 
in the first bioreactor tended to be lower than the residual 
biomass predicted by the model. While the maximum 
concentration in the model was 35 g/L, experimentally the 
maximum value of the residual biomass was only 30 g/L. 

	  
Figure 15 - Validation of the residual biomass in the first bioreactor predicted 
by the mathematical model (▃) with the one from the experimental results (×). 

Comparing the glucose consumption rate predicted by the 
model with the one from the results in Figure 16, it is possible 
to conclude that the model gave a good simulation of the 
experimental system. Since the same amount of glucose was 
consumed it is conceivable to conclude that the experimental 
Xr1 was lower than the Xr1 from the model because in the 
experimental system part of the glucose consumed was used 
to accumulate P(3HB) instead of being used for cell growth. 
An alternative explanation for this could be related with the 
biofilms formation that was observed inside the first 
bioreactor. Assuming that at least a fraction of this adherent 
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biomass was metabolically active, it consumed glucose. 
However, the active cells in the films were not taken into 
account in the residual biomass values. 

	  
Figure 16 - Glucose consumption rate in the first bioreactor suggested by the 
mathematical model (▃) and experimentally obtained (×). 

	  
Figure 17 - Validation of residual biomass in the second bioreactor predicted 
by the mathematical model (▃) and the one from the experimental results (×). 

Figure 17 shows the comparison between the residual 
biomass in the second bioreactor predicted by the model and 
the one from the experimental results. The experimental Xr2 
was higher than the Xr2 from the model due to the cell growth 
present in the second bioreactor that was not taken into 
account by the mathematical model. In the assays performed, 
Xr2 reached values of approximately 40 g/L although in the 
model the maximum value was around 30 g/L. With regard to 
the P(3HB) accumulation, Figure 18 demonstrates the relation 
between the P(3HB) concentration obtained in the second 
bioreactor by the mathematical model and the experimental 
results. It suggests that the model offered a good simulation 
of the continuous system and it allowed to predict that the 
higher concentration of P(3HB) was related to the lowest 
dilution rate. The mathematical model suggests a plateau for 
the P(3HB) productivity until a dilution rate around 0.26 h-1. 
However, the P(3HB) productivity calculated from the 
experimental results did not show the same tendency, as 
shown in Figure 19. 

	  
Figure 18 - P(3HB) concentration in the second bioreactor simulated by the 
mathematical model (▃) and experimentally obtained (×). 

	  
Figure 19 - P(3HB) volumetric productivity in the second bioreactor simulated 
by the mathematical model (▃) and experimentally obtained (×). 

3.4. Three-Stage Continuous Production of P(3HB) 

The last aim of this thesis was the study of P(3HB) 
production in a three-stage continuous system using as carbon 
source a mixture that simulated the sugar composition of 
lignocellulosic hydrolysates (LCH). The assays were carried 
out with commercial glucose and xylose as substrates. The 
feeding solution added to the first bioreactor had a glucose 
concentration of 68 g/L. The one supplemented in the second 
bioreactor was a mixture of glucose and xylose with 
concentrations of 444 g/L and 556 g/L, respectively.  A ratio 
glucose/ xylose of 0.8 g/g was chosen because it mimics the 
composition of LCH with a low glucose/xylose ratio, namely 
those of sugar cane bagasse. Also, and most importantly, a 
multi-stage continuous reactor system is particularly adequate 
for a complete conversion of the glucose and the pentoses 
present in this category of hydrolysates. Fresh substrate feed 
was not added to the third bioreactor. The first bioreactor was 
operated under phosphate rich conditions and glucose 
limitation in order to maximize the biomass growth, while in 
the second and third bioreactors, conditions were created to 
promote P(3HB) accumulation by limiting the phosphate 
available in the culture medium. Since B. sacchari favorably 
consumes glucose over xylose, it was expected that the 
glucose would be consumed in the second bioreactor, while 
xylose remained in the culture medium. The operation 
variables were thus designed so that the broth from the 
second to the third bioreactor should contain a very low 
amount of glucose, i.e. the production of P(3HB) in the last 
bioreactor should be only associated to the xylose conversion. 
The first experimental bioreactor working volume was 
maintained at 1.0 L, the second at 1.2 L and the third at 1.6 L, 
although, as mentioned before, the volumes were not always 
constant as a result of foam formation.  

Three assays were carried out with the three-cascade 
bioreactor system. Since the lowest dilution rates were related 
to the best P(3HB) productivities, as shown in the study with 
two bioreactors, volumetric flow rates of the feeding solution 
to the first bioreactor of 0.10 and 0.15 L/h were used. With a 
feeding of 0.15 L/h two different volumetric flow rates of the 
concentrated feed to the second bioreactor were tested in 
order to understand if it was necessary more carbon source 
for a high P(3HB) accumulation. The dilution rates tested are 
shown in Table 2 and for each one of them the experimental 
data were analysed in order to find a steady state. 

 
Table 2 - Different dilution rates tested for the three-stage continuous system 

D1 (h-1) 0.100 0.151 0.157 
D2 (h-1) 0.090 0.138 0.144 
D3 (h-1) 0.071 0.102 0.110 

 
3.4.1. Effect of the dilution rate in the first-stage bioreactor 

The effect of the dilution rate in the first-stage bioreactor 
is shown in Figure 20. The aim of this reactor was to promote 
biomass production and, similarly to what had been obtained 
in the two-stage system, a concentration of residual biomass 
around 30 g/L was reached. The maximum residual biomass 
concentration and P(3HB) concentration values of 31.3 gcells/L 
and 2.5 gP(3HB)/L were attained at dilution rate 0.157 h-1 and 
0.151 h-1, respectively. The maximum residual biomass 
productivity and yield on glucose were obtained at a dilution 
rate of 0.157 h-1. Their values were 4.89 g/L.h and 0.46 g/g, 
respectively. In the first bioreactor, the P(3HB) accumulation 
was not significant, as expected.  
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Figure 20 - Effect of the dilution rate on the residual biomass (▲), glucose 
(◆), phosphate (+) and P(3HB) concentration (■), in the first-stage bioreactor 
under steady-state conditions. 

3.4.2. Effect of the dilution rate in the second bioreactor 
The performance of the second bioreactor at different 

dilution rates is shown in Figure 21. It is possible to observe 
that all the glucose (and also some xylose ) was consumed in 
the second bioreactor. However, the polymer concentration 
attained a value of 20 g/L, which is only 50% of the value 
obtained in the two-stage system when glucose was the sole 
carbon source (Figure 7). Meanwhile, a by-product, identified 
as xylitol, was produced in the presence of high 
concentrations of xylose. The concentration of residual 
biomass reached a value of 50 g/L, almost twice as much the 
concentration in the first bioreactor, proving that cell growth 
took place also in the second bioreactor. Concerning the 
second bioreactor, a maximum P(3HB) concentration of 19.4 
gP(3HB)/L was obtained at dilution rate of 0.138 h-1 while 

maximum  xylitol concentration 3.0 gxylitol/L reached is 
maximum value at a dilution rate of 0.144 h-1. By comparing 
with the two-stage continuous system (Figure 7) it is interesting 
to observe that, even with a higher concentration of residual 
biomass, the second-stage of the study with 3 bioreactors did 
not accumulate as much as the one with 2 bioreactors, 
suggesting that the concentration of phosphate on the inlet of 
the second-stage was vital to the P(3HB) accumulation. It is 
important to highlight that, in the second bioreactor, the 
difference between D2=0.138 h-1 and D2=0.144 h-1 was due 
to different fresh feeding flow rates, 0.030 and 0.020 L/h 
respectively. In fact F12 was the same, which was not the case 
with V2. A higher input of substrate (total sugar 
concentration was 1000 g/L) did not lead to a higher 
accumulation of P(3HB), although it led to a higher 
production of xylitol, through the consumption of xylose.  

	  
Figure 21 - Effect of the dilution rate on the residual biomass (▲), glucose 
(◆), xylose (×), phosphate (+), P(3HB) (■) and xylitol concentration (●) in the 
second-stage bioreactor. 

3.4.2. Effect of the dilution rate in the third bioreactor 
The effect of the dilution rate on the third bioreactor of the 

system is shown in Figure 22 It is clear that xylose was 
consumed although it was not for the purpose of P(3HB) 
production. Comparing with the second bioreactor, the same 
amount of residual biomass was present, but the concentration 
of xylitol doubled. By comparing Figure 21 and Figure 22 it is 
possible to conclude that no P(3HB) accumulation took place 
in the third bioreactor. A zero P(3HB) accumulation could be 
related to the fact that the cells had to change their 

metabolism in order to be able to consume xylose instead of 
glucose. The non-accumulation of (P3HB) could be also 
related to the lack of some nutrient, because only the first 
bioreactor was fed with whole medium. Further studies are 
necessary to understand this fact. The values of productivities 
and yields related to the whole system are shown below. Figure 
23 depicts a maximum volumetric productivity of 0.89 g/L.h 
for P(3HB) and a maximum value of 2.27 g/L.h for residual 
biomass productivity, obtained at the dilution rate 0.11 and 
0.10 h-1, respectively. The observed yield of P(3HB) on 
glucose and xylose was around 10% and that of residual 
biomass was approximately 28% (Figure 24). The purpose of 
P(3HB) production was thus not successful in the system with 
three bioreactors. Further studies are required to understand 
why the P(3HB) accumulation was so low. Even the 
byproduct xylitol, which is considered of high value [11], did 
not reach significant productivities.  

Productivities ranging from 1.3-1.6 g/Lh and xylitol 
concentrations from 20-65 g/L were attained in fed-batch 
cultures with B. sacchari on glucose/xylose mixtures with the 
same composition as used in this study (unpublished results). 
These are much better results than the ones obtained in the 
system with three stage bioreactors. Optimization of the latter 
system must thus be carried out. 

	  
Figure 22 - Effect of the dilution rate on the residual biomass (▲), glucose 
(◆), xylose (×), phosphate (+), P(3HB) (■) and xylitol concentration (●) in the 
third-stage bioreactor. 

	  
Figure 23 - Influence of dilution rate on the volumetric productivity of residual 
biomass (▲), the volumetric productivity of P(3HB) (■) and the xylitol 
volumetric productivity (●), for the three-stage continuous system. 

	  
Figure 24 -Effects of dilution rate on the yield of residual biomass on glucose 
and xylose (▲), the yield of P(3HB) on glucose and xylose (■) and the yield of 
xylitol on xylose (●), for the three-stage continuous system. 

The results related to the three-stage continuous system 
were not so promising compared to the values in the 
literature, thus in the future is necessary to perform more 
studies related to this system, in order to achieved better 
P(3HB) productivity, P(3HB) content and P(3HB) yield on 
glucose and xylose values. Only after these news studies, it is 
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conceivable to perform three-stage continuous cultivation 
assays with lignocellulosic hydrolysates as carbon source. 
4. Conclusions  

The main goal of this thesis was the 
poly-3-hydroxybutyrate production by Burkholderia sacchari 
in a three-stage continuous bioreactor cascade using 
glucose/xylose mixtures simulating lignocellulosic 
hydrolysates. Preliminary assays aiming at determining the 
best conditions to perform this study were conducted in a 
two-stage continuous system using glucose as carbon source. 
The kinetic parameters related to growth and production in 
the two-stage continuous system were determined and a 
mathematical model was constructed describing the 
performance of the two-stage continuous system. From the 
assays in the two-stage continuous system maximum overall 
residual biomass and P(3HB) volumetric productivities  of 
5.83 gcell/(L.h) and 2.21 gP(3HB)/(L.h) were attained at 0.25 h-1 
and 0.10 h-1, respectively. Concerning the yield maximum 
overall residual biomass yield on glucose and P(3HB) yield 
on glucose of 0.53 gcell/gglucose and 0.31 gP(3HB)/gglucose were 
attained at dilution rates of 0.28 h-1 and 0.10 h-1, respectively. 
A two-stage continuous system featuring biomass production 
in the first bioreactor and polymer production in the second 
bioreactor was used for determination of the kinetic 
parameters related to cell growth and polymer production. A 
maximum specific cell growth rate (µmax) and theoretical 
residual biomass yield on glucose (YG) of 0.34 h-1 and 0.53 
gcell/gglucose , respectively were obtained. Kinetic parameters 
related to production, namely the maximum specific P(3HB) 
production rate (q(P(3HB)) max,) in the second bioreactor could 
not be determined in the conditions tested. In the first 
bioreactor the mathematical model predicted a higher residual 
biomass concentration than the one obtained experimentally. 
Since the same amount of glucose was consumed it is 
conceivable to conclude that this difference is due to the use 
of glucose for P(3HB) accumulation instead of cell growth. In 
relation to the second bioreactor, the experimentally obtained 
P(3HB) concentration fitted well with the model predictions . 
The model did however not take into account cell growth due 
to the inlet phosphate concentration values. It would thus be 
interesting to consider this aspect to upgrade the 
mathematical model and take into account the P(3HB) 
production and the cell growth rate in both bioreactors. From 
the experiments with the three-stage bioreactors, maximum 
overall volumetric productivity values for residual biomass, 
P(3HB) and xylitol of 2.27 gcells/(L.h), 0.90 gP(3HB)/(L.h) and 
0.28 gXylitol/(L.h), respectively were attained at dilution rates 
of 0.1 h-1 corresponding to maximum overall residual biomass 
and P(3HB) yield values, on glucose and xylose, of  0.32 
gcell/gglucose+xylose and 0.10 gP(3HB)/gglucose+xylose. The maximum 
overall xylitol yield, on xylose, was of 0.13 gXylitol/gxylose at the 
same dilution rate. Opposite to what happened in the two-
stage system, high biomass production was observed at the 
lowest dilution rate tested (D= 0.1 h-1) even if the phosphate 
concentration entering the second bioreactor was low (0.45 
g/L). Further studies are necessary to understand this fact. It 
can thus be concluded that the system with three bioreactors 
with the purpose of P(3HB) production was thus not 
successful. 
5. Future Work  

Concerning the two-stage system, conditions should be 
sought to attain a stable system operating at lower dilution 
rates and thus able to attain higher overall P(3HB) 
productivities. To determine the kinetic parameters related to 

production namely the maximum specific P(3HB) production 
rate (q(P(3HB)) max,) in the second bioreactor other assays should 
have been performed, namely by maintaining the inlet 
phosphate concentration in the second bioreactor constant and 
varying the flow of fresh glucose entering the second. In this 
way glucose was also a limiting substrate in the second 
bioreactor. Because the cells in the third bioreactor might be 
lacking some nutrients, the addition of a fresh nutrient 
medium, similar to the initial medium but lacking phosphate 
could be tested.  It is also necessary to determine 
quantitatively the concentration of ammonia in the second 
and third bioreactors in order to verify if the system could be 
under a dual-limitation. It would be interesting to perform a 
study of P(3HB) production in ammonia-limiting conditions 
and based on xylose in order to understand if this could lead 
to an improved P3HB production in the third bioreactor. 
Another test that could be performed is the addition of a fresh 
glucose feed to the third bioreactor in order to understand if 
the presence of glucose is necessary for the consumption of 
xylose leading to P(3HB) production. In the future an 
automatic glucose, xylose and phosphate analyser and feed-
back control could be installed in the bioreactors, in order to 
keep these concentrations at a desired values to reach better 
P(3HB) concentrations and P(3HB) content. Furthermore a 
new mathematical model could be constructed to describe the 
performance of the three-stage bioreactor system featuring 
polymer production based on a glucose/xylose mixture in the 
second bioreactor and based solely on xylose on the third 
bioreactor. 
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