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Abstract

This thesis studies the effect of polymer swelling in polyethylene production by slurry and gas-phase
processes. The work comprises the development of two different models. The first one calculates the
Particle Size Distribution (PSD) of polyethylene produced in slurry phase, and studies the impact of
polymer swelling on the corresponding PSD. The second model describes the operation of a gas-phase
HDPE reactor in dry mode and investigates the influence of the addition of an inert alkane, on polymer
swelling and on HDPE production. The first developed model predicts the PSD of a polyethylene for a
reactor train of n CSTRs. The simulations performed calculate the PSD of the polymer exiting the 2nd
reactor. Parameters like, catalyst size and diluent type were analyzed. From the results it is possible
to conclude that diluent type greatly affects monomer concentration and therefore polymer swelling. In
the second part of the work, a gas-phase polyethylene process is studied in dry mode operated fluidized
bed reactors. The developed model predicts the steady-state polyethylene production and the reactor
operating conditions. Effective ethylene concentrations near the catalyst active sites were predicted
using the Sanchez-Lacombe EOS thermodynamic model. The model was validated with data gathered
from Patent US 6864332 B2. From the results it is possible to conclude that, for the same partial
pressure, adding n-hexane yields higher productions over adding isobutane. However, component vapor
pressure indicates that it is possible to add greater quantities of isobutane while maintaining dry mode
operation, thus achieving higher overall productions.
Keywords: Polyethylene PSD, Polymer swelling, Gas-phase Polyethylene Production, FBR Reactor
Modelling, Dry Mode

1. Introduction

In the family of polyolefins, polyethylene is one
of its most important members. Different types
of polyethylenes, divided according to a specific
property. When this property is density, polyethy-
lene is divided into: High Density Polyethylene
(HDPE), Low Density Polyethylene and Linear Low
Density Polyethylene (LLDPE). While HDPE is a
made of highly linear unbranched molecules, LDPE
and LLDPE present different degrees of branching,
where the concentration of branching is higher in
LDPE and slightly lower in LLDPE. The result is
density varying from 0.94 to 0.97 g/cm3 for HDPE
and 0.90-0.94 g/cm3 for LDPE and LLDPE [8].

Polyethylene is the most widely produced poly-
mer in the world, presenting a 78 million tonne de-
mand in 2012, which corresponds to 37% of world-
wide polymer demand in said year. Predictions in-
dicate that polyethylene demand will increase at
least until 2017 [13].

It is such context that this work comes into light.
Polyethylene is part of a high volume market and

further development is of the utmost interest.

The objective of this work is to study the im-
pact of polymer swelling in slurry and gas phase
polyethylene procution. In slurry phase this will
be achieved through the development of a model to
predict the polymer’s PSD. In gas-phase this will
be achieved through the development of a model to
describe the production and behaviour of an FBR
reactor operating in dry mode.

2. Background

There are three different types of processes for
catalytic olefin polymerization: solution, slurry or
gas-phase. Solution processes rely on an homoge-
neous catalyst and are used to produce Ethylene
Propylene Diene Monomer rubbers. The reactors
used are typically stirred autoclaves, operating at
temperatures ranging from 150 to 250◦C. However,
this type of processes is not considered in this work.

Slurry and gas-phase processes have one similar-
ity: the polymer is formed around heterogeneous
catalyst particles.

Slurry processes are subdivided into diluent and
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bulk. Diluent processes use a liquid heavy alkane
(C4 to C6) to suspend the particles while gaseous
and/or liquid monomer is fed. The bulk process
uses liquid propylene, so it is only possible to pro-
duce polypropylene. Slurry processes employ re-
actor such as the autoclave, loop reactor or CSTR.
Gas-phase processes make use of the FBR or stirred
bed reactors, although only the FBR is employed in
industry [10].

2.1. Particle Fragmentation and Growth

Supported catalyst particles, such as the widely
used Ziegler-Natta catalysts, are highly porous sec-
ondary particles, formed by aggregated primary
particles.

Figure 1: Particle growth evolution [10].

During polymerization the inorganic phase of the
particles suffers a build-up of stress at the weak
points where the primary particles are in contact, as
shown in figure 1. The particles then fragment due
to the growth of the polymer chains and result in
expanding polymer particles, consisting of primary
particles, living chains and dead chains [10].

If no problems occur during polymerization and
fragmentation, the result is that the PSD of the
polymer after polymerization is similar to the PSD
of the catalyst before undergoing polymerization.
This is called the replication phenomenon.

One crucial aspect related to polymerization in
heterogeneous catalysts is that the rate of poly-
merization depends on the concentration of ac-
tive sites on the surface of the micrograins and
on the monomer concentration at the active sites.
Therefore the monomer must solubilize and diffuse
through the growing polymer phase to reach the ac-
tive sites located on the surface of the micrograins.
However, it can only solubilize in the amorphous
phase of the polymer, as opposed to the crystalline
phase.

2.2. Slurry Phase Processes

Slurry phase processes include 3 phases inside
the reactor: a gas-phase, containing the ethylene,
hydrogen and possibly comonomer, and a slurry

containing solid catalyst and polymer particles and
the liquid diluent.

The first commercial slurry process used a series
of CSTR to compensate for low catalyst activity.
A deashing operation was also needed to remove
catalyst residue. Advances in catalyst technology
makes it possible to achieve the same results in two
reactors without deashing, nowadays.

The following image (figure 2) shows an example
of the Hostalen process by LyondelBasell, to explain
slurry processes in further detail.

Figure 2: Simplified scheme of the new Hostalen
process from LyondellBasell [10].

The Hostalen process makes use of the three re-
actor configuration. The reactors are stirred auto-
claves and can be operated in series or in parallel.
When operated in series the monomer is only fed
to the first reactor and the result is an increase in
production. The advantage of parallel operation is
the ability to produce different poylmers [10].

On the first reactor a catalyst with a decay pro-
file is added, producing a low molecular weight ho-
mopolymer. Since hydrogen (controls molecular
weight as a chain transfer agent) causes a decrease
in polymerization rate, it must be added when the
catalyst shows its highest intrinsic activity (hence,
the first reactor).

In the second and sometimes third reactors a
small amount of an -olefin comonomer is intro-
duced. This increases the rate of reaction, regarding
homopolymerization, and maintaining good pro-
ductivity. This is referred to as the co-monomer
kick [10].

2.3. Gas-Phase Processes

Gas-phase polyethylene production processes
rely solely on fluidized bed reactors. Their main ad-
vantage is the gaseous reaction medium, thus mak-
ing monomer separation easier. The low weight
polymer formed remains attached to the polymer
particles, rendering further separations unneces-
sary. As such, gas-phase processes are true swing
processes. In other words, they can be used to pro-
duce resins from the LLDPE grade to the HDPE
grade in the same process [10].

The following figure 3 represents a simplified
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scheme of a polymerization plant with a fluidized
bed reactor.

Figure 3: Unipol process for polyethylene produc-
tion [10].

Fresh monomer and hydrogen are fed to the re-
actor as well as fresh catalyst. There is a product
discharge valve to remove the polymer, degassing
tanks to separate the unreacted monomer and a
purge column to remove any residual monomer
and deactivate the catalyst. The recovered unre-
acted monomer is compressed, heated and after-
wards mixed with the fresh monomer and recycled
to the reactor. These first generation plants pre-
sented frequent reactor runaway issues but improve-
ments in catalyst technology and process control
systems rendered these issues almost nonexistent.
Modern plants can also be operated in condensed
mode, increasing throughput [10].

Ziegler-Natta and metallocene catalysts require
an additional prepolymerization step. This step
serves two purposes: to maintain particle morphol-
ogy and, more importantly, to prevent particle over-
heating and polymer melting.

2.3.1 Fluidized Bed Reactors

The Fluidized Bed Reactor is divided into three
zones: the distributor plate, the reaction zone and
the disengagement zone.

The distributor plate appropriately distributes
the components in the powder bed. The holes in
the plate allow the passage of the gases and possi-
ble liquid droplets while preventing the settling of
of particles in the injection zone. The reaction zone
begins above the distributor plate and ends at the
freeboard zone. The latter is where void fraction
is close to 1 and particle’s velocity decreases below
minimum fluidization velocity, causing them to fall
back into the powder bed. To account for some fines
generation the diameter of the disengagement zone
is doubled.

One of the most important obstacles to increase
polyethylene production nowadays is heat removal,
due to the significant catalyst advances made in re-
cent decades as well as the exothermicity of poly-
merization reactions. To increase heat removal an
inert heavy alkane is introduced in the gas stream,
effectively increasing its heat capacity. The reac-
tor can then be operated either in dry mode or in
condensed mode.

In dry mode operation the purpose is to transfer
the heat to the gas phase, according to the following
equation.

∆Hg = Qm · Cp (Tout − Tin) (1)

where ∆Hg is the heat that the gaseous stream is
able to remove, Qm is the stream’s mass flowrate,
Cp its heat capacity and (Tout − Tin) the temper-
ature gradient between outlet and inlet. Typically
C4 to C6 alkanes are preferred.

In condensed mode operation the reactor outlet
stream is cooled below the dew point of the heavy
alkane, resulting the partial condensation of the re-
cycle stream, which is the fed into the reactor. As
it is introduced it vaporizes, removing more poly-
merization heat. Apart from an inert heavy alkane
a comonomer can also be used as condensable ma-
terial. This material is referred to as Induced Con-
densing Agent or Inert Condensing Agent.

2.4. Sanchez-Lacombe EOS
The Sanchez-Lacombe EOS was used to predict

the solubility of the monomer in the polymer phase.
It takes the following form.

ρ2 + P + T

[
ln(1− ρ) +

(
1− 1

r

)
ρ

]
= 0 (2)

where ρ, P , T are the reduced density, pressure
and temperature, respectively. Sanchez-Lacombe
EOS is a widely used thermodynamic model in the
polyolefin industry since its predictions are good ap-
proximations. The model’s predictive abilities rely
on binary interaction parameters and it has been
observed that some parameters are temperature-
dependent. Through the study of binary sys-
tems such as ethylene-polyethylene and hexane-
polyethylene the binary parameters can be adjusted
and then employed in a ternary system simulation
to predict the necessary concentration [1]. In sys-
tems for which the heat and mass transfer resis-
tances do not influence monomer concentration and
temperature within the particles, it was observed
that the monomer concentration at the active sites
is determined by the equilibrium sorption of the
monomer in the polymer particles.

Bashir et al.[3] used Sanchez-Lacombe to pre-
dict solubility data in the system ethylene/1-
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hexene/LLDPE at 70, 90 and 150◦C and found that
the predictions were in agreement with experimen-
tal data. It was also observed that the solubility
improvement depends on the co-monomer.

Alizadeh [1] applied the Sanchez-Lacombe
model to the ternary system of ethylene/n-
hexane/Polyethylene to predict the change in ethy-
lene solubility in the amorphous phase of the poly-
mer. The predictions were made by fitting the
model to the experimental data presented in [12]
and adjusting the binary interaction parameters.

3. Model Implementation
3.1. Particle Size Distribution Model

The following assumptions were made when de-
veloping the model:

• All active sites on the catalyst have the same
propagation constant;

• The concentration of active sites is uniform
throughout the catalyst and polymer particles;

• The catalyst possesses only stable active sites
that do not suffer deactivation;

• The catalyst particle shape is considered to be
a sphere;

• Each catalyst particle is followed individually
throughout the reactor;

• The reactors in the battery behave as ideal
CSTRs, as shown by their RTD;

The following equation calculates the volume of
the polymer particle exiting the reactor:

Vp = V 0
p + ∆Vp (3)

where Vp is the particle volume, V 0
p is the catalyst

particle volume and ∆Vp is the increase in volume
gained through polymerization. In terms of particle
diameter this can be translated as:

πD3
p

6
=
πD03

p

6
+
πD03

p

6

kp[M ][C∗
0 ] tm

ρpol
(4)

where Dp is the particle diameter, D0
p is the cat-

alyst particle’s diameter, kp is the kinetic propaga-
tion constant, [M ] is the concentration of monomer
at the active sites, C∗

0 stands for the concentration
of active sites on the catalyst, m represents the av-
erage molecular weight over all co-monomers, t rep-
resents the polymerization time and ρpol is the pro-
duced polymer density.

Rearranging equation 4:

Dp = D0
p

3
√

1 + αt (5)

α =
kp[M ][C∗

0 ]m

ρpol
(6)

The number-based PSD F (Dp) can be related to
the reactor RTD E(t) through the expression:

F (Dp) = E(t)

(
dDp

dt

)−1

(7)

By replacing the RTD for a series of n CSTR of
equal mean residence times the following equation
is obtained:

F (Dp) =
3(1 + αt)2/3

αD0
p

tn−1

(n− 1)! τn
exp(−t/τ) (8)

where τ is the mean residence time in the reactor.
This equation can only be used if α and τ do not
vary between reactors. Otherwise, if the reactors
do not have the same τ or if the polymerization
conditions differ, equation 8 can be employed for
the first reactor in the series but the subsequent
reactors are described with the following equations:

Di
p = D0

p

√(
Di−1

p

D0
p

)
+ αiti (9)

F (Dp) =
3
[(

Di−1
p

D0
p

)
+ αt

]2/3
αD0

p

×

× tn−1

(n− 1)! τn
exp(−t/τ)

(10)

3.2. Gas-Phase Reactor Model
The following assumptions were made when de-

veloping the model:

• A single-phase CSTR approach is considered,
operating in Steady-State;

• The reactor is approximated to a cylinder;

• 1 gaseous inlet consisting of ethylene, an inert
heavy alkane and nitrogen;

• 1 solid inlet consisting of catalyst particles;

• 1 gaseous outlet containing non-reacted ethy-
lene, inert heavy alkane and nitrogen;

• 1 solid outlet containing the polymer phase,
consisting of the polymer and catalyst particles
with dissolved ethylene and alkane;

• The catalyst particles are considered spherical
and mono-dispersed;

• Catalyst activation is considered to be instan-
taneous;

• Elutriation of solids is neglected;

• The thermodynamic equilibrium is achieved in-
stantaneously and the polymer particles are
considered fully mature;

4



• The polymer is considered fully amorphous;

• Ethylene and ICA solubility dependence on
temperature is neglected;

• Nitrogen solubility in the polymer phase and
impact on ethylene solubility are neglected;

• Convective heat transfer is considered between
the catalyst/polymer particles and the bulk
gaseous phase;

• Due to the heat transfer, 2 different outlet tem-
peratures are considered, one for the gaseous
outlet and another for the polymer phase out-
let;

• No difference in Pressure is considered between
reactor inlet and outlets;

The ethylene mass balance in its most general
form is written as

QEt,in −QEt,out −Rp(T, P )Vc −QEt,d = 0 (11)

whereQEt,in andQEt,out are, respectively, the in-
let and outlet flowrate, Rp(T, P ) stands for the rate
of consumption of ethylene in the polymerization
reaction, Vc is the volume of catalyst and QEt,d is
the flowrate of ethylene that dissolves into the poly-
mer phase, described by the following equation.

QEt,d =
CP

EtMEt

ρpol
QPE (12)

where CP
Et is the concentration of ethylene in

the polymer phase, MEt is its molar mass, ρpol is
the density of the polymer phase and QPE is the
polyethylene production flowrate.

Similarly to the case of ethylene, the heavy
alkane’s mass balance is written according to the
following equation:

QICA,in −QICA,out −QICA,d = 0 (13)

QICA,d =
CP

ICAMICA

ρpol
QPE (14)

The difference between the two is that there is no
ICA consumption in the reaction. The mass balance
for nitrogen is simple due to the assumptions listed
before, and it is written as follows:

QN2,in = QN2,out (15)

The mass balance concerning the active sites con-
centration in the catalyst is essential in accounting
for catalyst deactivation. Its main calculated vari-
able is the concentration of active sites after the

deactivation has taken place and it is written as
follows:

Qc C
∗
0 −Qc C

∗ − kd(T )C∗ Vc = 0 (16)

where Qc is the catalyst flowrate, C∗
0 is the ini-

tial active sites concentration, C∗ is the respective
concentration after deactivation and kd(T ) is the
kinetic deactivation constant, described by the Ar-
rhenius Law.

The polyethylene mass balance starts, of course,
with the presentation of the kinetic rate equation
assumed. The assumed rate law was proposed by
Floyd [7] and is written as follows

Rp = kp C
∗ CP

Et (17)

where kp is the kinetic rate propagation constant,
described as well by the Arrhenius Law. It is a
first order reaction rate law considering a single-
site catalyst and takes into account the monomer
concentration dissolved in the polymer phase. The
polyethylene mass balance is then written through
the following expression

QPE = Rp VcMEt (18)

A simple catalyst heat balance was included in
this work to account for the temperature gradi-
ent between the polymer particles and the bulk gas
phase in the reactor. It is described in the following
equation:

∆Hpolym = h ·Ap · (Tb − Ts) (19)

where ∆Hpolym is the heat released during the
polymerization, h represents the convective heat
transfer coefficient, admitted by Wong[11], Ap is
the particles’ heat transfer area and (Tb−Ts) is the
temperature gradient between the bulk gas phase
and the solid phase, respectively.

Regarding the reactor heat balance, the refer-
ence state assumed includes: inlet flow tempera-
ture Tin as reference temperature; Work Pressure as
reference pressure; gaseous ethylene, nitrogen and
alkane, solid catalyst and amorphous polyethylene.
The balance is then written as follows:

QEt,out · Cp,Et · (Tb − Tin)

+QICA,out · Cp,ICA · (Tb − Tin)

+QN2,out · Cp,N2
· (Tb − Tin)

+QPE · Cp,PE · (Ts − Tin)

+Qc · Cp,c · (Ts − Tin)

+QEt,reacts ·∆Hpolym = 0

(20)

Some diagnostic parameters were also considered
to ensure that the reactor operation was within nor-
mal boundaries. These parameters were: catalyst
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productivity, ethylene per pass conversion and su-
perficial gas velocity.

4. Results

4.1. Particle Size Distribution Model
4.1.1 Validation

The developed model was ran using a
MATLAB R© script and plotting the results. Vali-
dation of the model was achieved by comparing the
PSD achieved with the model’s script to the PSD
presented in reference [9], figure 4, for the same con-
ditions. The results concern a series of 2 CSTR
reactors and the comparison is made between the
PSD of the particles exiting the 2nd reactor.

Figure 4: Validation of the model.

By analyzing figure 4 it is possible to see that
the model replicates the results presented in the
literature[9] with a small deviation at the beginning
of the curve. This difference is within the accept-
able error and can be explained by the numerical
method employed in each circumstance.

4.1.2 Simulation I

Simulation I intends to analyze the effect of cat-
alyst particle diameter on the polymer’s PSD.

Table 1: Constant parameters for Simulation I us-
ing isobutane as a diluent.

i 2
τ1 60 min τ2 120 min
k1p 1.2 x 104 L/(mol.min) k2p 2.4 x 105 L/(mol.min)
m 28.05 g/mol C∗ 1 x 10-3 mol/L

[M ] 4 mol/L ρpol 915 g/L

The following figure (5) shows the result of the
simulation.

Figure 5: Simulation I polymer PSD results using
isobutane as diluent.

A significant difference is detected when varying
the catalyst particle diameter (D0

p). As the diame-
ter increases a broadening of the PSD is observed.
This entails an increase in mean particle diameter,
as is expected, due to the fact that the polymeriza-
tion begins with a bigger particle.

4.1.3 Simulation II

Simulation II analyses the effect of polymer
swelling on polymer PSD. In this simulation the
density of the polymer phase is varied and the
monomer concentration as well, due to the fact that
they are both predicted by the Sanchez-Lacombe
thermodynamic model and represent an equilibrium
of the components in the reactor operating at a cer-
tain pressure.

Table 2: Constant parameters for Simulation II us-
ing isobutane as a diluent.
i 2 D0

p 30 µm
τ1 60 min τ2 120 min
k1p 1.2 x 104 L/(mol.min) k2p 2.4 x 105 L/(mol.min)
m 28.05 g/mol C∗ 1 x 10-3 mol/L

Table 3: Simulation II relationship between total
reactor pressure and polymer density and ethylene
concentration.

P (bar) 3 5 10 15 18 20
ρpol (g/L) 823.25 818.96 807.05 792.43 781.46 772.48

[M ] (mol/L) 0.0120 0.0206 0.0403 0.0678 0.0892 0.1074

Simulation II analyzes one of the main objectives
of this model, effect of particle swelling in polymer
PSD. The various simulations were ran for differ-
ent density and monomer concentration, each cor-
responding to a different experiment ran at various
reaction pressures as mentioned before.In table 3
the data presented concerns the Sanchez-Lacombe
EOS predictions for polymer density and monomer

6



concentration at the active sites for each reaction
pressure. The results of the simulation are pre-
sented in the following figure 6.

Figure 6: Simulation II polymer PSD results using
isobutane as diluent.

Analyzing the PSD of the second reactor the re-
sults reflect that an increase in reactor pressure (in
other words, a decrease of polymer density com-
bined with an increase of monomer concentration
at the active sites) causes a broadening of the PSD
resulting, expectedly, in the production of larger
particles. In the case of the most swollen polymer
(ρpol = 772.48 g/L) the average particle diameter
is approximately 150 µm while for the case of the
least swollen polymer (ρpol = 823.25 g/L) it is ap-
proximately 70 µm.

However, it is clear that by changing reactor pres-
sure, both polymer density (ρpol) and monomer con-
centration at the active sites ([M ]) change. Thus, it
is interesting to analyze the effect of polymer den-
sity alone on the PSD. To that effect the same sim-
ulation was ran with a constant monomer concen-
tration [M ] of 4 mol/L and the results are shown in
the following figure 7.

Figure 7: Simulation results varying only polymer
density.

Figure 7 shows almost overlapping PSD curves,
thus, a magnification is shown in the following fig-
ure. The number of curves is also reduced in order
to better analyze the differences.

Figure 8: Magnification of the simulation results
varying only polymer density.

The results show that a change in polymer den-
sity alone does not influence the polymer PSD sig-
nificantly. It is possible to observe in figure 8 that
by decreasing the polymer density from 823.25 g/L
to 772.48 g/L the average particle diameter shows a
very slight increase from approximately 1.437 mm
to 1.468 mm. In other words, a decrease of 50.77 g
in a dm3 (or liter) of polymer only shows an increase
of 2% in average particle diameter.

4.1.4 Simulation III

Simulation III analyzes the effect of diluent type
on particle swelling and polymer PSD. As such, the
simulation was ran based on experiments conducted
at the same operating conditions: 90 ◦C tempera-
ture, 3 bar total reactor pressure and 5 % molar
concentration of ethylene in the gas phase. The pa-
rameters kept constant are the same as those used in
Simulation II. The following table summarizes the
different conditions obtained for each of the dilu-
ents.

Table 4: Parameters obtained for the diluents isobu-
tane and n-hexane, in Simulation III.

Diluent isobutane n-hexane
P (bar) 3 3
T (◦C 90 90

[M] (mol/L) 9.5 x 10-3 3.86 x 10-2

ρpol (g/L) 814.3 773.1

The following figure 9 shows the results of this
simulation.
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Figure 9: Simulation III results. Comparison be-
tween isobutane and n-hexane as diluents.

Figure 9 shows that n-hexane causes significantly
more swelling than isobutane as shown by its av-
erage particle diameter: 56 µm for isobutane and
91 µm for n-hexane.

These results are expected due to the fact that
the values predicted by Sanchez-Lacombe indicate a
higher monomer concentration near the active sites
for n-hexane. This entails a higher polymerization
rate and thus, higher productivities (longer chains
and bigger particles; more polymer). On the other
hand, a higher monomer concentration means that
more monomer will be solubilized in the growing
polymer phase, further swelling the particles and
decreasing the resulting polymer phase density.

4.2. Gas-Phase Reactor Model

4.2.1 Validation

The validation of the developed model is
achieved by attempting to reproduce example 7 of
US Patent 6864332 B2 [4]. Taking into account the
model assumptions described earlier, the most im-
portant data assumed for the simulations is sum-
marized in the following table 5.

Table 5: Data assumed for gas-phase reactor model
simulation [10, 1, 11, 6, 4, ?].

Parameter Units Value Reference
Inlet Flow Temperature T0

◦C 35 [4, 5]
Inlet Molar Flowrate F mol/s 11000 Assumed

Reactor Diameter d m 4.75 [4, 2]
Reactor Bed Height hb m 13.3 [4, 5]

Catalyst Particle Diameter dc µm 50 [10]
Polymer Particle Diameter dp µm 500 [10]

Initial Catalyst Active Site Concentration C∗
0 mol/m3

c 0.52 [1]
Heat Transfer Coefficient h W/(m2.K) 280 [11]

Catalyst Density ρc kg/m3 2300 [1]
Catalyst Heat Capacity Cp,c J/(kg.K) 2000 [1]
Catalyst Mass Flowrate Qc kg/s 0.0019 Assumed
Polymer Heat Capacity Cp,p J/(kg.K) 2000 [1]

Kinetic rate constant k80
◦C

p m3/(mol.s) 180 [1]

Catalyst deactivation rate constant k80
◦C

d s-1 1 x 10-4 [1]
Reaction Activation Energy Ea J/mol 42000 [1]

Catalyst Deactivation Energy Ed J/mol 42000 [1]
Heat of Reaction ∆Hpol J/mol -107600 [1]

Fluidized Bed Porosity εf - 0.55 [6]
Total Reactor Pressure P bar 22.4 [4]

Ethylene Partial Pressure PEt bar 7 [1]

The example used to validate the model was ex-
ample 7b from US Patent 6864332 B2 [4]. In this
case the reactor is operated in dry mode using
ethane at total reactor pressure of 22.4 bar and 35%
ethylene molar composition. The alkane chosen to
run this simulation was isobutane (partial pressure
of 1 bar) and an ethylene molar composition of 31.3
% was achieved under the same reactor pressure.
The following table 6 shows the comparison between
the results presented in [4] and the results obtained
in the simulation.

Table 6: Comparison between results of example
7b of [4] and the results of the developed model
simulation.

Parameter Literature Simulation Variation (%)
HDPE Production (t/h) 21.6 21.4 -0.9

Reactor Temperature (◦C) 88 88 0
Superficial gas velocity (m/s) 0.75 0.82 9.3

The developed model could be simulated through
one of two different methods. The first is a Mi-
crosoft Excel R© workbook using the Solver function,
where the selected solver must be the GRG Nonlin-
ear solver, since the model is a non-linear system.
The second method is a script developed using the
software Matlab R©, more specifically the fsolve func-
tion of Matlab’s Optimization toolbox.

Analyzing the results presented in table 6 it is
evident that the developed model is an adequate
approximation of reality. The slight difference in
HDPE production can be explained by the fact that
the reactor inlet compositions are very different in
the two cases. The difference of 9.3 % in superficial
gas velocity can also be explained by the difference
in inlet composition. By considering components
with lower heat capacity in the model, the result is
that, to achieve the same reactor temperature of 88
◦C it is necessary to increase the total molar inlet
flowrate F , thus resulting in a higher superficial gas
velocity, albeit within the limits of FBR operation.

4.2.2 Simulation I

Simulation I analyzes the effect of increasing n-
hexane partial pressure in polyethylene production
and reactor behaviour. The parameters used for the
simulation were the same ones described in table 5.

The following figures summarize the results ob-
tained from simulation I.
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Figure 10: Simulation I HDPE production flowrate
results.

In figure 10 it is possible to observe an evident
increase in HDPE production with the addition of
more n-hexane. The presence of more n-hexane in-
side the reactor increases the solubility of ethylene
in HDPE and, thus, the ethylene concentration near
the catalyst active sites.

Figure 11: Simulation I bulk and solids temperature
results.

In this figure a tendency to decrease both bulk
and solids temperature (Tb and Ts, respectively) is
expectedly observed, due to the fact that the in-
crease in n-hexane partial pressure also increases
the gas stream heat capacity. However a slight tem-
perature increase is observed from 0.8 bar to 1 bar.
This increase is explained by the ethylene solubility
values predicted by Sanchez-Lacombe EOS (shown
in figure 10). Changing n-hexane partial pressure
from 0.8 bar to 1 bar Sanchez-Lacombe predicts a
steeper increase in ethylene solubility than the ones
observed in lower n-hexane pressures. This leads to
an value of HDPE production of such an order that
the increase in gas mass flowrate is not enough to
further decrease the reactor temperature.

4.2.3 Simulation II

Simulation II analyzes the effect of increasing
isobutane partial pressure in polyethylene produc-
tion and reactor behaviour. The parameters used
for the simulation were the same as described in ta-
ble 5 and isobutane pressure was varied from 1 to 13
bar. However, the reactor temperature Tb achieved

for 13 bar isobutane is 69.3 ◦C. The vapor pressure
of isobutane at 69.3 ◦C is 10.7 bar. As such, the
reactor is not operating in dry mode. To remedy
this the inlet molar flowrate F was corrected to the
value of 8000 mol/s and the results of the new sim-
ulation are presented in the following figures:

Figure 12: Simulation II HDPE production flowrate
results.

Figure 13: Simulation II bulk and solids tempera-
ture results.

The overall trends observed in this simulation are
similar to those observed in Simulation I. The dif-
ferences between the two are the higher values ob-
tained using isobutane, essentially due to its higher
vapor pressure, thus allowing to introduce a greater
quantity of alkane while still guaranteeing dry mode
operation.

4.2.4 Simulation III

Simulation III compares the results for isobutane
and n-hexane in simulations I and II ran under the
same conditions. These conditions are: 22.4 bar
total reaction pressure, 1 bar isobutane/n-hexane
partial pressure and an inlet molar flowrate F of
8000 mol/s. The pressure chosen is 1 bar because
the vapor pressure of n-hexane at certain conditions
is a restraint for dry mode operation. The results
comparison is summarized in the following table:
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Table 7: Simulation III results. Comparison be-
tween n-hexane and isobutane.

Parameter Units n-hexane isobutane
HDPE Production QPE ton/h 24.3 22.5
Bulk Temperature Tb

◦C 112.7 111.2
Solids Temperature Tb

◦C 120.0 117.9
Productivity gHDPE/gcatalyst 3550 3285

Per Pass Conversion % 9.6 8.9
Superficial gas velocity ug m/s 0.633 0.630

Analyzing the results presented in table 7 it
is evident that for the same operating conditions
(including component partial pressure) n-hexane
presents better production results than isobutane,
due to a stronger co-solubility effect. In terms
of temperature (Tb and Ts), however, isobutane is
able to achieve slightly lower temperatures than n-
hexane. These results are once again related to the
Sanchez-Lacombe predictions of ethylene solubility
in HDPE. Ethylene presents a higher solubility in
the presence of n-hexane, thus increasing polymer-
ization rate and the amount of heat released. De-
spite the higher heat capacity, the gaseous stream
is not able to absorb enough heat to achieve lower
temperatures than isobutane.

5. Conclusions
From the results obtained from the PSD model

simulations it is possible to conclude that the pa-
rameters that most affect the polymer PSD are ki-
netic parameters such as the monomer concentra-
tion. The increase in these parameters increases
the rate of polymerization and bigger particles are
produced. The polymer density itself does not sig-
nificantly affect polymer swelling, especially taking
into account the usual density ranges for polyethy-
lene. Diluent type is also a very important param-
eter that affects polymer swelling, as seen in simu-
lation III.

From the results of the gas-phase reactor model it
is possible to conclude that greater quantities of in-
ert alkane increase HDPE production and decrease
reactor temperature. Comparing n-hexane to isobu-
tane it is also possible to conclude that, for the same
alkane pressure, n-hexane achieves higher produc-
tions. However, a comparison between the vapor
pressure of the two components shows that it is
possible to introduce greater quantities of isobutane
than n-hexane, thus effectively achieving higher val-
ues of production and lower reactor temperatures.
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